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The United States is experiencing rapid growth in oil and gas (O&G) exploration and production. 
Consequently, there is an ever-increasing demand for water, necessary for well drilling and for 
enhancement of O&G extraction from different formations. At a single drilling location, over 1,000,000 
gallons of drilling wastewater and 5,000,000 gallons of hydraulic fracturing wastewater can be generated 
in the course of several weeks. This wastewater contains chemicals that assist in drilling and hydraulic 
fracturing, minerals leached from subsurface formations, and dissolved and suspended organic and 
inorganic contamination. Ultimately, this water is permanently removed from the local fresh water cycle, 
as deep well injection is the current method of disposal; this disposal technique can be perceived as an 
environmental threat to local and regional groundwater supplies when conducted improperly. In order to 
be reused in further oil and gas exploration, and minimize the environmental impacts on local and 
regional water supplies, low cost treatment is necessary that is robust under harsh operating conditions 
and minimal field resources. 
An emerging membrane technology that can treat impaired water for industrial reuse is forward 
osmosis (FO). In FO, a highly concentrated draw solution imparts an osmotic pressure difference across 
a semipermeable membrane to extract water from impaired feed solutions. The use of FO has already 
shown many advantages in the treatment of a variety of complex industrial wastewaters. The main 
advantages include low hydraulic pressure operation, reduced fouling propensity compared to pressure-
driven membrane processes, and high rejection of emerging contaminants and dissolved solids. While 
field and pilot-scale testing of FO at the industrial level have proved promising, there is still much to learn 
about the performance and sustainability of the FO process when treating O&G exploration and 
production wastewaters. 
Therefore, my dissertation investigated the benefits, performance, and sustainability of different 
configurations of the FO process for treatment of wastewater generated by the upstream sector of the 
O&G industry. These investigations included: (1) a comprehensive review of the principles and state-of-
the-art of FO, and its successful development and demonstration in the upstream sector of the O&G 
industry, (2) an investigation of the changes in membrane performance as a function of increasing 
hydraulic TMP, which highlights the knowledge gap that still exists between standardized membrane 
comparisons at the bench-scale and performance comparisons under hydraulic conditions common in 
industrial applications, (3) an evaluation of the impacts of high ionic strength on membrane surface 
charge (zeta potential) using a combination of streaming potential measurements and theoretical 
modeling, (4) the impacts of membrane selection and operating conditions on the performance of FO 
membranes for treatment and desalination of raw produced water from shale gas operations, (5) an 
exploration of the impacts of produced water exposure on the transport and physiochemical properties of 
FO membranes, and (6) the evaluation of the environmental and economic impacts of a decentralized FO 
system when used for dewatering raw pit water during O&G exploration activities. While the scope of the 
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doctoral research and these investigations was to enhance the FO technology specifically for desalination 
of O&G exploration and production wastewaters, the results of each study have far reaching implications 







	    
	   v 
 
TABLE OF CONTENTS 
 
ABSTRACT ................................................................................................................................................ iii 
LIST OF FIGURES ..................................................................................................................................... ix 
LIST OF TABLES ..................................................................................................................................... xiv 
LIST OF ABBREVIATIONS ...................................................................................................................... xv 
ACKNOWLEDGEMENTS ....................................................................................................................... xvii 
CHAPTER 1 ................................................................................................................................................. 1 
1.1 Problem statement and significance ......................................................................................... 1 
1.2 Objectives and scope of work .................................................................................................... 1 
1.3 Dissertation organization ............................................................................................................ 2 
1.3.1 State-of-the-art of forward osmosis for treatment of complex feed streams .......................... 2 
1.3.2 Enhanced FO testing methods for O&G wastewater treatment applications ......................... 3 
1.3.3 Determination of FO membrane zeta potential at high ionic strengths .................................. 3 
1.3.4 Assessment of FO membrane performance for produced water treatment ........................... 4 
1.3.5 Life cycle impact and costing assessment of FO in the O&G industry ................................... 5 
1.4 References ................................................................................................................................... 5 
CHAPTER 2 ................................................................................................................................................. 8 
2.1 Abstract ........................................................................................................................................ 8 
2.2 Wastewater from oil and gas exploration and production ...................................................... 8 
2.3 Processes for treatment of O&G E&P wastewaters ............................................................... 10 
2.3.1 Commercial desalination processes .................................................................................... 10 
2.3.2 Engineered osmosis: forward osmosis ................................................................................ 12 
2.4 Forward osmosis treatment of complex streams ................................................................... 14 
2.4.1 FO treatment of O&G E&P wastewater ................................................................................ 14 
2.4.2 Other applications of FO for difficult waste streams ............................................................. 19 
2.5 Technological progress to enable better utilization in the O&G and other industries ....... 24 
2.5.1 New membranes .................................................................................................................. 24 
2.5.2 New membrane configurations ............................................................................................ 26 
2.5.3 New draw solutions .............................................................................................................. 28 
2.5.4 Pretreatment before FO ....................................................................................................... 29 
2.6 Conclusions ............................................................................................................................... 29 
2.7 References ................................................................................................................................. 30 
	   vi 
CHAPTER 3 ............................................................................................................................................... 38 
3.1 Abstract ...................................................................................................................................... 38 
3.2 Introduction ................................................................................................................................ 38 
3.3 Materials and methods .............................................................................................................. 40 
3.3.1 Membrane selection ............................................................................................................. 40 
3.3.2 Membrane characterization .................................................................................................. 40 
3.3.3 Bench-scale FO system ....................................................................................................... 41 
3.3.4 Solution chemistry ................................................................................................................ 41 
3.3.5 Experimental procedures ..................................................................................................... 42 
3.3.6 Sampling and analytical methods ........................................................................................ 43 
3.4 Results and discussion ............................................................................................................. 43 
3.4.1 Water flux ............................................................................................................................. 43 
3.4.2 Reverse salt flux ................................................................................................................... 45 
3.4.3 Feed ion rejection ................................................................................................................. 46 
3.4.4 Bidirectional solute flux ........................................................................................................ 48 
3.4.5 Rejection of humic acids ...................................................................................................... 50 
3.5 Conclusions ............................................................................................................................... 51 
3.6 References ................................................................................................................................. 51 
CHAPTER 4 ............................................................................................................................................... 55 
4.1 Abstract ...................................................................................................................................... 55 
4.2 Introduction ................................................................................................................................ 56 
4.3 Materials and methods .............................................................................................................. 57 
4.3.1 Membranes .......................................................................................................................... 57 
4.3.2 Solution chemistry ................................................................................................................ 58 
4.3.3 Measurement of membrane zeta potential ........................................................................... 58 
4.3.4 Extrapolating streaming potential to high ionic strengths ..................................................... 59 
4.4 Results and discussion ............................................................................................................. 60 
4.4.1 Effects of high salinity on membrane zeta potential ............................................................. 60 
4.4.2 Effects of counter ion hydration radius on membrane zeta potential ................................... 63 
4.5 Conclusions ............................................................................................................................... 65 
4.6 References ................................................................................................................................. 66 
CHAPTER 5 ............................................................................................................................................... 71 
5.1 Abstract ...................................................................................................................................... 71 
5.2 Introduction ................................................................................................................................ 72 
5.2.1 On-site water reuse .............................................................................................................. 72 
5.2.2 Forward osmosis for treatment of fracturing flowback and produced water ......................... 73 
	   vii 
5.2.3 Objectives ............................................................................................................................ 74 
5.3 Materials and methods .............................................................................................................. 74 
5.3.1 Membrane characterization .................................................................................................. 75 
5.3.2 Solution chemistries ............................................................................................................. 77 
5.3.3 Bench-scale FO system ....................................................................................................... 77 
5.3.4 Experimental procedures ..................................................................................................... 78 
5.3.5 Sampling and analytical methods ........................................................................................ 80 
5.4 Results and discussion ............................................................................................................. 81 
5.4.1 Membrane properties ........................................................................................................... 81 
5.4.2 FO membrane fouling by O&G produced water: effects of membrane selection ................. 82 
5.4.3 Effects of operating conditions on FO membrane performance ........................................... 84 
5.4.4 Rejection of inorganic contaminants by FO membranes ..................................................... 87 
5.4.5 Rejection of dissolved organic carbon and total nitrogen by FO membranes ...................... 88 
5.4.6 Effects of chemical cleaning on membrane performance .................................................... 91 
5.5 Conclusions ............................................................................................................................... 95 
5.6 References ................................................................................................................................. 96 
CHAPTER 6 ............................................................................................................................................. 101 
6.1 Abstract .................................................................................................................................... 101 
6.2 Introduction .............................................................................................................................. 101 
6.2.1 Produced water treatment: Deviations in FO membrane performance .............................. 102 
6.2.2 Objectives .......................................................................................................................... 103 
6.3 Materials and methods ............................................................................................................ 104 
6.3.1 Bench-scale FO system ..................................................................................................... 104 
6.3.2 Solution chemistries ........................................................................................................... 104 
6.3.3 Experimental procedures ................................................................................................... 105 
6.3.4 Sampling and analytical methods ...................................................................................... 107 
6.3.5 Membrane characterization ................................................................................................ 108 
6.4 Results and discussion ........................................................................................................... 109 
6.4.1 Membrane performance and transport properties .............................................................. 109 
6.4.2 Membrane contaminant rejection: Validation of membrane performance .......................... 119 
6.5 Conclusions ............................................................................................................................. 121 
6.6 References ............................................................................................................................... 122 
CHAPTER 7 ............................................................................................................................................. 126 
7.1 Abstract .................................................................................................................................... 126 
7.2 Introduction .............................................................................................................................. 126 
7.2.1 FO desalination of O&G wastewater for industrial reuse ................................................... 127 
	   viii 
7.2.2 O&G pit water treatment with forward osmosis .................................................................. 127 
7.2.3 Life cycle environmental and economic assessment of FO ............................................... 128 
7.3 Materials and methods ............................................................................................................ 129 
7.3.1 Goals and scope ................................................................................................................ 130 
7.3.2 Life cycle impact assessment ............................................................................................ 131 
7.3.3 Life cycle costing ................................................................................................................ 134 
7.4 Results and discussion ........................................................................................................... 135 
7.4.1 Baseline life cycle impact assessment ............................................................................... 135 
7.4.2 Baseline life cycle costing assessment .............................................................................. 138 
7.4.3 LCIA contribution analysis: energy source and energy recovery ....................................... 140 
7.5 Conclusions ............................................................................................................................. 146 
7.6 References ............................................................................................................................... 146 
CHAPTER 8 ............................................................................................................................................. 151 
8.1 Research Synopsis .................................................................................................................. 151 
8.1.1 Summary of the effects of hydraulic transmembrane pressure on FO performance ......... 152 
8.1.2 Summary of the effects of high salinity on membrane zeta potential ................................. 152 
8.1.3 Summary of FO membrane performance during produced water desalination ................. 153 
8.1.4 Changes in FO membrane transport parameters during O&G wastewater treatment ....... 153 
8.1.5 Summary of the environmental and economic impacts of FO in the O&G industry ........... 154 
8.2 Significance of FO for complex wastewater applications ................................................... 155 
APPENDIX A ........................................................................................................................................... 156 
APPENDIX B ........................................................................................................................................... 160 
APPENDIX C ........................................................................................................................................... 163 
APPENDIX D ........................................................................................................................................... 165 
APPENDIX E ........................................................................................................................................... 171 
APPENDIX F ........................................................................................................................................... 177 
APPENDIX G ........................................................................................................................................... 192 
APPENDIX H ........................................................................................................................................... 202 
  
	   ix 
LIST OF FIGURES 
 
Figure 2.1. A synthetic polymeric membrane separates a feed stream and a concentrated draw 
solution, and the osmotic pressure difference across the membrane facilitates diffusion of 
water through the membrane: (a) the osmosis process and (b) FO process when the 
osmosis process is coupled with a brine reconcentration system, producing high quality 
product water, while reconcentrating the FO draw solution to maintain constant osmotic 
pressure. ................................................................................................................................. 12	  
Figure 2.2. Osmotic pressure as a function of draw solution concentration for potential draw solutions. 
Adopted from [23] .................................................................................................................... 13	  
Figure 2.3. (a) The HTI’s first generation Green Machine mobile system. (b) The FO treatment system 
operated under osmotic dilution using 20-280 vertically oriented spiral wound FO 
elements. The membrane elements were grouped into several pods and were installed on 
a trailer (b) that was operated at O&G drilling locations in the field. ....................................... 15	  
Figure 2.4. HTI’s second generation Green Machine. (a) The FO treatment system operates under 
constant influent draw solution concentration using an RO membrane reconcentration 
system. (b) 8-inch spiral wound FO elements are housed in membrane pressure vessels 
and are installed on a trailer tested at O&G drilling locations in the field. ............................... 16	  
Figure 2.5. Oasys Water’s Membrane Brine Concentrator. The FO treatment system operates under 
constant influent draw solution concentration using a thermolytic reconcentration system. 
Several pretreatment technologies are used prior to FO membrane treatment to reduce oil 
emulsions and elevated hardness concentrations in O&G wastewaters. ............................... 18	  
Figure 2.6. Oasys Water’s Membrane Brine Concentrator shown during pilot-testing in the (a) the 
Marcellus Shale basin and (b) Permian Basin. ...................................................................... 19	  
Figure 2.7. Full-scale plate-and-frame FO treatment system operated at Coffin Butte Landfill by HTI 
(previously Osmotek) for treatment of landfill leachate. ......................................................... 20	  
Figure 2.8. Pilot-scale plate-and-frame FO treatment system operated and at the Colorado School of 
Mines AQWATEC laboratory. ................................................................................................. 22	  
Figure 2.9. FO CTA membrane fouling from long-term pilot-scale testing (a) before and (b) after 
introducing a parallel UF membrane operation and course air bubble aeration between 
plate-and-frame cassettes. ..................................................................................................... 23	  
Figure 2.10. In spiral wound FO modules, the membrane envelope and center collection tube are 
modified. The center tube (the draw solution conduit) is plugged half way and the 
envelope is partially glued down the centerline. This forces draw solution to enter one half 
of the membrane envelope, flow across the membrane surface, and be collected in the 
other half of the plugged center tube. The feed solution flows through the module over the 
modified membrane envelopes, similar to the feed flow in RO spiral wound modules. 
Adapted from [23]. .................................................................................................................. 26	  
Figure 2.11. Hollow fiber FO membranes are group in bundles of varying size and potted at each end. 
The potted membrane bundle is then installed into a membrane housing or shell where, 
depending on the membrane orientation, the draw solution can either flow on the inside or 
outside of the hollow fiber. ...................................................................................................... 27	  
Figure 3.1. Water flux as a function of TMP for (a) experiments with 1 M NaCl draw solution and (b) 
60.1 g/L seawater draw solution. Both draw solutions were maintained at constant 
	   x 
concentration and the feed solution volume was held constant. The system was 
maintained at 20±0.5 °C. Feed was a solution of MgSO4, KNO3, and LiBr, 20 mM each. ..... 44	  
Figure 3.2. RSF (NaCl) measured in the feed solution as a function of TMP with (a) a calibrated 
conductivity probe in the feed reservoir (1 M NaCl draw solution), (b) IC and ICP-AES 
analysis of feed samples (1 M NaCl draw solution), (c) a calibrated conductivity probe in 
the feed reservoir (60.1 g/L seawater draw solution), and (d) IC and ICP-AES analysis of 
feed samples (60.1 g/L SW draw solution). RSF from IC and ICP-AES data was calculated 
based on the slower reverse diffusing ion through the membrane (sodium for the CTA 
membrane and chloride for the TFC membranes), assuming that the difference in ion flux 
is due to balancing effects of forward diffusing ions. All experiments were conducted with 
inorganic feed solution at 20±0.5 °C. For seawater draw solution, IC and ICP-AES results 
(c and d) reflect transport of sodium and chloride only. ......................................................... 45	  
Figure 3.3. Ion rejection as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. The RSF of sodium 
and chloride for each data set presented is also provided for (b) CTA, (d) TFC1, and (f) 
TFC2. Experiments were conducted using 1 M NaCl draw solution and inorganic feed 
solution at 20±0.5 °C. Draw solution concentration and feed solution volume were held 
constant throughout all experiments. ..................................................................................... 47	  
Figure 3.4. Inorganic ion mass flux as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. 
Negative ion flux represents solute diffusion from the feed into the draw solution. The 
reverse flux of sodium and chloride (from seawater) as a function of TMP for each data set 
presented is also provided for (b) CTA, (d) TFC1, and (f) TFC2. Experiments were 
conducted using 60.1 g/L sea salt draw solution and inorganic feed solution at 20±0.5 °C. 
Draw solution concentration and feed solution volume were held constant throughout all 
experiments. The average charge imbalance was 8.5%, 9.2%, and 9.4% for solutions 
analyzed during CTA, TFC1, and TFC2 experiments, respectively. The average ion flux 
imbalance measured in meq m-2 hr-1 was 14.4%, 3.1%, and 15.5% for solution mass 
balance calculations analyzed for CTA, TFC1, and TFC2 experiments, respectively. ........... 49	  
Figure. 4.1. An example of the relationship between the negative value of the streaming potential 
coefficient plotted as a function of the inverse square root of bulk electrolyte conductivity 
(Siemens/meter -1/2) on a log-log scale. This linear relationship can be used to estimate the 
streaming potential of semipermeable polymeric membranes (red dashed line), and thus 
their zeta-potential, in high salinity environments using the Helmholtz-Smoluchowski 
method. .................................................................................................................................. 59	  
Figure 4.2. Values of zeta potential calculated from measured and extrapolated streaming potential for 
(a) the TFC1, TFC2, and (b) CTA membrane as a function of electrolyte ionic strength. All 
experiments were conducted in the presence of increasing concentrations of KCl 
electrolyte in deionized water (average pH of 5.6). Values above 0.05 M are extrapolated 
from measured streaming potential. To better show the values of zeta potential calculated 
from measured streaming potential as a function of electrolyte ionic strength, a graph with 
ionic strength presented on a log scale is shown in Figure B1 in Appendix B. ...................... 61	  
Figure 4.3. Values of zeta potential calculated from measured and extrapolated streaming potential for 
the TFC2 membrane as a function of electrolyte ionic strength. Measurements were 
conducted in the presence of increasing concentrations of KCl, NaCl, and LiCl solutions in 
deionized water (average pH 5.6). Values above 0.05 M are calculated from extrapolated 
streaming potential measurements. To better show the values of zeta potential calculated 
from measured streaming potential as a function of electrolyte ionic strength, a graph with 
ionic strength presented on a log scale is shown in Figure B3 in Appendix B. ...................... 64	  
Figure 4.4. The performance of TFC2 was evaluated in a recent study that investigated the (a) ion 
rejection and (b) reverse salt flux of sodium and chloride as a function of transmembrane 
pressure. Experiments were conducted using 1 M NaCl draw solution and inorganic feed 
	   xi 
solution (MgSO4, LiBr, and KNO3) at 20±0.5 °C. The concentration of each salt in the feed 
solution was 20 mM. The color and symbol for Li, K, and Na match those used in Figure 
4.3. Adapted from [15]. ........................................................................................................... 65	  
Figure 5.1. Normalized water flux for CTA, TFC1, and TFC2 during test set A employing operating 
conditions described in Table 5.2. Water flux was normalized to the initial water flux for 
each membrane, independently. Osmotic backwashing (OB) was conducted after 24 hrs 
of membrane fouling during each test set. The initial water flux (Jw0) was 3.9 LMH, 5.7 
LMH, and 7.2 LMH for CTA, TFC1, and TFC2, respectively. ................................................. 83	  
Figure 5.2. Normalized water flux for the (a) CTA, (b) TFC1, and (c) TFC2 membrane fouling tests. 
Test sets indicate intervals of different operating conditions during the bench-scale study 
and are defined in Table 5.2. Water flux was normalized to the initial flux for each test set, 
independently. Osmotic backwashing (OB) was conducted after 24 hours of membrane 
fouling during each test set. The average initial water flux for each membrane was 4.3 ± 
0.3 LMH for CTA, 7.4 ± 1.4 LMH for TFC1, and 7.2 ± 0.7 LMH for TFC2. ............................. 85	  
Figure 5.3. Images of virgin and fouled CTA, TFC1, and TFC2 membrane samples. Fouled coupons 
are from membranes used under test set A and test set B conditions. .................................. 86	  
Figure 5.4. Rejection of dissolved ions by the (a) CTA, (b) TFC1, and (c) TFC2 membranes during test 
set A and D. Operating conditions for each test set are shown in Table 5.2. ......................... 88	  
Figure 5.5. Rejection of (a) dissolved organic carbon (DOC) and (b) total nitrogen by the CTA, TFC1, 
and TFC2 membranes during test sets A and D. Operating conditions for the test set are 
summarized in Table 5.2. ....................................................................................................... 89	  
Figure 5.6. Comparison of draw solution EEMs at the end of test set D for (a) CTA, (b) TFC1, and (c) 
TFC2. All EEMs intensities are normalized to a draw solution DOC concentration of 2.0 
mg/L. ...................................................................................................................................... 90	  
Figure 5.7. Normalized water flux data for (a) the CTA membrane chemically cleaned with KL7330 and 
EDTA and (b) the TFC2 membrane chemically cleaned with KL7330 and EDTA. Fouling 
tests were conducted using experimental conditions outlined in test set D (Table 5.2). 
Water flux was normalized to the initial flux for each experiment. Chemically cleaning (CC) 
was conducted for 30 minutes after every 24 hours of continuous membrane testing with 
produced water feed. The average initial water flux was 4.6 ± 0.0 LMH for the CTA and 8.6 
± 0.1 LMH for the TFC2. ......................................................................................................... 92	  
Figure 5.8. ESEM micrograph of the TFC2 membrane (a) active layer and (b) cross section after 
fouling with produced water and subsequent chemical cleaning with EDTA. Irreversible 
organic fouling and inorganic scaling were observed on the membrane active layer, where 
the feed spacer contacts the membrane surface. (c) EDS spectrum of the fouling region 
on the membrane active layer indicates major ions present in the scaling layer. .................. 94	  
Figure 5.9. ATR-FTIR transmittance spectra for (a) CTA and (c) TFC2. Each graph shows the 
transmittance spectrum for samples analyzed from a virgin membrane and fouled 
membranes chemically cleaned with EDTA and KL7330. Zeta potentials of virgin and 
chemically cleaned (b) CTA and (d) TFC2 membrane samples. ........................................... 95	  
Figure 6.1. Percent change in SRSF (ΔJs/Jw) of CTA, TFC1, and TFC2 membrane coupons exposed 
to produced water (48 hrs) and after (a) osmotic backwashing (30 min) and (b) chemical 
cleaning (30 min). The percent change in SRSF is relative to virgin membrane 
performance before produced water exposure. Data adopted from [9]. ................................ 103	  
Figure 6.2. Membrane pure water performance is compared (a) between a virgin CTA membrane 
before and after exposure to EDTA for 2 hrs and (b) between a virgin CTA membrane 
	   xii 
before and after exposure to produced water and CEOB with EDTA. The (c) FTIR spectra 
and (d) zeta potential of each membrane sample are also compared to identify 
differences in the chemical and electrokinetic properties of each membrane following 
exposure to cleaning and feed solutions. ............................................................................. 110	  
Figure 6.3. Membrane pure water performance is compared between (a) a virgin TFC1 membrane 
before and after exposure to EDTA for 2 hrs and (b) between a virgin TFC1 membrane 
before and after exposure to produced water and CEOB with EDTA. The (c) FTIR spectra 
and (d) zeta potential of each membrane sample are also compared to identify 
differences in the chemical and electrokinetic properties of each membrane following 
exposure to cleaning and feed solutions. ............................................................................. 113	  
Figure 6.4. Membrane pure water performance is compared (a) between a virgin TFC2 membrane 
before and after exposure to EDTA for 2 hrs and (b) between a virgin TFC2 membrane 
before and after exposure to produced water and CEOB with EDTA. The (c) FTIR spectra 
and (d) zeta potential of each membrane sample are also compared to identify if any 
differences in the chemical and electrokinetic properties of each membrane following 
exposure to cleaning and feed solutions. ............................................................................. 117	  
Figure 6.5. Rejection of dissolved ions, dissolved organic carbon, and total nitrogen by the CTA, 
TFC1, and TFC2 membranes. *Total nitrogen rejection for TFC1 was 35%. ....................... 120	  
Figure 6.6. Heat maps for the TFC1, CTA, and TFC2 DS samples taken after 48 hrs of exposure to 
produced water. Color bands in the (a) LC/Q-TOF and (b) GC/Q-TOF heat maps 
represent the absence (blue) or strong presence (red) of organic compounds (unique to 
the produced water feed) that were present in the DS. Of the 1109 organic compounds 
identified in the feed using LC/Q-TOF, 72 were present in the TFC1 DS, 52 in the CTA 
DS, and 39 in the TFC2 DS. Of the 603 organic compounds identified in the feed using 
GC/Q-TOF, 30 were present in the TFC1 DS, 38 in the CTA DS, and 20 in the TFC2 DS . 121	  
Figure 7.1. Simultaneous desalination of O&G pit water and waste stream concentration using (a) a 
hybrid engineered osmosis system and (b) simple osmotic dilution. The hybrid 
engineered osmosis process employs seawater RO to reconcentrate the osmotic draw 
solution and a nanofiltration process to remove divalent ions from the concentrated brine 
after FO. ............................................................................................................................... 128	  
Figure 7.2. LCI system boundaries for (a) deep well disposal at a Class II injection well ((scenario A) 
gate-to-gate), (b) pit water treatment using engineered osmosis ((scenario B) cradle-to-
grave), and (c) pit water treatment using osmotic dilution ((scenario C) cradle-to-grave). 
The engineered osmosis system assumes system manufacturing and capital 
expenditures for the FO (red), RO (blue), and NF (green) membrane systems, while the 
osmotic dilution system only includes those inputs from an FO system. ............................. 132	  
Figure 7.3. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal (scenario A1), engineered osmosis (scenario B1), and osmotic dilution (scenario 
C1) for management of O&G pit water. System energy demand is supplied by an on-site 
genset system. The environmental impacts of each water management option were 
evaluated using ten impact categories. Normalized scoring of the ten impact categories in 
Figure 7.3a are shown in Figure D1 of the Supplementary Data document. OD: Ozone 
Depletion (kg CFC-11); GW: Global Warming (kg CO2); SM: Smog Formation (kg O3); AP: 
Acidification Potential (kg SO2); EP: Eutrophication Potential (kg N); CP: Carcinogenic 
Potential (CTUh); NCP: Noncarcinogenic Potential (CTUh); RE: Respiratory Effects (kg 
PM2.5); EcP: Ecotoxicity Potential (CTUe); FFD: Fossil Fuel Depletion (MJ surplus). ........ 137	  
Figure 7.4. Contribution analysis of various components of the (a) engineered osmosis (scenario B1) 
and (b) osmotic dilution (scenario C1) processes for treatment of O&G pit water. .............. 138	  
	   xiii 
Figure 7.5. System OPEX of engineered osmosis (scenario B1) and osmotic dilution (scenario C1) 
when powered on-site with a genset system (pilot testing conditions). Amortized fixed 
capital costs and the O&M cost associated with labor and spare parts are included. ........... 140	  
Figure 7.6. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal (scenario A), engineered osmosis (scenario B2), and osmotic dilution (scenario 
C2) for management of O&G pit water. System energy demand is supplied by USEM. 
The environmental impacts of each water management option were evaluated using ten 
impact categories. The abbreviations and units for each impact category are defined in 
Figure 7.3. ............................................................................................................................ 142	  
Figure 7.7. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal, engineered osmosis, and osmotic dilution for management of O&G pit water. 
The environmental impacts of each treatment process are investigated using a variety of 
energy demand scenarios. The environmental impacts of each water management option 
were evaluated using ten impact categories. The abbreviations and units for each impact 
category are defined in Figure 7.3. ....................................................................................... 143	  
Figure 7.8. Water management costs ($/bbl pit water) for deep well disposal and the energy 
scenarios for the engineered osmosis and osmotic dilution processes. The solid data 
bars represent the total cost of pit water management for each scenario, including the 
cost of wastewater trucking and disposal at a deep well injection facility. The hashed data 
bars represent only the costs associated with operating each FO treatment system; the 
costs of wastewater trucking and deep well injection are removed. ...................................... 145	  
 
 
	   	  
	   xiv 
	  
LIST OF TABLES 
	  
Table 2.1. Current FO membrane manufacturers and commercial status. Adapted from [48] ................... 14	  
Table 2.2. Overview of draw solutes/solution used in FO investigations and their recovery methods. 
Adapted from [25, 28]. ............................................................................................................. 28	  
Table 3.1 TOC rejection as a function of TMP for the three membranes tested in the study. ................... 50	  
Table 5.1. Average concentrations of major constituents measured in the produced water. .................... 78	  
Table 5.2. Summary of bench-scale operating conditions. ........................................................................ 79	  
Table 5.3. Membrane physical and chemical properties ........................................................................... 82	  
Table 5.4. Previously identified spectra positions of the fluorescence maxima of dissolved organic 
matter and select PAHs ........................................................................................................... 91	  
Table 6.1. Average concentrations of major constituents measured in the Niobrara shale produced 
water. ..................................................................................................................................... 105	  
Table 6.2. CTA membrane physiochemical surface properties ............................................................... 111	  
Table 6.3. TFC1 membrane physiochemical surface properties ............................................................. 115	  
Table 6.4. TFC2 membrane physiochemical surface properties ............................................................. 118	  
Table 7.1. Second Generation FO Treatment system operating parameters .......................................... 134	  
Table 7.2. Water management cost values and transportation distances [41, 42]. ................................. 134	  
Table 7.3. Economic values used for calculation of capital costs. ........................................................... 135	  
Table 7.4. Cost comparison for O&G pit water management using disposal, engineered osmosis, and 
osmotic dilution. System energy demand is supplied by an on-site genset system. All 
values are discounted to the year 2012, during which pilot testing occurred. ........................ 139	  
Table 7.5. Cost comparison for O&G pit water management using disposal, engineered osmosis, and 
osmotic dilution. System energy demand is supplied by the USEM. All values are 




	   	  
	   xv 
	  
LIST OF ABBREVIATIONS  
 
ACS   American Chemical Society 
AMTA   American Membrane Technology Association 
AP   Acidification Potential 
ATR-FTIR  Attenuated Total Reflectance-Fourier Transform Infrared Spectroscopy 
AWRA   American Water Resource Association 
AWWA   American Water Works Association 
BBL   Barrel  
BOD   Biochemical Oxygen Demand 
CECP   Cake Enhanced Concentration Polarization 
CEOB   Chemical Enhanced Osmotic Backwash 
COD   Chemical Oxygen Demand 
CP   Concentration Polarization 
CP   Carcinogenic Potential 
CTA   Cellulose Triacetate 
DOC   Dissolved Organic Carbon 
DOE   Department of Energy 
DS   Draw Solution 
EcP   Ecotoxicity Potential 
EDL   Electric Double Layer 
EDTA   Ethylenediaminetetraacetic acid 
EEM   Excitation-Emission Matrix 
EP   Eutrophication Potential 
EPA   Environmental Protection Agency 
ERD   Energy Recovery Device 
ESEM   Environmental Scanning Electron Microscope 
E&P   Exploration and Production 
FFD   Fossil Fuel Depletion 
FO   Forward Osmosis 
GC-QTOF  Gas Chromatography Quadrupole Time-of-Flight 
GENSET  Generator System 
GW   Global Warming 
HTI   Hydration Technology Innovations 
IC   Ion Chromatography 
ICP   Internal Concentration Polarization 
ICP-AES  Inductively coupled plasma atomic emission spectroscopy 
ISO   International Organization for Standardization 
LCA   Life Cycle Assessment 
LCC   Life Cycle Costing 
LCCA   Life Cycle Costing Assessment 
LCI   Life Cycle Inventory 
LCIA   Life Cycle Impact Assessment 
LC-QTOF  Liquid Chromatography Quadrupole Time-of-Flight 
MBC   Membrane Brine Concentrator 
MBR   Membrane Bioreactor 
MEF   Multi-effect Distillation 
MF   Microfiltration 
MSF   Multi-stage Flash Distillation 
MW   Molecular Weight 
NCP   Non-carcinogenic Potential 
NF   Nanofiltration 
NPDES   National Pollutant Discharge Elimination System 
OB   Osmotic Backwash 
	   xvi 
OD   Ozone Depletion 
OMBR   Osmotic Membrane Bioreactor 
O&G   Oil and Gas 
PLC   Programmable Logic Controller 
PRO   Pressure Retarded Osmosis 
RE   Respiratory Effects 
RO   Reverse Osmosis 
RPSEA   Research Partnership to Secure Energy For America 
RSF   Reverse Salt Flux 
SM   Smog Formation 
SRSF   Specific Reverse Salt Flux 
TDS   Total Dissolved Solids 
TFC   Thin-film Composite 
TKN   Total Kjeldahl Nitrogen 
TMDL   Total Maximum Daily Load 
TMP   Transmembrane Pressure 
TN   Total Nitrogen 
TOC   Total Organic Carbon 
TOrC   Trace Organic Compound 
TRACI Tool for the Reduction and Assessment of Chemical and Other Environmental 
Impacts 
TSS   Total Suspended Solids 
UF   Ultrafiltration 
U.S.   United States 
USEM   United States Energy Mix 
VC   Vapor Compression 
VFD   Variable Frequency Drive 
XDLVO   Extended Derjaguin-Landau-Verwey-Overbeek 
 
	   	  




I would like to thank several institutions for graciously providing funding for my doctoral research. 
Thank you to the U.S. Department of Energy (DOE) for supporting me through the Unconventional 
Resources Program of the Research Partnership to Secure Energy for America (RPSEA). I must also 
thank the American Water Works Association (AWWA), the American Water Resource Association 
(AWRA), WateReuse Colorado, and the American Membrane Technology Association (AMTA) for their 
support and investment in my membrane research. 
Throughout my graduate schooling at CSM, I have been given the distinct pleasure of working 
with several influential people and institutions and I am very thankful for their support and assistance. I 
must first begin with my advisor, mentor, and dear friend, Prof. Tzahi Cath. He taught me how to be a 
strong researcher, an even better engineer, and the value of perseverance when “the going gets tough”. 
Without his countless hours of guidance and support, in the laboratory and on my writing, this dissertation 
would not have been possible. His demand for academic and professional excellence, passion for 
engineering, and genuine eagerness to share his knowledge have been imperative to my success and 
have shaped the foundation on which I will build my future engineering career; I couldn’t imagine 
completing graduate school with a better advisor. I am also very thankful for the members of my doctoral 
research committee: Prof. Junko Munakata-Marr, Prof. Ronald Cohen, and Prof. Douglas Way. Each 
member of my committee provided exceptional guidance and insight in my research and they were 
always eager to support me in anyway possible. Thank you all for sharing your expertise, personal and 
professional experiences, and your vested interest in my success. 
I am also sincerely grateful for the help received from several other professors and staff of both 
AQWATEC and CSM including: Prof. Pei Xu for her expertise and guidance on membrane autopsy and 
characterization; Dr. Dean Heil and Estefani Bustos for their many hours spent running sample analyses 
and interpreting analytical results; Dr. Leslie Miller-Robbie for her invaluable expertise and patient 
guidance through life cycle assessment; Tim VanHaverbeke for all of his help and guidance through the 
administrative processes of graduate school and my doctoral candidacy; Tani Cath for his development of 
the many Labview data acquisition programs used in my bench- and pilot-scale systems, and for his help 
designing and wiring the control boxes of the RPSEA pilot-scale equipment; and Mike Veres for his 
expertise and help during pilot system construction and troubleshooting. 
A special thank you to my friends and colleagues at AQWATEC and in the Cath research group 
for their encouragement, collaboration, and the great times spent together. I especially wish to thank 
Nohemi Almaraz for providing countless hours assisting with sample analyses and membrane 
characterization. Her tremendous support was instrumental in the success of numerous studies and I truly 
couldn’t have completed the research without her. I would also like to thank a number of people who 
helped me throughout my research, including Ryan Holloway, Stephanie Riley, Bethany Yaffe, Dr. 
Christiane Hoppe-Jones, and Dr. Julia Regnery. 
	   xviii 
I am extremely grateful to Hydration Technology Innovations (HTI) and Oasys Water for their 
interest in my research and for generously providing me with the next generation forward osmosis (FO) 
membranes used in my studies. Without their support, none of the work contained in this dissertation 
would have been possible. I especially want to thank Mr. Keith Lampi, Dr. Edward Beaudry, Dr. Jack 
Herron, and Dr. Isaac Farr for sharing their wisdom and technical insight throughout my research. Their 
expertise was invaluable and fostered my drive for conducting meaningful membrane research with real 
world implications. 
I must also thank Prof. Amy Childress and Dr. Thomas Luxbacher for their guidance and patient 
mentorship during the development of the high salinity streaming potential model. I am very grateful to 
have had the opportunity to work with leading experts in electrokinetic phenomena and membrane 
surface characterization. 
Thank you to Dr. Dave Stewart, Dr. Wayne Bushmann, and Mr. John Veil, who served as the 
technical advisors of the RPSEA project. They helped guide the project based on their expertise in 
upstream oil and gas wastewater management and reviewed the experimental data and conclusions that 
resulted in this dissertation. 
A special thank you to Ramey Environmental Compliance (REC), who allowed me the unique 
opportunity to work side-by-side with leading operators in the water and wastewater treatment industry. 
This invaluable experience provided me with real world insights on the current and future needs of our 
water treatment industry and hands on experience working with numerous treatment technologies at the 
full-scale. The lessons and technical skills I learned at REC gave me a leading edge as a graduate 
researcher and as an engineer. I can’t thank you enough for your support in my personal and professional 
growth. 
On a more personal note I would like to give sincere thanks to my family, who have been there to 
support me in every step of this journey. Thank you to my parents Todd and Sharla Coday, and my 
brother Trevor Coday, for all of their love and encouragement. I would not be who I am or where I am 
today if it was not for each one of them. Thank you to my best friend and fiancé, Meghan Moss, who 
encouraged me through some of the most trying times of my dissertation and supported me 
unconditionally during the long hours of research, writing, and traveling. I am also grateful to the Moss 
and Bolinger families, my extended family, and close friends for all of their love and support throughout 
the years.  	  
	  





1.1 Problem statement and significance 
There is an ever-growing need to identify new sources of water and to promote beneficial water 
reuse. However, fresh water supplies are becoming scarcer as the nexus between energy and food 
production, growing population, and water rights becomes ever more complicated. Therefore, the need to 
reclaim and desalinate impaired water and wastewater streams is becoming increasingly necessary to 
meet our growing water demands. This will require robust treatment technologies that are able to produce 
large volumes of high quality water while meeting current and future water treatment regulations. This will 
also require that new technologies be simple to operate and have small energy, physical, and 
environmental footprints. 
Membrane technologies have demonstrated the ability to meet these challenging requirements. 
Membrane desalination, and especially the forward osmosis (FO) process [1-3], has successfully met the 
needs of various water and wastewater treatment applications such as seawater desalination [4-6], 
management of landfill leachates [7], concentrating of liquid foods and beverages [2, 8-10], treatment of 
domestic wastewaters [2, 11-14], concentration of anaerobic digester centrate [1, 2, 15], and more 
recently treatment of high salinity oil and gas (O&G) exploration and production wastewater [2, 16-19]. 
This doctoral research focuses on novel FO treatment of O&G exploration wastewaters for 
beneficial, industrial reuse and was funded by the United States Department of Energy (DOE) through the 
Research Partnership to Secure Energy for America (RSPSEA). In FO, concentrated brine induces an 
osmotic pressure difference across a semipermeable membrane to extract water from impaired streams, 
thereby concentrating it and reducing residual management costs [1, 20, 21]. Engineered osmosis 
systems are attractive for water recovery and industrial reuse: they require minimal hydraulic pressure, 
membrane fouling is reduced compared to pressure-driven membrane processes (e.g., reverse osmosis 
and nanofiltration), and they provide substantial rejection of dissolved contaminants [22, 23]. 
Consequently, FO is now being heavily sought after for treatment of complex wastewater streams in the 
O&G industry, including treatment of produced water, hydraulic fracturing flowback water, and drilling 
muds. These processes have the potential to substantially reduce the overall costs of O&G exploration, 
expand available water resources within the industry, and reduce political and public pressures 
associated with limited water resources. 
 
1.2 Objectives and scope of work 
The four specific objectives of this doctoral research are: (a) to conduct a comprehensive 
technology assessment and benchmark the state-of-the-art of FO processes for treatment of O&G 
wastewaters, (b) to enhance the interpretation of membrane-solution interfacial interactions through 
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innovative surface characterization strategies, (c) to support novel FO membrane development through 
systems level membrane testing and characterization and (d) to conduct a comprehensive life cycle 
impact and costing assessment to better understand the environmental and economic benefits resulting 
from the deployment of FO systems in the O&G industry. The objectives of this research are met through 
the completion of several unique studies that investigate the advantages, performance, and sustainability 
of the FO technology; each study employs distinct methodologies to accomplish the goals of the 
investigation. 
 
1.3 Dissertation organization 
This dissertation is a collection of six papers that were written over the course of the dissertation 
research. Chapter 2 is a literature review that was published in the journal Desalination and was reprinted 
with permission from Elsevier [2]. Chapter 3 is a paper that was published in the journal Environmental 
Science and Technology and was reprinted with permission from the American Chemical Society (ACS) 
[24]. Chapter 4 is a paper that was published in the Journal of Membrane Science and was reprinted with 
permission from Elsevier [25]. Papers from Chapters 5 and 6 were both prepared for possible publication 
in the Journal of Membrane Science; Chapter 5 was under review at the time of this dissertation and 
Chapter 6 was in final preparation for submission. Chapter 7 is a paper that was submitted for possible 
publication in the journal Desalination. Publication reproduction agreements that were granted by each 
publishing agency are provided in the appendix of this dissertation. Release agreements from the co-
authors of each publication can also be found in the appendix. 
 
1.3.1 State-of-the-art of forward osmosis for treatment of complex feed streams 
Treatment and reuse of O&G production wastewater in a cost-effective and environmentally 
sound manner is critical to sustainable industrial development and for meeting stringent regulations. High 
salinity, free and emulsified hydrocarbons, silts and clays released from producing formations, and 
process additives common in O&G drilling wastewaters render many conventional technologies 
ineffective for treatment of these waste streams. FO has been established as a promising solution for 
treatment and desalination of complex industrial streams and especially O&G exploration and production 
wastewaters. FO has achieved up to 85% water recovery from O&G wastewaters and can concentrate 
feed streams salinities to greater than 150,000 mg/L total dissolved solids (TDS) [2, 16, 18, 19]. The 
process can operate as a stand-alone technology with minimal pretreatment or be coupled with other 
advanced processes such as reverse osmosis or distillation. FO minimizes O&G wastewater disposal and 
produces clean water for intra-basin reuse. 
Chapter 2 reviews the principles and state-of-the-art of FO, and its successful development and 
demonstration in the upstream O&G industry to-date [2]. The study is supported by a comprehensive 
comparison between FO and other commercial desalination processes, and by a review of bench-, pilot-, 
and demonstration-scale studies of FO treatment of various O&G wastewater streams; additional FO 
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applications such as treatment of landfill leachates, centrate from anaerobic digesters, activated sludge in 
membrane bioreactors, and liquid foods and beverages are also discussed. Recent developments in FO 
membrane fabrication, system configurations, feed stream pretreatment strategies, and osmotic draw 
solutions are thoroughly reviewed. 
	  
1.3.2 Enhanced FO testing methods for O&G wastewater treatment applications 
Expanding research and development in academia and industry have rapidly established the 
validity of FO and benchmarked standard criteria for evaluating membrane performance [26]. While the 
testing methods described in the literature are important tools for comparing new FO membranes, it is 
increasingly necessary and equally important to bridge the knowledge gap between research and 
development and the true applications and conditions under which FO is operated in the O&G wastewater 
treatment industry. The standard methodologies [26] for evaluating FO membranes do not fully capture or 
properly represent the conditions that FO membranes are exposed to in industrial wastewater treatment 
applications. Though FO systems successfully recover water from a variety of complex feed streams, 
other hydraulic conditions may affect membrane performance and limit our understanding of membrane 
characteristics and integrity – this difference might hinder further development of FO membranes and 
modules for current and future O&G applications. 
In Chapter 3 of this dissertation, the performance of FO membranes under operating conditions 
typical of industrial-scale FO membrane modules is investigated [24]. A novel bench-scale system and a 
range of operating conditions were used to mimic the hydraulics inside commercial FO membrane 
modules/systems. Experiments were performed with a 1 M NaCl draw solution and feed streams tailored 
to highlight the mass transport of inorganic ions and dissolved organic matter across FO membranes. The 
system was operated in steady state under constant feed volumes and draw solution concentration and 
the mass transport of ions, reverse salt flux, and membrane permeate flux were monitored. One cellulose 
triacetate (CTA) and two polyamide thin film composite (TFC) membranes were tested to evaluate the 
performance of traditional and emerging FO membranes. Unexpected and important results from the 
investigation relating membrane performance to hydraulic conditions are presented alongside those from 
currently accepted practices. 
 
1.3.3 Determination of FO membrane zeta potential at high ionic strengths 
Surging interest in the characterization and performance of polymeric membrane surfaces has 
demonstrated the importance of zeta potential (surface charge) measurements, especially in FO 
applications [25]. The electrokinetic phenomena that occur at the interface between the membrane active 
layer and the feed stream are frequently cited in the literature as an important factor in understanding the 
fouling propensity and rejection of charged contaminants in membrane processes [27-31]. During 
dewatering of O&G wastewaters, FO membranes are exposed to very high salinity feed streams; 
however, traditionally, membrane zeta potential is determined in the presence of dilute aqueous solutions 
	   4 
of low ionic strength (< 0.1 M). Therefore, membrane zeta potentials reported in the literature are 
representative of feed streams almost one order of magnitude below the salinity of seawater and even 
further below that of some O&G wastewaters. Consequently, traditional evaluations of membrane-
contaminant and foulant interactions using current zeta potential assessment techniques may not 
accurately predict the contribution of electrostatic forces to the sum of interfacial interactions near the 
membrane surface. 
In Chapter 4 of this dissertation, a new approach for the determination of the zeta potential at 
high ionic strengths is presented. The development of this new method allows for the determination of 
membrane zeta potential for a series of polyamide TFC and CTA membranes at ionic strengths ranging 
from 0.1 to 1 M. Using the Debye–Hückel and Helmholtz–Smoluchowski models, zeta potential results 
from measurements with electrolyte ionic strength less than 0.05 M are extrapolated to environmentally 
relevant ionic strengths (0.05 to 1 M). Extrapolated zeta potential results demonstrate that membrane 
charge neutralization and compression of the diffuse layer are limited to the size of the hydrated counter-
ions in the feed stream and full membrane charge neutralization or even charge reversal is not achieved. 
The expected zeta potential of CTA membranes are similar to that of polyamide TFC membranes at high 
ionic strength, which has considerable implications in the comparison of membrane performance when 
treating O&G wastewaters. Results from the study also help to elucidate the mechanisms of preferential 
ion transport across the FO membranes presented in Chapter 3. The methodologies developed in this 
work can help to better understand the contribution of electrostatic forces resulting from zeta potential to 
the sum of interfacial forces present at FO membrane surfaces. 
 
1.3.4 Assessment of FO membrane performance for produced water treatment 
As described in Chapters 5 and 6, more than 2000 hours of bench-scale experiments were 
conducted over a range of operating conditions to investigate FO desalination of a comingled O&G 
wastewater stream; the wastewater consisted of hydraulic fracturing flowback and produced water 
(termed produced water in the study). The produced water was obtained from the Niobrara shale play in 
the Denver-Julesburg basin and received no pretreatment prior to FO process. Experiments were 
conducted with a commercially available CTA and a polyamide TFC FO membrane; these studies also 
employed one of the first FO membranes coated with a proprietary hydrogel to enhance its antifouling 
properties and active layer robustness. In Chapter 5, membrane fouling propensity, inorganic and organic 
contaminant transport, reverse salt flux, and water flux are evaluated. Standardized membrane testing 
and characterization techniques used in parallel with newly developed methodologies presented in 
Chapters 3 and 4 provide a more thorough understanding of the fouling mechanisms during treatment of 
produced water. They also help to elucidate the effects of complex feed solution chemistries on the 
performance of these polymeric membranes. 
In Chapter 6, the impacts of produced water exposure on the transport and active layer surface 
properties of the CTA and polyamide TFC membranes are investigated. While produced water exposure 
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yields some, albeit minor, changes to the pure water performance and surface characteristics of CTA and 
traditional TFC membranes, a near 50% reduction in reverse salt flux and contaminant transport was 
observed for the surface–coated TFC membrane; only minimal changes in pure water permeability were 
observed. While results of this study demonstrate the chemical and physical robustness of FO 
membranes for treatment of oil and gas wastewaters, it also elucidates a knowledge gap that exists 
between membrane polymer selection and contaminant interactions within the membrane polymer matrix 
that should be addressed in future membrane fouling studies. 
 
1.3.5 Life cycle impact and costing assessment of FO in the O&G industry  
While the performance and technical merit of FO for treatment of complex O&G waste streams 
continues to be demonstrated, there is insufficient evidence regarding the environmental impacts or 
benefits of using FO wastewater treatment at the full-scale. This is especially true if FO is to be compared 
to current O&G wastewater disposal methods, such as deep well injection, or alternative treatment 
techniques in future studies. In Chapter 7, an ISO–compliant [32, 33], cradle-to-grave life cycle 
assessment (LCA) and economic evaluation are conducted to evaluate the environmental and financial 
impacts of FO for treatment of unconventional O&G wastewater. The objectives of the comprehensive 
LCA are: (a) to compare the environmental aspects and potential impacts of the FO technology based on 
material surveys and field data collected in collaboration with several industrial partners, (b) to determine 
the potential for improvements with respect to system fabrication or operation, and (c) to create a 
benchmark for future comparative analyses (e.g. comparison to conventional or emerging wastewater 
treatment trains). The scope of this study includes a cradle-to-grave life cycle inventory (LCI) of each FO 
system based on materials consumed during system fabrication, membrane replacement, pretreatment, 
chemical inputs for pretreatment and membrane cleaning, and energy required for system operation. 
Specifically, manufacturing and infrastructure requirements, energy use, system performance, and 
chemical consumption of the FO systems are evaluated. 
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CHAPTER 2 
THE SWEET SPOT OF FORWARD OSMOSIS: TREATMENT OF PRODUCED WATER, DRILLING 
WASTEWATER, AND OTHER COMPLEX AND DIFFICULT LIQUID STREAMS 
Modified from a paper published in the Journal Desalination1  
 
Bryan D. Coday2v, Pei Xu3, Edward G. Beaudry4, Jack Herron4, Keith Lampi4, Nathan T. Hancock5, and 
Tzahi Y. Cath2* 
 
2.1 Abstract 
Global water scarcity and substantial challenges associated with treatment of complex and impaired liquid 
streams have advanced the development of forward osmosis (FO), which can successfully treat and 
recover water for beneficial reuse. Surging research and advancements in FO, a technology once unable 
to compete with conventional wastewater treatment processes, have identified its sweet spot: treatment 
and desalination of complex industrial streams, and especially oil and gas (O&G) exploration and 
production wastewaters. High salt concentrations, decentralized and transient operations, the presence of 
free and emulsified hydrocarbons, silts and clays leached from producing formations, and process 
additives common in O&G drilling wastewater and produced water render many common treatment 
technologies ineffective. Treatment and reuse of O&G wastewater, and other complex industrial streams, 
in a cost effective and environmentally sound manner is critical for sustainable industrial development and 
to meet increasingly stringent regulations. This review focuses on the successful development and 
demonstration of FO membrane treatment systems, supported by a review of bench-scale, pilot, and 
demonstration studies on treatment of O&G waste streams, landfill leachates, centrate from anaerobic 
digesters, activated sludge in membrane bioreactors, and liquid foods and beverages. Recent 
developments in membrane fabrication, system configurations, and draw solutions are briefly reviewed. 
    
1Reprinted with permission of Desalination, 2014, 333, 23-35. 
2Colorado School of Mines, Golden, CO, USA 
3New Mexico State University, Las Cruces, NM, USA 
4Hydration Technology Innovations, Albany, OR, USA 
5Oasys Water, Boston, MA, USA 
vPrimary researcher and author 
*Corresponding author: e-mail: tcath@mines.edu; phone: (303) 273-3402; fax: (303) 273-3413 
 
2.2 Wastewater from oil and gas exploration and production 
The United States and many countries around the world are rapidly expanding exploration and 
development of unconventional gas resources, including shale gas, coalbed methane, and tight sands [1-
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5]. With recent advancements in horizontal well drilling and hydraulic fracturing, unconventional gas is 
expected to account for nearly 45% of the natural gas produced in the U.S. by 2035 [6, 7]. As production 
increases and new formations become economically viable, water demands for well development and the 
volume of wastewater generated during exploration and production (E&P) (e.g., drilling muds, hydraulic 
fracturing flowback water, produced waters) will increase significantly. 
Drilling mud is an integral part of well development, providing lubrication to drilling equipment, 
stabilization to well walls, pressure control within the borehole, and flushing of debris from the well. Up to 
one million gallons (3,800 m3 or 24000 bbl) of fresh water can be consumed during drilling of a single 
well, producing grit laden streams contaminated with drilling additives and containing high concentrations 
of chemical oxygen demand (COD), total dissolved solids (TDS), and organic and inorganic constituents 
[8-11]. When borehole drilling is completed, the drilling mud is usually stored on-site in lined ponds/pits. In 
some locations, closed-loop drilling is required in which no pits are used. In most drilling operations, these 
fluids receive minimal treatment and are trucked off-site for deep well injection. Occasionally, the waste 
fluids may be land applied if proper permit is obtained [9]. 
After drilling, well productivity can be enhanced with hydraulic fracturing. Between one and four 
million gallons (3800-15000 m3 or 24000-95000 bbl) of water-based slurry are injected into the well bore 
under high pressure, forming fractures in the target formation [9, 12, 13]. Hydraulic fracturing facilitates 
free flow of oil and gas; thus, increasing recovery from formations previously considered economically 
unfavorable. A portion of the fracturing fluids that were injected is recovered from the well over a span of 
several weeks, generating a waste stream of water, sand, and chemical additives [7, 13]. Depending on 
the formation, the flowback wastewater can also have high concentrations of TDS attributed to leaching of 
earth minerals from the subsurface. Similar to drilling muds, fracturing flowback is recovered and stored 
on-site.  Historically, most flowback water received minimal treatment before being disposed into deep 
wells [7, 9, 13]; however, Class II injection wells are not available in all locations. Wastewater treatment is 
possible, and the treated water can supplement or replace the fresh water necessary for drilling and 
fracturing of additional wells; yet, highly saline waste streams and some hydraulic fracturing chemical 
additives are difficult to treat with conventional processes. 
The wastewater stream flowing with the gas after most of the fracturing water is recovered, is 
considered produced water [13, 14]. This stream can represent nearly 70% of the total wastewater 
generated during the lifetime of a well, producing volumes several times greater than the volume of oil 
and/or gas recovered [15]. The quantity of produced water is highly dependent on well location, and its 
quality just as variable. These streams typically contain a wide range of TDS concentration, free and 
emulsified hydrocarbons, and silt and clay leached from the formation [8, 16]. Depending on the quality 
and composition of produced water, a broad range of technologies can be utilized for its treatment; 
however, the complexity and total cost of treatment is dependent on its salinity and ultimate use [9]. 
As the development of unconventional oil and gas (O&G) continues in the U.S. and abroad, 
maximizing water resources while minimizing the volumes of E&P waste will become increasingly 
	   10 
important. Several O&G exploration regions are considered at high risk for water resource depletion [8], 
providing an excellent opportunity for beneficial reuse of reclaimed waste streams. Properly applied 
management techniques and emerging water treatment processes can drastically reduce industrial water 
demands, promoting closed loop water recycling and minimizing environmental exposure associated with 
E&P of unconventional O&G resources. 
Many other industrial streams are difficult to manage, similar to O&G E&P wastewaters, and 
require special technologies to provide sufficient treatment. For example, landfill leachates are heavily 
contaminated waste streams that often require advanced treatment processes to provide adequate 
contaminant rejection prior to discharge or reuse. Water recovery from domestic wastewater sludge and 
anaerobic digester centrate has also gained attention as a result of surging interest in direct and indirect 
potable water reuse in the United States. The nexus between food production and water recovery has 
also grown in complexity as the food industry strives to increase liquid food and beverage quality, while 
simultaneously concentrating these streams. Though each stream is unique and complex, O&G 
wastewater and other industrial streams can be treated by a small group of advanced processes. 
 
2.3 Processes for treatment of O&G E&P wastewaters 
Chemical, biological, and physical processes have been previously investigated and implemented 
for treatment of O&G E&P wastewaters; however, high salinity, prohibitive capital cost, extreme chemical 
demand, large installation footprint, residual (brines and solids) management challenges, and limited 
removal of emerging contaminants are some of the hurdles to successful implementation of many 
technologies. Desalination processes such as distillation and membrane separation processes, have 
demonstrated the ability to achieve adequate treatment of these streams; yet, further improvements to 
these technologies to reduce the high costs and operational challenges, and development of more 
effective pretreatment are needed before they are broadly adopted and implemented [10, 11, 15-18]. 
 
2.3.1 Commercial desalination processes 
2.3.1.1 Distillation 
In distillation a feed stream is heated and sometimes also placed under partial vacuum to 
increase its vapor pressure and form water vapor that can be condensed and recovered as high quality 
water. Vapor extraction can be repeated several times in the process to enhance evaporation while 
further concentrating the feed stream. Common commercial distillation methods include multi-effect 
distillation (MEF), multi-stage flash (MSF), and vapor compression (VC) distillation [19]. Desalination by 
distillation can minimize physical and chemical treatment and the amount of de-oiling equipment 
necessary for treatment of O&G wastewater. This eliminates capital costs and minimizes secondary 
chemical waste sludge [17]. Additionally, distillation can treat highly saline feed streams because it is not 
affected by the high osmotic pressure of saline and hypersaline streams; however, corrosion and scaling 
can occur during distillation and incur high operating and maintenance (O&M) costs [14, 19]. If volatile 
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organic compounds are present in the feed stream, they may be poorly removed because they will 
volatilize and condense in the distillate stream. Energy demand is also a limiting factor in distillation, 
accounting for more than 95% of the total operating costs in a recent review of commercial scale 
processes [17]. 
 
2.3.1.2 Membrane separation 
Membrane separation technologies are commonly pressure driven separation processes that rely 
on diffusive- or convective-based mass transfer phenomena to separate dissolved and suspended 
constituents from aqueous solutions. Traditional pressure driven membrane technologies include 
microfiltration (MF), ultrafiltration (UF), nanofiltration (NF), and reverse osmosis (RO). Membrane 
permeability and the size of constituents rejected by each process decrease in the order presented 
(MF>UF>NF>RO); while MF sieves suspended particles, RO can effectively reject monovalent ions, 
including sodium, chloride, and low molecular weight organic compounds [17]. Membrane processes, and 
especially NF and RO, can successfully reject a broad range of contaminants and TDS present in 
impaired feed streams. 
RO and NF are very effective desalination processes; however, they are highly susceptible to 
inorganic scaling and to particulate, biological, and organic fouling [20]. These foulants can become 
compacted and difficult to clean, leading to low water permeability, increased pressure loss, and 
considerable chemical consumption for cleaning. Additionally, polymeric membranes can be sensitive to 
feed stream chemical and oil contaminants and natural polymers such as guar (used in the hydraulic 
fracturing process), which can compromise membrane performance and surface layer chemistry. 
Hydraulically driven membrane processes must also overcome the osmotic pressure of the feed stream, 
limiting the variety of streams (e.g., TDS concentration lower than 70,000 mg/L) that can be treated. 
 
2.3.1.3 Desalination pretreatment 
Distillation systems, and to a larger extent desalination membranes, must be protected with 
appropriate pretreatment processes. NF and RO membranes are susceptible to scaling, 
particulate/colloidal fouling, organic fouling, extreme pH, oils and fats, insoluble liquids, and microbial 
biofilms [17, 20, 21]. Pretreatment will promote system/membrane longevity and minimizes capital and 
O&M costs associated with chemical cleaning and energy consumption [22]. Common pre-treatment 
strategies may include coagulation/flocculation/sedimentation, pH control, softening, filtration 
(granular/MF/UF), dissolved air floatation, advanced oxidation, and disinfection [17, 20, 21]. Other 
traditional and new processes, including biological processes, are also possible. 
These pretreatment processes, coupled with desalination, can treat highly contaminated waste 
streams generated in the O&G field. Yet, some of the streams, and specifically fracturing flowback water, 
pose unique challenges to conventional and advanced treatment technologies.  And the fast expansion 
(and sometimes contraction) of the O&G E&P industry also necessitates the development of more 
modular, on-site water treatment systems. New technologies that employ different driving forces and have 
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the capacity to separate a broad range of contaminants are needed for both the O&G industry and other 
waste treatment industries. 
 
2.3.2 Engineered osmosis: forward osmosis 
Engineered osmosis, and specifically forward osmosis (FO), is an emerging desalination 
technique that can provide robust and modular treatment, reject contaminants found in O&G waste 
streams, and avoid the drawbacks of pressure driven membrane processes. Engineered osmosis is a 
promising alternative for difficult to treat waste streams such as produced water [14], hydraulic fracturing 
flowback water, and drilling mud. In some cases, FO can be used as a standalone desalination process, 
or it can be considered an advanced pretreatment process for RO or NF. The following sections provide 
details on the principles of FO and showcase its successful treatment of complex industrial wastewater 
streams. 
 
2.3.2.1 Principal of forward osmosis 
Osmosis is the net transfer of water across a semi-permeable membrane resulting from an 
osmotic pressure difference across a semipermeable membrane. In FO (Figure. 2.1a), a synthetic 
polymeric membrane separates a feed stream and a concentrated draw solution, and the osmotic 
pressure difference across the membrane facilitates diffusion of water through the membrane from the 
low osmotic pressure feed to the high osmotic pressure draw solution while rejecting almost all dissolved 
and suspended constituents [23, 24]. Commonly, the FO process is completed in two separate steps: 1) 
recovery of water from a feed stream and dilution of the draw solution, and 2) production of high quality 
product water using RO or distillation while reconcentrating the draw solution (Figure. 2.1b) [18, 25-32]. 
The reconcentrated draw solution is then reused in the FO process; however, several industrial 
applications such as O&G well fracturing are able to beneficially use the dilute draw solution, eliminating 
the need for the reconcentration step. 
 
 
Figure 2.1. A synthetic polymeric membrane separates a feed stream and a concentrated draw solution, 
and the osmotic pressure difference across the membrane facilitates diffusion of water through the 
membrane: (a) the osmosis process and (b) FO process when the osmosis process is coupled with a 
brine reconcentration system, producing high quality product water, while reconcentrating the FO draw 
solution to maintain constant osmotic pressure. 
(a) (b) 
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2.3.2.2 Draw solutions 
Draw solution selection is important for maintaining a sustainable and efficient FO process. There 
are several factors that dictate what constitutes an appropriate draw solution, which are defined by the 
type of FO application. If the draw solution requires reconcentration, the chosen solutes should be highly 
soluble to avoid scaling during RO or distillation reconcentration. Draw solutions must also be suitable for 
industrial applications and inexpensive. Several laboratory studies have investigated suitable draw 
solutions for their osmotic pressure, recoverability, and mass transfer through the membrane [23, 25, 28, 
41-47]. These include mono and divalent salts, dissolved gasses, sugars, engineered nanoparticles, or 
fertilizers. A review of promising draw solutions was recently published [48], and the osmotic pressures of 
potential inorganic draw solutions as a function of their molar concentration are presented in Figure. 2.2 
[23]. 
 
Figure 2.2. Osmotic pressure as a function of draw solution concentration for potential draw solutions. 
Adopted from [23] 
 
2.3.2.3 FO membranes 
FO membranes have unique properties that enable efficient diffusion of water through the 
polymer. These include very thin active and support layers and very porous support layer with pores 
having low tortuosity. Despite being a relatively new process, several manufacturers are developing and 
commercializing suitable FO membranes (Table 2.1). The most common commercially available 
membranes are cellulose triacetate (CTA) and polyamide thin-film composite (TFC) membranes 
manufactured by Hydration Technology Innovations (HTI, Albany, OR) and Oasys Water (Boston, MA) 
[48]. Between these companies, different FO membrane packaging configurations have been developed, 
including plate-and frame, spiral wound, and tubular (e.g., hollow fibers) [23]. Spiral wound FO elements 
are similar to commercial RO membrane elements; however, they are modified to allow forced-flow inside 
the membrane envelopes [23]. Plate and frame configurations use flat sheet membranes separated by 
spacers, providing lower surface area to volume ratio in cassette packages. Tubular and hollow fiber FO 
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membranes are commonly potted in large bundles, significantly increasing the packing density of a 
membrane element. 
 
Table 2.1. Current FO membrane manufacturers and commercial status. Adapted from [48] 






Aquaporin A/S Aquaporin No FO, OCe Pre-commercial 
Fuji NA No NAb Development 
GKSS Polymeric No NAb Development 
GreenCentre Canada NAb No SWFOc Development 
HTI CA, TFC Yes Various Commercial 
Idaho National Lab NAb No NAb Development 
IDE Technologies NAb Yes PROd Pre-commercial 
Modern Water Undefined Yes SWFOc Commercial 
Oasys Water TFC Yes Brine concentration Commercial 
Porifera TFC No Various Pre-commercial 
Samsung NAb No NAb Development 
Trevi Systems NAb Yes SWFOc Development 
a Demonstration-scale FO membrane treatment systems available (yes/no) 
b Not available 
c Seawater forward osmosis 
d Pressure retarded osmosis 
e Osmotic concentration 
 
2.4 Forward osmosis treatment of complex streams 
Through extensive research and development in recent years, FO has been demonstrated as a 
promising technology for treatment of challenging liquid streams. Successful applications include 
desalination of seawater and brackish water, concentration of landfill leachates, treatment of wastewater 
(including in osmotic membrane bioreactor configurations), and processing of foods and beverages [23, 
25, 41]. FO has been investigated at almost all scales as a hybrid pretreatment process for production of 
high quality water, and as a standalone process where the diluted draw solution is beneficially used. In 
the following section we summarize various applications where FO was successfully tested for treatment 
of complex streams, starting with the treatment of waste streams in the O&G industry. 
 
2.4.1 FO treatment of O&G E&P wastewater 
2.4.1.1 The Green Machine 
The three dominant waste streams generated during E&P contain chemicals and polymers that 
assist in drilling and hydraulic fracturing, minerals leached from the formations, and organic and inorganic 
constituents. Research conducted by Hutchings et al. [11] investigated the performance of FO for 
treatment of O&G waste streams for beneficial, intra-basin reuse using the Green Machine concept. 
The Green Machine is a mobile and scalable FO treatment process operated at the well site, thus 
limiting water and wastewater trucking and providing a local, reusable water source. Operational success 
was measured by the system’s ability to minimize fresh water demand through reuse, preventing 
secondary waste generation, reducing O&G wastewater volumes for disposal, and utilizing readily 
available and on-site chemical energy to generate a predetermined osmotic pressure driving force. 
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Carbon footprint reduction, resulting from efficient FO operation and minimized trucking demands, was 
also of high importance. 
Since 2010, two distinct models of the Green Machine have been manufactured and pilot tested 
by HTI and Emerald Surf Sciences (Shreveport, LA) (previously Bear Creek Services). The first 
generation Green Machine (Figure 2.3) utilized 20 to 280 vertically oriented, 8-inch (0.2 m) diameter by 
40-inch (1.0 m) long spiral wound FO membrane elements to treat stream flows of 8 to 170 gal/min (30-
640 L/min). The system operated in an osmotic dilution mode, where a 26% w/w NaCl draw solution 
recirculates inside the membrane envelope while drilling wastewater (2.5% w/w TDS) flows by gravity on 
the active side of the membrane. The highly concentrated NaCl draw solution is diluted to less than 7% 
w/w (~70,000 mg/L) NaCl while concentrating the E&P wastewater by more than 3.5 times (greater than 
70% water recovery). Testing results [49] showed that this system was able to reclaim more than 125,000 
gallons (473 m3 or 3,000 bbl) of O&G wastewater using less than twenty gallons (75 L) of diesel fuel. This 
same volume would have required over 25 truckloads for disposal at an off-site deep well injection facility. 
The first generation system could ultimately save nearly a million gallons (3800 m3 or 24000 bbl) of water 
per well application and account for up to 20% of the saline completion fluid needed at each drilling 
location. These savings translate into approximately 150 saved truckloads, both in fresh water and fuel 
consumption. 
 
       
Figure 2.3. (a) The HTI’s first generation Green Machine mobile system. (b) The FO treatment system 
operated under osmotic dilution using 20-280 vertically oriented spiral wound FO elements. The 
membrane elements were grouped into several pods and were installed on a trailer (b) that was operated 
at O&G drilling locations in the field. 
	  
However, in a recent study [10], results have shown that the first generation Green Machine FO 
treatment could be further optimized. Using a custom made FO membrane test cell with a CTA 
membrane and a 26% w/w (~320,000 mg/L) NaCl draw solution, osmotic dilution experiments were 
performed during which at least 50% of the O&G drilling waste feed volume was recovered. Results from 
the study suggest that while FO can concentrate O&G drilling waste streams by up to three times, 
increased feed stream velocities can decrease membrane fouling and concentration polarization [50], 
minimize feed channel clogging, and leads to higher water flux. Minimal irreversible fouling was also 
(b) 
(a) 
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observed, demonstrating the effectiveness of osmotic backwashing of FO membranes [36-40]. 
Additionally, high rejection of inorganic and organic constituents during pilot testing was confirmed by the 
bench-scale study. 
In 2012 the second generation Green Machine (Figure 2.4) was developed, optimizing system 
performance as a result of previous experimental work and pilot testing. The second generation FO 
system utilizes 24 horizontally oriented, 8-inch diameter by 40-inch long spiral wound FO membrane 
elements housed in pressure vessels on a mobile membrane skid. The system operates under forced 
feed flow through the membrane elements (~40 to 60 PSI hydraulic transmembrane pressure) and is 
coupled with an RO system for reconcentration of the NaCl draw solution. 
 
   
Figure 2.4. HTI’s second generation Green Machine. (a) The FO treatment system operates under 
constant influent draw solution concentration using an RO membrane reconcentration system. (b) 8-inch 
spiral wound FO elements are housed in membrane pressure vessels and are installed on a trailer tested 
at O&G drilling locations in the field. 
 
Recent pilot testing was conducted where 6% w/w (~60,000 mg/L) NaCl draw solution was 
diluted to 4.5% w/w (~45,000 mg/L) after a once through pass in the FO system. The diluted draw 
solution was then reconcentrated by the RO system, producing a high quality permeate stream. During a 
weeklong field test in the Haynesville shale gas play, the system recovered 85% of O&G drilling 
wastewater (6.8 mS/cm or ~3,500 mg/L TDS) while concentrating it by five times (32.5 mS/cm or ~16,000 
mg/L TDS) and producing highly purified water for reuse. The system operated with raw drilling 
wastewater without membrane cleaning and experienced a mere 18% flux decline (versus 50% flux 
decline during less than half the equivalent testing period using the first generation Green Machine). Flux 
decline was attributed to limited membrane fouling and mainly to decline in the osmotic pressure driving 
force resulted from increased osmotic pressure of the concentrated feed. Unlike the first generation 
Green Machine, where the diluted draw solution was suitable for use as completion fluid at future drilling 
applications, the second generation Green Machine produces a high quality RO permeate suitable for a 
wide range of reuse applications. However, this comes at the price of increased operational and pumping 
costs. The second generation Green Machine is also limited to a maximum 7% w/w NaCl draw solution if 
RO reconcentration is used. 
 
(a) (b) 
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2.4.1.2 The FO Membrane Brine Concentrator (MBC) 
Oasys Water has developed the first Membrane Brine Concentrator (MBC) (Figure 2.5) 
employing a patented ammonia/carbon dioxide based draw solution to treat high salinity brine steams and 
O&G wastewater. A fully integrated, mobile, demonstration scale Oasys MBC system was constructed 
and field-tested treating high salinity, pretreated produced water. The mobile treatment system consists of 
three components: pretreatment, MBC platform, and product water/brine polishing. Raw produced water 
is first pretreated in a chemical reactor where chemical oxidizer, caustic soda, and soda ash are added to 
form mineral precipitates and organic flocs. The precipitate suspension is pumped through a filter press to 
separate the sludge from the treated raw water. The pretreated produced water is then filtered through a 
greensand media filter for additional iron and particulate removal and then through a cartridge filter. 
Pretreated feed water flows into the FO membrane and is concentrated by the Oasys MBC to between 
150,000 and 250,000 mg/L TDS depending on subsystem operating conditions [18]. 
The proprietary draw solution is a mixture of ammonium bicarbonate and ammonium hydroxide 
dissolved in water. The resulting draw solution is highly soluble and produces a high osmotic pressure 
driving force that facilitates permeation of water through the TFC membrane even when the salinity of the 
feed stream exceeds 200,000 mg/L TDS. The diluted draw solution is then heated to evaporate the 
thermolytic draw solution solutes, which have higher vapor pressure than water. This recovery method 
requires less energy than would be required to overcome the enthalpy of vaporization of water during 
conventional distillation [51]. The ammonia and carbon dioxide gases are then condensed, and a 
reconcentrated draw solution is generated for reuse in the FO system. During piloting of the Oasys MBC 
process the system retained more than 99.75% of its nitrogen containing species during 100 hours of 
operation [18]. Product water stripped of dissolved ammonia and carbon dioxide exits the system as a 
purified water stream. 
In two separate commercial demonstrations (Figure 2.6), the Oasys MBC process was 
demonstrated to provide water treatment and waste volume minimization of fracturing flowback and 
produced water from the Marcellus Shale and Permian Basin. During the Marcellus Shale trial, 
approximately 60,000 gallons (230 m3 or 1430 bbl) of produced water were treated during 800 hours of 
operation. Pilot operations were sustained for a six-month period, and included seven weeks of 
continuous (5 days a week / 24 hours a day) operation. Average daily steady-state water flux was 
between 2 and 3 L/m2-hr (LMH) depending on operating conditions of the system (i.e., draw solution and 
feed temperature, draw solution concentration, and solution flow rates). It is important to note that water 
flux under these conditions (feed TDS concentration between effectively 6.5% and 7.5% w/w NaCl) with 
hydraulically driven membrane based processes would be negligible, if not negative, due to operating 
limits and material constraints of these systems [52]. System water recovery averaged 64 %. 
During system operations in the Permian Basin, approximately 40,000 gallons (150 m3 or 950 
bbl) of produced were treated during 400 hours of operation. Average MBC feed salinity in the Permian 
Basin was 103,000±7,000 mg/L and contained a high concentration of TOC, boron, and heavy metals. 
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Although TDS and hardness were relatively constant, organic and heavy metal constituents and their 
concentration were observed to vary substantially between wastewater batches. The average TDS 
concentration of treated water from the MBC in the Permian Basin trial was 737±284 mg/L and the 
concentrated brine concentration averaged 241,000±35,000 mg/L TDS. System water flux averaged 3 
L/m2-hr, and average system recovery was 60% [18]. The higher water flux and percent recovery despite 
the higher salinity of the feed stream compared to the Marcellus Shale demonstration are attributable to 
improvements in the Oasys membrane, membrane element, and other subsystem refinements. 
 
 
Figure 2.5. Oasys Water’s Membrane Brine Concentrator. The FO treatment system operates under 
constant influent draw solution concentration using a thermolytic reconcentration system. Several 
pretreatment technologies are used prior to FO membrane treatment to reduce oil emulsions and 
elevated hardness concentrations in O&G wastewaters. 
 
In both the Marcellus Shale and the Permian Basin demonstrations, it is evident the MBC system 
is capable of achieving substantial water recovery from highly saline brines, thereby minimizing brine 
disposal volumes and generating a high quality, tunable product water quality suitable for numerous 
beneficial use applications. 
The use of FO has shown many advantages in the treatment of E&P wastewater: low hydraulic 
pressure operation, reduced fouling propensity compared to pressure-driven processes (RO), and 
substantial rejection of known contaminants found in oil and gas waste streams. While these pilot and 
bench scale-testing studies are promising, little is known about the long term (>1 year) fouling propensity 
and its effects on FO process efficiency when treating oil and gas saline E&P wastewater. Future testing 
will require such investigations while attempting to broaden the application to other basins outside of the 
Haynesville, Marcellus, and Permian O&G fields. 
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Figure 2.6. Oasys Water’s Membrane Brine Concentrator shown during pilot-testing in the (a) the 
Marcellus Shale basin and (b) Permian Basin. 
 
2.4.2 Other applications of FO for difficult waste streams 
2.4.2.1 FO treatment of landfill leachate 
Most landfills produce leachate, which originates from decomposition of stored wastes or from 
precipitation that percolates through the piled solid waste. Typical contaminants of concern in landfill 
leachates include TDS, dissolved metals, organic matter, and organic/inorganic nitrogen. The volume and 
concentrations of leachate constituents can be highly variable and they depend on the location of the 
landfill and corresponding local climate. Leachates are commonly sent to conventional wastewater 
treatment facilities; however, TDS present in leachates is not efficiently removed by conventional 
wastewater treatment processes and it can negatively impact biological processes and effluent quality 
[23]. 
An FO pilot study was conducted at the Coffin Butte Landfill in Corvallis, Oregon in 1998, 
attempting to provide advanced treatment of leachate [53]. The landfill is located in the Pacific Northwest 
and receives enough precipitation to produce 20,000-40,000 m3 of leachate annually (15,000-30,000 
gal/day). In this particular case, the leachate had to be treated for surface discharge with effluent TDS 
concentration of less than 100 mg/L. 
Cellulose triacetate membranes from Osmotek (now HTI) were utilized for the three-month pilot 
study. Using NaCl draw solution, the pilot system was operated at 94-96% water recovery, while 
providing high contaminant rejection and minimal irreversible membrane fouling [23]. As a result of 
successful piloting, a full-scale FO/RO system was built [53]. At full-scale operation (Figure 2.7), landfill 
leachate was collected and pretreated using hydrochloric acid to prevent inorganic scaling. The system 
consisted of four treatment trains, each with six FO plate-and-frame membrane stacks in series. While the 
leachate became concentrated, diluted draw solution was treated and reconcentrated using an RO 
system, producing high-quality permeate meeting discharge regulations [53]. 
 
(a) (b) 
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Figure 2.7. Full-scale plate-and-frame FO treatment system operated at Coffin Butte Landfill by HTI 
(previously Osmotek) for treatment of landfill leachate. 
 
After approximately one year of operation, the full-scale system treated 18,500 m3 (~5 million 
gallons) of landfill leachate at greater than 91% water recovery. The FO/RO process also continually 
produced permeate having less than 100 mg/L TDS. Contaminants of concern, including cadmium, 
chromium, copper, lead, zinc, and ammonia were consistently more than 99% rejected, with effluent 
biochemical oxygen demand (BOD) concentrations below 5 mg/L. The FO/RO application successfully 
provided effluent contaminant concentrations lower than the National Pollutant Discharge Elimination 
System (NPDES) total maximum daily loads (TMDL) [23, 53]. 
 
2.4.2.2 FO treatment of concentrate from anaerobic digesters 
Municipal wastewater treatment facilities typically treat primary and secondary solids in aerobic or 
more commonly anaerobic digesters. Solids digestion promotes degradation of organic constituents and 
BOD, producing stabilized biomass and biogas. After digestion the sludge is dewatered, producing a 
concentrated liquid waste stream (i.e., centrate) and dewatered biosolids. While the biosolids are typically 
land applied or trucked for off-site disposal, the liquid waste stream is commonly returned to the facility 
headworks. This practice increases facility loading because the liquid contains high nutrient 
concentrations (e.g., organic nitrogen, orthophosphate, ammonia), dissolved metals, TDS, total 
suspended solids (TSS), and organic carbon [23, 54, 55]. By removing this return stream, treatment 
facilities can reduce total waste loadings, operating costs, and effluent nitrogen and phosphorous 
concentrations. Concentrated centrate can also be sold as a product and used as a fertilizer. 
An FO treatment study [54] was conducted at the Truckee Meadows Water Reclamation Facility 
in Reno, Nevada in 2006 as a method to treat and reduce the volume of centrate produced at the facility. 
The purpose of the study was to evaluate FO performance for concentrating raw and filtered centrate as 
an alternative to their common practices. During the bench-scale investigation centrate was filtered 
through a 150-mesh sieve prior to the FO process. Water was then extracted from the filtered centrate 
across a cellulose triacetate (CTA) FO membrane operating in osmotic dilution mode [27]. FO provided 
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sustainable water flux and high rejection of contaminants of concern while successfully concentrating raw 
and filtered anaerobic digester centrate. While water flux decline was noticed between each test cycle 
due to fouling, membrane cleaning restored water flux to its original level. Even though increased flux 
decline was observed when testing raw centrate, the ability to recover most permeate flux indicated that 
minimal irreversible fouling occurred during the FO process. 
Constituents of concern included ammonia, total Kjeldahl nitrogen (TKN), and ortho-phosphate 
with average feed concentrations of 1300, 1400, and 240 mg/L, respectively. FO provided 87% ammonia 
rejection, 92% TKN rejection, and greater than 99% rejection of phosphorous, color, and odor 
compounds. Results from the study suggest that combining the FO process with RO could successfully 
produce 35,000 gal/day (130 m3/day) of purified water from a 50,000 gal/day (190 m3/day) stream of 
centrate [54]. 
 
2.4.2.3 FO treatment of domestic wastewater and osmotic membrane bioreactors (OMBRs) 
Stringent wastewater treatment regulations and advancements towards indirect and direct 
potable water reuse require implementation of improved treatment processes to produce high quality 
reclaimed water. Membrane bioreactors (MBR) have demonstrated the ability to provide advanced 
treatment, producing effluent suitable for irrigation, industrial processes, and even potable water when 
provided proper effluent polishing [56]. MBRs replace the combined biological, clarification, and filtration 
processes in conventional, municipal wastewater treatment facilities. Using MF or UF membranes, MBRs 
reject nearly all suspended solids and maintain high biomass concentration, providing consistent effluent 
quality in a significantly smaller footprint than traditional treatment processes (i.e., sequencing batch 
reactors, extended aeration facilities, lagoons) [56]. 
Yet, due to limited rejection of TDS, low molecular weight contaminants, and trace organic 
compounds (TOrCs), and because of membrane properties and fouling propensity associated with the 
operation of conventional MBRs, FO has been investigated as a potential alternative for advanced 
wastewater treatment [56-66]. Independent studies conducted since 2008 have aimed at developing an 
efficient osmotic membrane bioreactor (OMBR). For example, Achilli et al. [56] investigated membrane 
fouling, water flux, reverse solute diffusion, and nutrient rejection at the bench scale. Three flat-sheet CTA 
membranes were employed in a plate and frame cell configuration and results concluded that membrane 
fouling in the OMBRs was lower than in MF/UF MBRs. Water flux was restored to within 10% of the 
original flux using membrane relaxation (when no filtration takes place) and osmotic backwashing, 
showing minimal irreversible fouling. Flux was easily sustained throughout the duration of the 
experiments, and decline in the driving force was associated with easily cleaned fouling layers. The FO 
membranes rejected 99% of influent TOC and 98% of influent ammonia. This is significantly better 
rejection than that of porous MBR membranes, which can range between 28 and 87% of soluble organic 
matter, depending on the extent of membrane fouling. 
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Another important study by Alturki et al. [57] was recently published, evaluating FO rejection of 
TOrCs that pass through MBR processes. A thorough literature review revealed that conventional 
wastewater treatment processes do not provide effective removal of TOrCs. MBRs provide slight 
enhancement of pollutant removal through biological degradation due to increased solids retention times 
and biomass concentration. However, due to the porous nature of MBR MF and UF membranes, low 
molecular weight TOrCs can easily flow through the treatment process. Only those pollutants readily 
biodegradable and hydrophobic are removed. Flat sheet cellulose acetate membranes were employed in 
a plate and frame test cell and 50 TOrCs, each with an average concentration of 750 ng/L, were 
investigated. Experimental results show that the OMBR provided high rejection (below analytical 
detection limits) of many TOrCs with molecular weights greater than 266 g/mol. This high rejection 
promoted biological degradation of the pollutants within the bioreactor. Rejection of pollutants smaller 
than 266 g/mol was highly variable, ranging from minimal rejection to removal below analytical detection 
limits. 
Long-term pilot-scale tests have since been conducted using a novel FO plate and frame 
membrane module (Figure 2.8) [67]. The objective of the long-term pilot scale evaluation was to 
determine the sustainability and permeate water quality of a coupled FO and RO process. High quality 
permeate was consistently produced through the coupled FO-RO system; however, excessive FO 
membrane fouling was observed after four months of system operation. Fouling was attributed to 
insufficient membrane air scouring and gas lift between the membrane plates. Additionally, the salinity in 
the bioreactors steadily increased due to ion rejection of the FO membranes coupled with reverse salt flux 
from the concentrated draw solution through the FO membrane into the activated sludge. The increase in 
bioreactor salinity resulted in reduced osmotic driving force and negatively impacted biological activity in 
the activated sludge. 
 
   
Figure 2.8. Pilot-scale plate-and-frame FO treatment system operated and at the Colorado School of 
Mines AQWATEC laboratory. 
 
In a second, long-term evaluation, a UF membrane was operated in parallel with the FO 
membrane to maintain constant bioreactor salinity. This mitigated the negative effects of salt 
(b) (a) 
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accumulation in the activated sludge and to produce a treated water stream fit for phosphorus recovery 
and non-potable reuse applications [68, 69]. High quality RO permeate and phosphorus rich UF permeate 
were continuously produced for an additional four months of system operation and the salinity in the 
activated sludge was sustained at a low concentration because ions were continuously extracted from the 
bioreactor through the UF membrane. Furthermore, the addition of coarse bubble aeration (previously 
fine bubble) used to air scour the FO membranes and provide gas lift through the plate and frame 
cassette resulted in dramatically reduced membrane fouling (Figure 2.9). This is exemplified by constant 
water flux that was maintained for 125 days of operation without membrane cleaning.  
 
           
Figure 2.9. FO CTA membrane fouling from long-term pilot-scale testing (a) before and (b) after 
introducing a parallel UF membrane operation and course air bubble aeration between plate-and-frame 
cassettes. 
 
2.4.2.4 FO for concentration of foods and beverages 
The concentration of liquid foods and beverages is an important and equally sensitive process in 
industrial food production. Traditionally, foodstuffs are concentrated using multi-stage vacuum 
evaporation or even RO. However, these processes can reduce the quality of the final concentrated 
product. Heat generation and vapor losses can negatively impact food color, taste, and potentially the 
nutritional value of the final concentrate [70], and RO operation is limited by osmotic pressures at high 
feed concentrations. Jiao et al. [71] and Petrotos and Lazarides [70] have published thorough summaries 
of membrane application in the food industry, including results from FO studies. The first attempt to use 
modern applications of FO was by Popper et al. in 1966 [72]. First generation RO membrane made of 
cellulose acetate was used in both flat sheet and tubular configurations. Using a highly concentrated NaCl 
draw solution, the membranes produced 2.5 L/m2-hr and were able to increase grape juice concentration 
by 44° Brix (the measure of sugar content of an aqueous solution). However, reverse solute diffusion of 
salt [73, 74] into the grape juice concentrate demonstrated the need for different, more appropriate draw 
solutions. Improving upon the concept, Beaudry and Lampi [75] investigated a 72° Brix sugar draw 
solution employed in a newly developed plate-and-frame membrane element, housing a thin film 
 
 69 
type #2, there was not any apparent detrimental effect on the rejection properties during opera-
tion, based on the analysis performed of carbon and nutrients in the activated sludge and draw 
solution during Phase II. The extent of fouling observed by the end of Phase II had gone well 
beyond the stage of reversible fouling of the membrane pictured in Figure 35. The accumulation 
of fouling between the plates can be attributed to insufficient mixing and air scouring of the acti-
vated sludge in the spaces between the plates. Modifications to the prototype could be made to 
incorporate the air diffusers more efficiently or the spaces between the plates could be increased, 
with some expense to the packing density of the plate-and-frame module. 
 
   
Figure 36. Photographs of two of the membranes of prototype #2, taken after 126 days of normal 
OMBR operation. The surface in the photograph on the left shows an accumulated layer of foul-
ing attached to most of the surface, with some of the surface, near the bottom of the plate, appar-
ently still relatively clean. The surface of the photograph on the right shows two major fouling 
sites in addition to the near complete-surface coverage of accumulated fouling. 
 
During Phase II fouling was allowed to develop on the surfaces of the membrane, where 
the aeration had not been sufficient to keep the activated sludge from attaching to the membrane 
surface. This is the type of fouling that must be avoided during long-term operation. If prevented 
before it starts with intermittent backwashing and appropriate air scouring, surface fouling may 
not become a problem, as was the case during Phase I. The problems encountered in Phase II in-
dicated that some modification to the OMBR prototype was necessary before pilot testing could 
continue. 
(a) (b) 
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composite (TFC) membrane coupon. These improvements increased water flux to 5-6 L/m2-hr, while 
providing greater than 99.9% rejection of orange juice acids and red raspberry juice color sensory. In 
1993, Wrolstad et al. [76] compared Osmotek’s FO treatment of red raspberry juice to traditional vacuum 
concentration. Using a high fructose corn syrup draw solution, the resulting FO concentrate was analyzed 
and found to be of equal or higher quality than that produced by vacuum evaporation. 
Two studies conducted by Petrotos et al. [72, 77, 78] further investigated these findings when 
applying FO to tomato juice concentrate. This is a very challenging application because tomato juice is 
considered one of the most concentrated vegetable juices in the industry. Experimental results suggest 
that draw solution viscosity directly impacts overall water flux (e.g., low viscosity draw solutions provide 
improved water flux). Additionally, it was concluded that decreasing membrane thickness provided an 
exponential increase in water flux. When the tomato juice feed stream was also pretreated with a filtration 
process FO performance improved, providing a 39% increase in water flux in comparison to no 
pretreatment. Over ten years later, FO is still being investigated for treatment of liquid foodstuff, where 
Garcia-Castelloa et al. [79] concentrated orange peel press liquor using FO. This research showed that 
FO is a promising alternative to traditional dewatering processes and also concluded that minimal 
pretreatment prior to FO may help limit declining permeate flux due to membrane fouling. 
Based on tested membrane performance, FO can be a well-suited treatment alternative for use in 
the food processing industry and competitive with traditional vacuum evaporation and RO. Under 
optimized membrane design and proper choice of osmotic draw solution, sustainable water flux can be 
generated at low temperatures and low pressures that are desired in these types of applications. 
 
2.5 Technological progress to enable better utilization in the O&G and other industries 
FO treatment has shown great applicability and competitiveness in challenging industrial 
applications. Two commercialized FO membrane processes have proven successful in treatment of O&G 
wastewater for beneficial reuse. Nonetheless, to better apply the treatment strategies and optimize 
system performance, substantial improvements can still be made in FO. Three independent reviews [23, 
25, 48] presented several shortcomings of FO that need to be addressed by future research and 
development. Membrane manufacturing and module design are being continually improved, including 
increasing membrane robustness, permeability, chemical stability and range and rejection of 
contaminants of concern. New FO membranes for O&G must minimize internal concentration polarization 
[50, 74, 80-85] in order to reduce the loss of osmotic driving force across the membrane as waste 
streams become concentrated. Improvements should also be made to draw solutions, maximizing 
osmotic pressure while minimizing reverse solute diffusion, regeneration and recovery costs, toxicity, and 
reactivity with the membrane active layer. 
 
2.5.1 New membranes 
First generation FO membranes were produced by HTI using cellulose triacetate. This polymer is 
cast with an embedded polyester mesh for membrane support while forming a dense semi-permeable 
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active layer. The goal was to minimize the active layer thickness of the asymmetric membrane, 
theoretically increasing membrane water permeability without compromising contaminant rejection or 
membrane integrity. These CTA membranes for FO are still under development and are the workhorse of 
the Green Machine; however, studies and recent field tests in regional gas plays have shown that while 
these first generation membranes are very robust, they do not have the desired water permeability and 
salt rejection, and they can only operate in a narrow pH range [86, 87]. Recently developed TFC FO 
membranes by HTI and Oasys for this same application were tested by Coday et al. [88]. The TFC 
membranes exhibited better water flux than CTA membranes; however, the reverse salt flux of TFC 
membranes was higher and more affected by the transmembrane pressure common in the latest O&G 
FO treatment modules. Rejection of organic molecules was comparable between the TFC and CTA 
membranes, at approximately 96%. The study demonstrated that new membrane materials and structure, 
coupled with operating conditions, might influence the preferential reverse diffusion and rejection of 
charged ions. This phenomenon is important and can impact specific process applications and requires 
further investigation. 
Looking to the future, Wang et al. [86] suggest that the most effective FO membranes must have 
a very thin active layer supported by a thin support whose structure is highly porous to minimizes internal 
concentration polarization. The membrane surface composition should be hydrophilic, which may help 
minimize O&G foulant deposition on the membrane surface and increase water permeability when 
treating viscous fracturing flowback fluids. Furthermore, the membrane chemistry must tolerate large 
shifts in pH and maintenance with various aggressive chemicals to maintain efficient and uninterrupted 
operation at the well site. 
Several academic studies have focused on the advanced development of these FO membranes 
[82, 83, 85-87, 89-96]. For example, Wang et al. [86] investigated the production of thin-film composite 
FO hollow fibers with an ultra-thin active layer. This active layer, very similar to an RO selective layer, can 
be produced on the inside or outside wall of the hollow fiber membrane. Results from the experiments 
suggest that it is possible to easily tailor this process and the membrane active layer to meet specified 
requirements. The use of hollow fiber membranes could increase membrane-packing density and avoid 
the severe pressure drop of spiral wound membrane modules when they become fouled/clogged. Qiu et 
al. [87] produced a positively charged flat sheet membrane using polyamide-imide (PAI) substrate with a 
polyelectrolyte post-treatment. This produced an asymmetric, micro-porous membrane with an active 
layer similar to that of a NF membrane. Unfortunately, membranes for O&G wastewater treatment should 
be negatively charged, which would decrease the affinity of negatively charged organic molecules to 
adhere to the membrane surface. Setiawan et al. [89] built upon this same research to develop a PAI 
membrane with a less positively charged active layer to help mitigate the attraction of negatively charged 
organic molecules. In general, both casting techniques and membrane substrate selection have allowed 
polymer scientists to produce better FO membranes, tailored for specific applications and different feed 
water compositions, with the goal of satisfying the criteria established above. For O&G wastewater 
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recovery, membrane manufacturers are challenged with balancing several requirements; membrane 
robustness, support layer porosity, and rejection should be maximized, while the thickness of the 
membrane active layer and tortuosity of the membrane’s support layer should be minimized. 
 
2.5.2 New membrane configurations 
Several different membrane configurations have been developed and investigated in attempts to 
provide the best overall rejection, water flux, and operating efficiency, given certain feed water 
composition and characteristics. Well-developed configurations include plate-and-frame, spiral wound, 
hollow fiber, and tubular. FO membranes have only been tested at the pilot-scale using traditional spiral 
wound configurations. Spiral wound modules are very similar to those used in traditional RO applications 
but with specific design modifications [23]. Typical RO spiral wound modules only accept one stream flow 
(e.g., feed stream) while FO modules must accept two streams simultaneously (Figure 2.10). To do this, 
the membrane envelope and center collection tube in spiral wound FO modules are modified. The center 
tube (now the draw solution conduit) is plugged half way and the envelope is partially glued down the 
centerline [23]. This forces draw solution to enter one half of the membrane envelope, flow across the 
membrane surface, and be collected in the other half of the plugged center tube. The feed solution flows 
through the module over the modified membrane envelopes, similar to the feed flow in RO spiral wound 
modules. Using spiral wound modules, feed channel clogging has been observed in previous O&G tests 
in the field; this is especially true when no pretreatment is applied before the FO process as practiced in 
the operation of the Green Machine. 
 
 
Figure 2.10. In spiral wound FO modules, the membrane envelope and center collection tube are 
modified. The center tube (the draw solution conduit) is plugged half way and the envelope is partially 
glued down the centerline. This forces draw solution to enter one half of the membrane envelope, flow 
across the membrane surface, and be collected in the other half of the plugged center tube. The feed 
solution flows through the module over the modified membrane envelopes, similar to the feed flow in RO 
spiral wound modules. Adapted from [23]. 
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In plate-and-frame modules, flat membrane sheets are held in place on frames and support 
systems. This system is typically submerged in a tank containing the feed stream (e.g., OMBR 
applications) while draw solution flows between the sealed membranes and plate support. This 
configuration can also be applied to O&G wastewater recovery; however, the footprint of the setup would 
likely increase in comparison to a spiral wound configuration. A custom tank may also be necessary that 
is capable of providing air scouring between the membrane plates, similar to an OMBR application. 
Tubular and hollow fiber membranes (Figure 2.11) are similar to MF and UF designs commonly 
employed in MBR applications. These configurations are durable and self-supported, with an active layer 
that can be produced on either the inner or outer sides of the tube/fiber. It is important to note that in 
hollow fiber membranes and other configurations, the orientation of the FO membrane (e.g., active layer 
facing feed or draw solution) can have significant impacts on system performance and fouling tendency. 
For O&G wastewater treatment, one of the main technological challenges is the need to improve 
process hydraulics to avoid clogging of flow channels in the membrane elements and optimize the 
manufacturing and operation of membranes. Dissolved and suspended constituents in drilling and frac 
flowback wastewater and produced water are major membrane foulants, and upon concentration during 
the treatment process they can clog the membrane elements. Membrane fouling results in high operating 
and maintenance costs, prolonged system shutdowns, and ultimately permanent membrane damage. 
Although typical FO membranes are highly hydrophilic, and thus reduce fouling propensity of the 
membrane, precipitation of solids in the feed flow channels inside the membrane elements may retard the 
performance of the process. Novel membrane feed spacers, new membrane configurations (such as 
capillary membranes), optimized membrane manufacturing and incorporation of applicable pretreatment 
processes should be further investigated. 
 
	  
Figure 2.11. Hollow fiber FO membranes are group in bundles of varying size and potted at each end. 
The potted membrane bundle is then installed into a membrane housing or shell where, depending on the 
membrane orientation, the draw solution can either flow on the inside or outside of the hollow fiber. 
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2.5.3 New draw solutions 
Another important aspect to successful FO is the selection of a suitable draw solution that is well 
matched to the process (e.g., toxic or saline solutions are inadequate for beverage concentration). NaCl 
is used in the Green Machine because it is readily available on site, highly soluble, non-toxic, 
inexpensive, and easily reconcentrated while providing high osmotic pressures. However, there are more 
than 500 inorganic compounds that can be potentially used as draw solutions; 14 were chosen and 
investigated in a recent study by Achilli et al. [42]. Other investigations have studied the applicability of 
dissolved gases such as sulfur dioxide and ammonium bicarbonate, or even nanoparticles such as 
magnetoferritin as suitable draw solutions in tailored FO applications [18, 42-47]. A summary of FO draw 
solutions is provided in Table 2.2. Due to the highly saline nature of O&G produced water, which 
effectively lowers the osmotic pressure driving force, innovative draw solutions with exceptionally high 
osmotic pressure are required. Solutions that are also compatible with O&G reuse options such as 
hydraulic fracturing or well drilling must also be considered. 
 
Table 2.2. Overview of draw solutes/solution used in FO investigations and their recovery methods. 
Adapted from [25, 28] 
Year Draw solute/solution Recovery method Research group 
1964 NH3 and CO2 Heating Neff [97] 
1965 Volatile solutes (e.g. SO2) Heating or air stripping Batchelder [98] 
1965 Mixture of water and another gas 
(SO2) or liquid (aliphatic alcohols) 
Distillation Glew [99] 
1970 Organic acids and inorganic salts Temperature variation/chemical reaction Hough [97] 
1972 Al2SO4 Precipitation by doping Ca(OH)2 Frank [100] 
1975 Glucose None Kravath & Davis [101] 
1976 Nutrient Solution None Kessler & Moody [102] 
1989 Fructose None Stache [103] 
1992 Sugar RO Yaeli [104] 
1997 MgCl2 None Loeb [105] 
2002 KNO3 and SO2 SO2 is recycled through standard means McGinnis [106] 
2005-07 NH3 and CO2 (NH4HCO3) Moderate heating (~60 °C) Elimelech [44, 107, 
108] 
2007 Magnetic nanoparticles Captured by a canister separator Adham [109] 
2007 Dendrimers Adjusting pH or UF Adham [109] 
2007 Albumin Denatured and solidified by heating Adham [109] 
2008 Salt, ethanol Pervaporation  McCormick [110] 
2010 2-Methylimidazole-based solutes FO-MD Chung [47] 
2010-11 Magnetic nanoparticles Recycled by a magnetic field Chung [111, 112] 
2011 Stimuli-responsive polymer hydrogels Deswelling the polymer hydrogels Wang [113] 
2011 Fertilizers Unnecessary Shon [114, 115] 
2011 Hydrophilic nanoparticles UF Chung [115] 
2011 Fatty acid-polyethylene glycol Thermal method Lyer & Linda [116]  
2012 Sucrose NF Su [117] 
2012 Thermo-sensitive solute (derivatives of 
Acyl-TAEA) 
None Noh [118] 
2012 Urea, ethylene glycol, and glucose None Yong [119] 
2012 Polyglycol copolymers NF Carmignani [120] 
2012 Hexavalent phosphazene salutes None Stone [121] 
2012 Organic ionic salts (e.g. Mg(CH3COO)2 RO Childress [43] 
2012 Polyelectrolytes  UF Chung [45] 
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2.5.4 Pretreatment before FO 
Similar to pressure driven membrane processes, FO can be appreciably enhanced if appropriate 
pretreatment processes are implemented upstream of the FO process. While the Green Machine 
operates with no pretreatment, the MBC relies on adequate feed stream pretreatment to protect the FO 
membranes. The following is a list of suitable pretreatment processes, each with a short description: 
• Coagulation/flocculation aids in the removal of suspended and colloidal particulates to reduce 
premature membrane fouling. It can make the fouling cake layer more porous and permeable when 
treating highly fouling feed streams, such as O&G frac flowback and concentrated domestic 
wastewater sludge and digester centrate. 
• Acid/base pH control aids in precipitation of dissolved metals and protects the chemistry of the 
membrane active layer. This is especially important when using a CTA FO membrane, where the 
feed stream pH should be between 4 and 8. 
• Scale mitigation/softening aids in precipitation or exchange of scale forming compounds to limit 
premature membrane scaling. Scale mitigation can be used prior to FO when treating high salinity 
produced waters  (>70,000 ppm) having elevated concentrations of sparingly soluble salts. 
• Filtration (granular media/MF/UF) aids in the removal of suspended and precipitated particulates to 
reduce premature membrane fouling and flow channel blocking/clogging. Filtration can be used when 
treating grit laden drilling mud and frac flowback wastewaters. Filtration may be especially used to 
protect TFC FO membranes because the active layer of these membranes is more delicate than that 
of the CTA FO membrane. 
• Dissolved air floatation aids in the removal of oil, fats, and insoluble organics to reduce premature 
membrane fouling and damage to the membrane active layer. Dissolved air floatation can be used to 
remove elevated concentrations of emulsified hydrocarbons from produced waters, which may sorb to 
the membrane active layer and irreversibly foul the membrane. 
• Advanced oxidation aids in the destruction of oils and fats and oxidizes reduced inorganic metal 
species for subsequent removal. Advanced oxidation can be especially important when treating frac 
flowback wastewater by further degrading any remaining polymers or guars remaining from the 
hydraulic fracturing process. 




Forward osmosis is a suitable and effective process for treatment of difficult waste streams, and it 
was demonstrated at all scales of research and development, including bench scale, pilot scale, and 
commercial demonstration. Specifically in O&G exploration and production, FO is a promising technology 
that enables exploration companies to utilize effective wastewater treatment and promote beneficial water 
reuse in decentralized and remote locations. Currently, there are several different approaches and 
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methods for implementing the technology; however, it is unclear which approach is most suitable, leaving 
significant room for more research. Ultimately, O&G exploration companies will choose the water 
management option that (a) is physically practical for on-site operation with their waste stream, (b) 
accepted by state and federal regulators, and (c) sustainable over extended periods of operation. 
Compared to traditional disposal methods, both the HTI Green Machine and the Oasys Water 
Membrane Brine Concentrator FO systems demonstrated net cost advantages of more than 45% and 
60%, respectively, in recent demonstration scale tests; however, a direct cost comparison between these 
two FO technologies is difficult to conduct at this time. The Green Machine is suitable for treating O&G 
waste streams with minimal or no pretreatment, but is currently more suitable for treating wastewaters 
with less than 70,000 ppm TDS. The Membrane Brine Concentrator system uses two pretreatment steps 
prior to FO membrane treatment, but can target feed stream salinities in excess of 70,000 ppm TDS.  
FO has shown great versatility by successfully treating a wide range of feed stream salinities and 
producing equally wide ranges of product water quality – from diluted saline solution to RO permeate 
suitable for potable and non-potable reuse. Ultimately, other industries that produce complex liquid 
streams can benefit from the experiences of FO treatment of O&G E&P wastewater. The limitations of FO 
need further investigation, as new generations of TFC membranes and novel draw solutions are being 
developed. Further research is needed to test these membranes and draw solutions in conjunction with 
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CHAPTER 3 
THE EFFECTS OF TRANSMEMBRANE HYDRAULIC PRESSURE ON PERFORMANCE OF 
FORWARD OSMOSIS MEMBRANES 
Modified from a paper published in the journal Environmental Science and Technology1  
 
Bryan D. Coday2v, Dean M. Heil2, Pei Xu3 and Tzahi Y. Cath2* 
 
3.1 Abstract 
Forward osmosis (FO) is an emerging membrane separation process that continues to be tested 
and implemented in various industrial water and wastewater treatment applications. The growing interests 
in the technology have prompted laboratories and manufacturers to adopt standard testing methods to 
ensure accurate comparison of membrane performance under laboratory-controlled conditions; however, 
standardized methods might not capture specific operating conditions unique to industrial applications. 
Experiments with cellulose triacetate (CTA) and polyamide thin-film composite (TFC) FO membranes 
demonstrated that hydraulic transmembrane pressure (TMP), common in industrial operation of FO 
membrane elements, could affect membrane performance. Experiments were conducted with three FO 
membranes and with increasing TMP up to a maximum of 50 psi (3.45 bar). The feed solution was a 
mixture of salts and the draw solution was either a NaCl solution or concentrated seawater at similar 
osmotic pressure. Results revealed that TMP minimally affected water flux, reverse salt flux (RSF), and 
solute rejection of the CTA membrane. However, water flux through TFC membranes might slightly 
increase with increasing TMP, and RSF substantially declines with increasing TMP. It was observed that 
rejection of feed constituents was influenced by TMP and RSF. 
	   	   	   	  
1Reprinted with permission of Environmental Science and Technology, 2013, 47(5), 2386-2393. 
2Colorado School of Mines, Golden, CO, USA 
3New Mexico State University, Las Cruces, NM, USA 
vPrimary researcher and author 
*Corresponding author: e-mail: tcath@mines.edu; phone: (303) 273-3402; fax: (303) 273-3413 
 
3.2 Introduction 
Since the first academic review on the principles and applications of forward osmosis (FO) [1], 
more than 150 journal articles have been published focusing on new developments and advancements 
made in both industry and academia [2]. The process has successfully established itself as a robust 
treatment technology capable of meeting the needs of various water and wastewater treatment 
applications such as management of landfill leachates [1, 3], concentrating of liquid foodstuff and 
beverages [4-7], treatment of domestic wastewaters [8-11], concentration of anaerobic digester centrate 
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[12], and more recently treatment of oil and gas exploration and production wastewater [13]. The 
continual drive towards advanced industrial wastewater treatment has spurred academic research to 
develop better performing FO membranes, increasing water permeability and membrane robustness 
while maintaining high contaminant rejection, and minimizing solute transport through the membrane [14-
16]. These rapid progressions, both in industrial applications and academic research and development, 
require not only standardized membrane testing methods [17] but development of advanced testing 
apparatuses and procedures to mimic true industrial conditions at the bench scale. 
A joint effort by seven laboratories recently resulted in standard testing protocols under which FO 
membrane performance can be evaluated and compared, addressing the lack of uniform testing methods 
used in previous studies [17, 18]. The study suggested several operating conditions that should be held 
constant when assessing the performance and integrity of FO membranes. These include hydraulic 
transmembrane pressure (TMP), system temperature, draw solution (DS) solute and concentration, and 
cross-flow velocity. This method provides an unbiased platform upon which new and commercially 
available FO membranes can be compared. However, it is not clear if membrane performance under 
these standardized laboratory conditions can be compared to those experienced in industrial scenarios. 
The net transport of water across membranes in FO is driven by a difference in osmotic pressure 
and intrinsically requires no hydraulic TMP, which should be minimized (e.g., close to 0 psi) under 
standard laboratory conditions. Conversely, industrial FO applications require pressurization of the feed 
and DS streams to overcome hydraulic resistance in the flow channels of spiral wound membrane 
modules. When several elements are connected in series, adequate hydraulic pressure must be supplied 
at the entrance (leading element) to ensure feed and DS flow through the entire vessel and residual 
pressure at the last element (tail element). This can translate into nearly 60 psi hydraulic pressure in the 
feed channels of the first FO element in a pressure vessel, resulting in net TMP if the pressure is different 
between the feed and DS streams. In hollow fiber and plate-and-frame membrane modules, DS flow is 
driven by vacuum to maintain membrane structural integrity. This too introduces hydraulic TMP across 
the membrane in addition to the osmotic driving force. Consequently, existing standard testing methods 
may not properly capture true membrane performance in the presence of hydraulic TMP. 
The overall objective of this study was to investigate changes in membrane performance as a 
function of increasing hydraulic TMP. This study is not meant to supplement those methodologies 
previously published [17], but to highlight the knowledge gap that still exists between standardized 
membrane comparisons at the bench scale and performance comparisons under hydraulic conditions 
common in industrial applications. TMP effects on FO membrane fouling were previously explored; 
however, they only supplemented a study on water recovery from sewage – it lacked a methodical 
experimental investigation and laboratory analyses [11]. The current study focuses on water flux, reverse 
salt flux (RSF), inorganic and organic feed ion rejection, and bidirectional solute flux, all of which have 
been thoroughly investigated in the past [1, 19-22]; however, prior studies have not consider membrane 
performance under elevated TMPs. Three commercial membranes were tested and experimental 
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conditions followed standardized methods whenever possible while still addressing the objectives of this 
study. It is important to note that TMP in this study (higher pressure in the feed stream) should not be 
confused with TMP in pressure-retarded osmosis (PRO) (higher pressure in the DS). A thorough study on 
the effects of TMP in PRO is provided elsewhere [23]. 
 
3.3 Materials and methods 
3.3.1 Membrane selection 
Three flat sheet FO membranes were tested. The first membrane was an asymmetric cellulose 
triacetate (CTA) membrane from Hydration Technology Innovations (HTI) (Albany, OR). The other two 
membranes were thin film composite (TFC) polyamide-based membranes manufactured by Oasys 
(Boston, MA) (designated TFC1) and HTI (designated TFC2). Although commercial and partially tested in 
the field, both TFC membranes are still under development and experience varying performance under 
similar testing conditions [24-26]. The three membranes were tested with their active layer facing the feed 
solution. Physical and chemical membrane characteristics are summarized in Table A1 in Appendix A. 
Membrane samples were stored at 5 °C and rinsed with Milli-Q deionized water prior to 
installation. TFC1 was also wetted in-situ using a 50% isopropyl alcohol solution for 5 minutes following 
manufacturer recommendations to ensure complete pore saturation (Table A1 in Appendix A). To ensure 
unbiased results (i.e., water flux and RSF), integrity tests with 1 M NaCl DS and Milli-Q water feed were 
performed after installation of a new membrane and after every two experiments with inorganic feed 
solution. The membranes were replaced if the water flux or RSF differed by more than 10% from the 
initial integrity test. During experiments with humic acid in the feed stream integrity tests were performed, 
but the membrane was replaced after each experiment due to potential organic fouling of the membrane. 
 
3.3.2 Membrane characterization 
Water permeability coefficients (A), solute (NaCl) permeability coefficients (B), and membrane 
structural parameters (S), were determined through RO and FO tests [17]. A cross-flow test cell with a 
membrane area of 42 cm2 was used with fixed feed flow velocity of 25 cm/s, constant feed temperature of 
20±0.5 °C, and feed volume of 20 L. Experiments were conducted with either deionized water or 35 mM 
NaCl feed solution. The cumulative weight of permeate was continuously measured with an analytical 
balance connected to a data acquisition system (Lab VIEW, National Instruments (Austin, TX) and UE9-
Pro, LabJack (Lakewood, CO)). The conductivity of the feed and permeate streams was continuously 
measured using calibrated conductivity probes (Oakton Instruments, Vernon Hills, IL). The values were 
logged into the data acquisition system that continuously calculated water flux and solute rejection. 
Before RO tests, membranes were compacted with deionized water feed at 125 psi until steady 
state water flux was reached. Low compaction pressures were used due to the highly permeable nature 
of the chosen membranes [17]. Pure water flux was then measured at feed pressures of 50, 100, and 125 
psi for three hours each. This procedure was repeated with a 35 mM NaCl feed solution. Experimental 
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results from RO tests were used to calculate A and B, and the experimental results from FO tests with 
deionized feed water and 1 M NaCl DS were used to calculate S, as described in previous publications 
[17, 27, 28]. 
The surface charge of each membrane’s active and support layer was determined by zeta-
potential measurement using an electrokinetic analyzer (SurPass, Anton Paar GmbH, Austria) using a 2 
mM KCl electrolyte solution. The hydrophobicity of the membrane active layer was determined using 
sessile drop (TFC1 and TFC2) and captive bubble (CTA) contact angle measurements and deionized 
water. 
 
3.3.3 Bench-scale FO system 
The bench-scale FO apparatus used was similar to that described in a previous publication [17] 
(Figure A1 in Appendix A). A custom membrane test cell consisting of symmetric flow channels (26.35 x 
5.50 x 0.17 cm) and 145 cm2 effective area was utilized. Nitrile rubber gaskets provided membrane 
support and adequate depth in each flow channel. Commercially available turbulence-enhancement net 
and tricot spacers were installed in the DS flow channel to provide membrane support under a 
hydraulically pressurized feed. The tricot spacer was in contact with the membrane support layer, 
mimicking the conditions inside a spiral wound membrane element. Data acquisition software was utilized 
to control experimental conditions (i.e., system temperature of 20±0.5 °C, feed solution volume of 3 L, 
and DS concentration) and to collect experimental data (i.e., feed and DS conductivities, feed solution 
volume). Feed and draw solutions were circulated co-currently in the test cell at 25 cm/s and returned to 
their respective tanks. Further details on system design and operation are available elsewhere [20, 29]. 
 
3.3.4 Solution chemistry 
3.3.4.1 Draw solution 
ACS grade NaCl (Fisher Scientific, Fair Lawn, NJ) was used to prepare the DS. Stock solution 
was prepared in 20 L batches to eliminate variability in DS chemistry. During experiments with inorganic 
feed solution, the concentration of DS was maintained at 1 M by dosing a concentrated stock solution of 
300 g/L NaCl (ACS, Sigma-Aldrich, St. Luis, MO). During experiments using organic feed solution, the DS 
was osmotically diluted. 
Formulated sea salt (Instant Ocean, Madison, WI) was used to prepare surrogate seawater DS 
for specific sets of experiments (composition provided in Table A2 of Appendix A). The seawater DS was 
prepared in 20 L batches at a concentration of 60.1 g/L to generate osmotic pressure similar to the 1 M 
NaCl DS (approximately 680 psi (47 bar)). The seawater DS concentration during FO experiments was 
maintained constant by slow dosing of a concentrated sea salt (175 g/L). 
 
3.3.4.2 Inorganic feed solution 
Three ACS grade inorganic salts were used for the preparation of the feed solution. These 
include MgSO4, KNO3, and LiBr (Fisher Scientific, Fair Lawn, NJ). Stock solution containing 20 mM of 
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each salt was mixed with Milli-Q water in 20 L batches. The calculated osmotic pressure of the feed 
solution was 36 psi (2.5 bar). These salts were chosen to investigate the effects of TMP and solute 
properties such as molecular weight and ionic and hydration radius on solute rejection and RSF. Distilled 
water (Corning, Mega-Pure MP-3A) was used to replenish the 3 L feed volume (compensating for water 
that permeated through the FO membrane into the DS) in order to minimize ion loading into the feed 
water. 
 
3.3.4.3 Organic feed solution 
A composite organic feed solution of ACS grade humic acid and NaCl (Sigma-Aldrich, St. Louis, 
MO) was tested in a separate set of experiments. A concentrated stock solution of 5 g/L humic acid was 
prepared using Milli-Q water. 20 L batches of feed solution were prepared with 10 mM NaCl in Milli-Q 
water. For each experiment 3 L of the NaCl feed solution was transferred into the feed tank. 
Subsequently, 30 mL feed solution was removed from the feed tank and replaced with 30 mL humic acid 
stock solution. The resulting humic acid concentration in the feed solution was 50 mg/L. 
 
3.3.5 Experimental procedures 
3.3.5.1 Experiments with inorganic feed solution 
A set of five tests was conducted with each membrane using inorganic feed solution and NaCl 
DS. With the membrane test cell removed, 3 L of feed solution and 1 L of DS were transferred to their 
respective tanks and brought to constant temperature. Subsequently, the test cell was connected 
horizontally with feed solution flowing on top and DS flowing under the membrane. 
A baseline experiment was first conducted under true FO conditions (e.g., ΔP=0 psi). The TMP 
was then increased and held constant in each successive test in favor of the feed; thus, TMPs of 6, 18, 
30, and 50 psi were investigated in each set of experiments. This pressure differential was maintained 
using needle valves installed on the test cell discharge lines with higher pressure in the feed stream 
(Figure A1 in Appendix A). Feed and DS pressures were monitored using pressure gauges (Ashcroft, 
Stratford, CT) installed at the test cell inlets. The feed volume and the DS concentration were held 
constant throughout each experiment. These conditions sustained a constant osmotic driving force, 
allowing for an unbiased comparison of water flux and ion transport between experiments with different 
TMP. RSF was monitored using a calibrated conductivity probe installed in the feed tank (Oakton 
Instruments, Vernon Hills, IL) and verified analytically using IC and ICP analysis of feed samples. Water 
flux was calculated using the change of weight of deionized water in the feed dosing tank positioned on 
the analytical balance.  
A set of three additional tests was conducted on each membrane using seawater DS. 
Experimental setup and preparation followed the same procedure; however, after initial baseline 
experiments (ΔP=0 psi), only two additional tests were conducted, one at 6 psi and the other at 18 psi 
TMP. 
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3.3.5.2 Experiments with organic feed solution 
A set of two tests (TMP=0 or 18 psi) was conducted on each membrane using organic feed 
solution and NaCl DS. Experimental preparation and data collection followed procedures described in the 
previous section; however, tests were conducted under osmotic dilution mode in which the DS was slowly 
diluted as water permeated through the FO membrane. Feed volume was held constant by replenishing 
the feed reservoir with distilled water. We operated in osmotic dilution mode because the concentrated 
NaCl dosing solution contained TOC impurities that under regular FO operation will make it impossible to 
quantify TOC transport from the feed into the DS. 
 
3.3.6 Sampling and analytical methods 
Six samples were drawn during each experiment with inorganic feed solution. Feed and DS 
baseline samples were taken from each tank after 15 minutes from the beginning of each experiment and 
after 750 mL and 1500 mL of water permeated through the membrane into the DS. The change in 
individual ion concentrations was measured and correlated to the volume of each tank at the time of 
sampling. Therefore, the change in mass of each ion could be calculated in both solutions to determine its 
flux and direction of diffusion. To ensure accurate mass balance calculations, samples were also drawn 
from the feed and DS dosing tanks to correct for ions dosed to each tank that did not diffuse through the 
membrane.  Samples were stored at 5 °C prior to dilution for analysis. 
Cation and anion concentrations were analyzed for each sample using inductively coupled 
plasma atomic emission spectroscopy (ICP-AES) (Optima 5300, Perkin-Elmer, Fremont, CA) and ion 
chromatography (IC) (ICS-90, Dionex, Sunnyvale, CA), respectively. Cations were tested in triplicates 
with a maximum allowable deviation of 10% and anions in duplicates with a maximum allowable deviation 
of 5%. Analytical results were used to calculate the mass balance of individual ions to assess the effects 
of TMP on forward and reverse solute transport. 
Four samples were drawn during each experiment with organic feed solution. Baseline samples 
from the feed and DS tanks were taken after 15 minutes from the beginning of each experiment and after 
2000 mL of water permeated through the membrane into the DS. Similar mass balance calculations to 
those using inorganic feed solution were utilized. Samples were preserved using concentrated phosphoric 
acid and stored at 5 °C prior to dilution for analysis in triplicates using a carbon analyzer (Shimadzu TOC-
L, Columbia, MD). 
 
3.4 Results and discussion 
3.4.1 Water flux 
Water flux was calculated after each FO experiment to determine the effects of applied hydraulic 
TMP on water permeability through the membrane. Water flux as a function of TMP is shown in Figure 
3.1 for experiments conducted with inorganic feed solution and NaCl or seawater DS. 




Figure 3.1. Water flux as a function of TMP for (a) experiments with 1 M NaCl draw solution and (b) 60.1 
g/L seawater draw solution. Both draw solutions were maintained at constant concentration and the feed 
solution volume was held constant. The system was maintained at 20±0.5 °C. Feed was a solution of 
MgSO4, KNO3, and LiBr, 20 mM each. 
 
Minimal changes in water flux were observed for the three membranes when TMP was elevated. 
The small fluctuations in flux are within the range of experimental errors associated with the tested 
membranes. Water flux through TFC1 fluctuated, but considering the high flux through this membrane, 
the changes were minimal. This membrane also showed high flux variability in previous studies [17]. 
Water flux through the CTA membrane was relatively constant, regardless of the DS used, and flux 
through TFC2 constantly increased when subjected to rising TMP, both with NaCl and seawater DSs. It is 
likely that TFC2 has some characteristics of loose RO and NF membrane, which affect both water flux 
and salt rejection through this membrane. It is worth noting that results from preliminary tests revealed 
that membrane compaction had negligible effects on water flux through the three membranes. 
Water flux through the TFC membranes at 0 psi TMP during experiments with both the NaCl DS 
(Figure 3.1a) and seawater DS (Figure 3.1b) was lower than those measured during integrity tests (Table 
A1 in Appendix A). This is attributed to the elevated salinity of the feed in the current experiments coupled 
with increased concentration polarization expected with high flux. A more pronounced decrease in water 
flux was observed with seawater DS. While the calculated osmotic pressure of the two DSs was similar, 
larger ions such as magnesium, calcium, sulfate, and carbonates induce lower flux in FO compared to 
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3.4.2 Reverse salt flux 
RSF was measured by both monitoring increasing feed conductivity during the experiments and 
through IC and ICP-AES analysis of feed and DS samples. RSF as a function of TMP is shown in Figure 
3.2 for experiments conducted with NaCl or seawater DSs. 
 When increasing the TMP, very little change in RSF through the CTA membrane was observed 
during all experiments. Different trends were observed for TFC1 and TFC2, where increased TMP 
resulted in a decline of RSF. During both NaCl DS experiments (Figures 3.2a and 3.2b) and seawater DS 
experiments (Figures 3.2c and 3.2d), a decline in RSF was observed when TMP increased from 0 to 50 
psi. The decline in RSF may be attributed to physical changes in the membrane active layer as a function 
of the hydraulic pressure. Increasing pressure at the membrane surface may have compressed the 
interface between the thin active layer and support layer of the TFC membranes, thus reducing RSF and 
salt permeability of the membrane, while minimally affecting water flux. 
 
 
Figure 3.2. RSF (NaCl) measured in the feed solution as a function of TMP with (a) a calibrated 
conductivity probe in the feed reservoir (1 M NaCl draw solution), (b) IC and ICP-AES analysis of feed 
samples (1 M NaCl draw solution), (c) a calibrated conductivity probe in the feed reservoir (60.1 g/L 
seawater draw solution), and (d) IC and ICP-AES analysis of feed samples (60.1 g/L SW draw solution). 
RSF from IC and ICP-AES data was calculated based on the slower reverse diffusing ion through the 
membrane (sodium for the CTA membrane and chloride for the TFC membranes), assuming that the 
difference in ion flux is due to balancing effects of forward diffusing ions. All experiments were conducted 
with inorganic feed solution at 20±0.5 °C. For seawater draw solution, IC and ICP-AES results (c and d) 
reflect transport of sodium and chloride only. 
 
Data presented in Figure 3.2 also highlights several important topics when addressing RSF 
through FO membranes, especially TFC membranes. Results in Figures 3.2a and 3.2c show different 
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These results indicate dissimilar RSF because the use of a conductivity probe does not distinguish 
between the diffusion of NaCl into the feed solution and solutes leaving the feed solution. Nor do these 
probes account for different rates of RSF of individual ions. Specifically, RSF values that rely on the use 
of conductivity measurements (e.g., field analysis and pilot studies) cannot capture the different rates of 
bidirectional diffusion of solutes from the feed into the DS and vice versa. While trends are similar in both 
analytical methods, different RSF values can be expected when calculated using IC and ICP-AES results 
because it only accounts for the reverse diffusion of sodium and chloride. Furthermore, comparison of 
membrane performances can also be impacted as shown in Figures 3.2a and 3.2b, where TFC1 RSF 
declines below that of CTA when analyzed with a conductivity probe but is not true when using IC and 
ICP-AES results to calculate RSF. 
Another interesting trend in RSF through the TFC membranes at 0 psi TMP for both DSs (Figure 
3.2) should be noted, where RSF was lower than that measured during integrity tests (Table A1 in 
Appendix A). Similar to water flux through TFC1 at 0 psi TMP, the lower RSF is attributed to the elevated 
salinity of the feed in the current experiments coupled with increased concentration polarization expected 
with high water flux. Results from IC and ICP analysis and from conductivity probe measurements used 
for determining RSF during experiments with inorganic feed solution cannot be used for direct 
comparison to RSF during integrity tests with DI water feed. This is because the RSF of sodium and 
chloride are different and affected by forward diffusing feed ions and concentration polarization. 
 
3.4.3 Feed ion rejection 
The rejection of feed ions and the reverse diffusion of individual DS solutes into the feed solution 
were measured concurrently with water flux (Figure 3.1) and RSF (Figure 3.2). Percent rejection of feed 
ions and RSF of DS ions are shown in Figure 3.3 for a range of TMPs for the three membranes 
investigated. Feed ion rejection was calculated only for results from experiments with NaCl DS and 
inorganic feed solution. This minimized the effects of bidirectional solute diffusion of minor ions in 
seawater that will make mass balance calculation very difficult (for common feed and DS ions). 
Based on minimal changes in RSF observed in Figures 3.2a and 3.2b, CTA rejection of feed ions 
was expected to remain constant with increasing TMP. Results in Figure 3.3a reveal that indeed little 
changes in anion or cation rejection were observed when TMP increased. Percent rejection of individual 
ions was as expected, with ions of decreasing size and hydration radius diffusing more readily from the 
feed into the DS [30]. RSF of NaCl was decoupled into reverse fluxes of sodium and chloride in an 
attempt to explain why cation rejection was greater throughout CTA experiments. It can be seen in Figure 
3.3b that the reverse flux of chloride was nearly double that of sodium throughout all experiments. 
Consequently, lower anion rejection was observed as negative ions more readily diffused into the DS to 
maintain electroneutrality. 
The order of ion rejection by the TFC1 and TFC2 membranes was similar to that by the CTA 
membrane – ions with a smaller hydration radius diffused more readily into the DS, and DS ions diffused 
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Figure 3.3. Ion rejection as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. The RSF of sodium 
and chloride for each data set presented is also provided for (b) CTA, (d) TFC1, and (f) TFC2. 
Experiments were conducted using 1 M NaCl draw solution and inorganic feed solution at 20±0.5 °C. 
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accordingly to maintain system electroneutrality. Data presented in Figures 3.2a and 3.2b suggests that 
ion rejection should increase with increasing TMP for both TFC membranes due to observed decrease in 
RSF; this hypothesis is supported by results in Figures 3.3c and 3.3e. Contrary to the results observed 
with the CTA membrane, reverse flux of sodium was higher than that of chloride throughout all tests with 
the TFC membranes. Consequently, observed cation rejection was lower than anion rejection because 
positive ions diffused faster into the DS to balance higher sodium reverse diffusion from the DS into the 
feed. During experiments with TFC1 potassium and lithium rejection increased by approximately 7% and 
3%, respectively, between 0 and 50 psi TMP while nitrate and bromide rejection increased by 
approximately 1% and 5%, respectively. Magnesium and sulfate were nearly completely rejected during 
all experiments, which is expected due to their large molecular size. During experiments with TFC2 
potassium rejection increased by approximately 10% between 0 and 50 psi TMP, while lithium rejection 
remained unchanged. Sulfate was completely rejected, similarly to TFC1, while magnesium rejection was 
slightly lower than expected (~96%). Low magnesium rejection by TFC2 may be attributed to the slight 
decline observed in nitrate and bromide rejection in order to maintain solution electroneutrality. 
In all cases nitrate rejection was the lowest of all anion species that were monitored. These 
results are similar to those observed for nitrate in previous FO studies [12, 21, 31] and for results in 
nanofiltration studies [32]. Substantially higher rate of sodium reverse diffusion through the TFC 
membranes is attributed to the significantly low negative charge of their support layer (-9.5 to -3 mV vs. -
40 mV for the CTA) and therefore higher electrostatic attraction of sodium to the back side of the 
polyamide active layer of the TFC membranes. 
 
3.4.4 Bidirectional solute flux 
Bidirectional solute flux was quantified using data from experiments with seawater DS and 
inorganic feed solution. It was expected that by introducing feed ions into the DS in ratios found in sea 
salt, the rates of reverse and forward diffusion of some ions will be different than those presented in 
Figure 3.3. Ionic mass balance was calculated using IC and ICP-AES data and results are shown in 
Figure 3.4 as mass flux for both feed ions (all) and DS ions (sodium and chloride only). Data in Figures 
3.4a, 3.4c, and 4e also captures ions that diffuse from the seawater DS into the feed. 
RSF through the CTA membrane remained fairly constant across all pressures with chloride 
diffusion exceeding that of sodium (Figure 3.4b). Higher diffusion of nitrate ions from the feed into the DS 
was observed to maintain charge neutrality with reverse diffusion of chloride into the feed. The remaining 
major feed cations and anions diffused in both directions across the membrane with no apparent 
correlation to increased TMP; this lack of correlation to TMP was expected given relatively steady RSF in 
Figure 3.4b and data presented in Figures 3.3a and 3.3b. The average feed solution charge imbalance 
and feed ion flux imbalance, measured in meq⋅m-2⋅hr-1, was 8.5% and 14.4%, respectively. 
Similar to early results, RSF through the TFC1 membrane (Figure 3.4d) showed a decreasing 
trend with higher observed reverse diffusion of sodium than that of chloride. Once again, forward diffusion 
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Figure 3.4. Inorganic ion mass flux as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. Negative 
ion flux represents solute diffusion from the feed into the draw solution. The reverse flux of sodium and 
chloride (from seawater) as a function of TMP for each data set presented is also provided for (b) CTA, 
(d) TFC1, and (f) TFC2. Experiments were conducted using 60.1 g/L sea salt draw solution and inorganic 
feed solution at 20±0.5 °C. Draw solution concentration and feed solution volume were held constant 
throughout all experiments. The average charge imbalance was 8.5%, 9.2%, and 9.4% for solutions 
analyzed during CTA, TFC1, and TFC2 experiments, respectively. The average ion flux imbalance 
measured in meq m-2 hr-1 was 14.4%, 3.1%, and 15.5% for solution mass balance calculations analyzed 
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of cations from the feed to the DS was higher than that of anions (Figure 3.4c) to account for greater 
reverse diffusion of sodium. The average feed solution charge imbalance and feed ion flux imbalance was 
9.2% and 3.1%, respectively, and within the accuracy range of the analytical instruments. RSF through 
the TFC2 membrane (Figure 3.4f) once again decreased with increasing TMP; however, at a much lower 
rate than that observed in Figure 3.3f. The membrane coupons used while testing seawater DS may have 
a relatively denser active layer as suggested by the lower observed RSF in Table A1. Similar ionic 
diffusion behavior to that of TFC1 was observed while maintaining an average feed solution charge 
imbalance and ion flux imbalance of 9.4% and 15.5%, respectively.  
Overall, it is very difficult to conduct an accurate mass balance with complex feed and DSs that 
have similar constituents on both sides of the membrane. Similar to results with NaCl DS and previous 
studies, nitrate diffusion through all FO membranes is faster and its rejection is lower than other anions 
regardless of feed pressure and DS used. Most interestingly, in both the NaCl and concentrated seawater 
DS experiments, reverse diffusion of sodium was higher through the TFC membranes and lower through 
the CTA membrane. The more negatively charged support layer of TFC2 compared to TFC1 reduced the 
electrostatic attraction of sodium to the active layer (through the support layer) and resulted in higher 
reverse diffusion of sodium through TFC1. Furthermore, TFC1 is a much more permeable membrane and 
allows more free transport of ions through the membrane. This phenomenon might be related to the 
different surface charge on the support sides of the TFC membranes (Table A1 in Appendix A) and 
should be further explored. 
 
3.4.5 Rejection of humic acids 
Rejection of organic molecules was evaluated through mass balance calculations using data from 
carbon analysis of feed and DS samples. Percent rejection of TOC as a function of TMP at 0 and 18 psi is 
summarized in Table 3.1 for the three membranes investigated in this study. Humic acid was not purified 
prior to injection into the feed solution to more closely mimic organic matter in natural systems; the TOC 
content of the humic acid used in this study was approximately 38%. 
 
Table 3.1 TOC rejection as a function of TMP 
for the three membranes tested in the study 
Membranes TOC Rejection (%) 0 PSI 18 PSI 
CTA 96.2±0.6 95.3±0.1 
TFC1 95.6±0.5 92.4±0.3 
TFC2 96.0±0.1 96.2±0.2 
 
Minimal changes in TOC rejection were observed when TMP increased from 0 to 18 psi, and the 
three membranes showed similar rejection of organic molecules. Comparable rejection suggests that a 
large fraction of the chosen humic acid has high molecular weight molecules that are well rejected by the 
active layers of the CTA and TFC membranes. A small fraction of low molecular weight organics is likely 
present and readily diffuses through the membranes. TFC1 is the most delicate membrane among the 
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three (very thin active and support layers) and therefore it is likely that higher pressure in conjunction with 
membrane installation associated with bench scale systems resulted in a slightly lower organic rejection 
by TFC1 at higher pressures. It is also likely that the lower organic rejection of TFC1 is attributed to slight 
differences in membrane integrity between the membrane coupons used in the first and second sets of 
FO tests. 
The specific water flux (water flux normalized by the net driving force, which is also the 
instantaneous membrane permeability coefficient) was calculated for each test conducted during this 
investigation. Because the experiments were conducted in osmotic dilution mode, the osmotic pressure 
driving force slowly declined and it was necessary to take into consideration internal concentration 
polarization effects in order to calculate the instantaneous water permeability coefficients [33]. The feed 
and DS osmotic pressures were calculated using OLI Analyzer Studio (OLI Systems, Inc., Morris Plains, 
NJ) and used to determine the effective osmotic pressure driving force as a function of time in each test. 
Results (not shown) revealed that the water permeability coefficient of the three membranes have not 




Results from this study show that new standard testing methods of FO may provide a good 
platform for comparative membrane testing in the laboratory; however, they do not capture accurately 
membrane performance when operated under higher TMP typical in industrial applications. Introduction of 
hydraulic pressure across the membrane can result in changes of membrane performance compared to 
baseline performance under FO conditions in which TMP is 0 psi. 
CTA membranes showed little changes in membrane performance as a function of increasing 
TMP. Results from standardized methods can be assumed accurate up to the maximum pressure tested 
in this study. Conversely, increasing TMP did impact the performance of TFC membranes; however, 
these changes are not necessarily an indication of poorer performance. Declining RSF was observed in 
both TFC membranes with some increase in water flux seen in TFC2. Such changes can impact the 
bidirectional diffusion of ions across the membrane and have significant impacts in industrial applications. 
Results demonstrated that membrane material and structure, coupled with operating conditions, might 
influence the preferential reverse diffusion of charged ions. This phenomenon is important and can impact 
specific process applications and requires further investigation. To ensure proper selection and 
applicability of FO membranes in specific industrial processes, the effects of hydraulic feed pressures and 
membrane material on water flux and ion transport should also be taken into consideration when 
conducting standard membrane comparisons. 
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CHAPTER 4 
INDIRECT DETERMINATION OF ZETA POTENTIAL AT HIGH IONIC STRENGTH:  
SPECIFIC APPLICATION TO SEMIPERMEABLE POLYMERIC MEMBRANES  
Modified from a paper published in the Journal of Membrane Science1  
 




Accurate determination of the electrokinetic properties of semipermeable polymeric membranes 
is of considerable importance in the development of interfacial models used to interpret membrane fouling 
and transport phenomena of charged solutes. Of increasing significance is the understanding of 
membrane charge neutralization and compression of the diffuse layer as described by the electric double 
layer (EDL) model at environmentally relevant ionic strengths. In this work, the impact of high ionic 
strengths on membrane zeta potential was investigated using a combination of experimentally determined 
zeta potential measurements and theoretical modeling. Zeta potential measurements were conducted on 
asymmetric cellulose triacetate (CTA) and polyamide thin-film composite (TFC) membranes at ionic 
strengths within the operating limits of an electrokinetic analyzer. Experimental zeta potential results were 
then extrapolated to environmentally relevant ionic strengths (0.05 to 1 M 1:1 electrolyte) using the 
Debye–Hückel and Helmholtz-Smoluchowski models. Extrapolated zeta potential results demonstrate 
that membrane charge neutralization and compression of the diffuse layer are limited to the size of the 
hydrated counter-ions and full membrane charge neutralization or even charge reversal is not achieved. 
The expected zeta potential of CTA membranes are similar to that of polyamide TFC membranes at high 
ionic strength, which has considerable implications in the comparison of membrane performance when 
treating brackish and saline feed waters. The methodologies developed in this work can help to better 
understand the contribution of electrostatic forces resulting from zeta potential to the sum of interfacial 
forces present at the membrane surface. 
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4.2 Introduction 
Membranes are rapidly becoming the leading separation method in a broad range of applications, 
including treatment of highly impaired waters. This is especially true for semipermeable polymeric 
nanofiltration (NF), reverse osmosis (RO), and forward osmosis (FO) membranes. NF and RO are 
pressure-driven membrane processes most commonly employed in brackish water and seawater 
desalination. They have also been used for treatment of reclaimed water from domestic wastewater in a 
variety of water reuse scenarios [1, 2] and for applications in the food and beverage industry [3-5]. FO is 
an osmotically driven membrane process where the driving force for mass transfer is the difference in 
chemical potential between a concentrated draw solution and a lower salinity feed solution [6-13]. 
Therefore, FO membranes may be exposed to high ionic strengths on both sides of the membrane, 
resulting in unique mass transport and contaminant rejection phenomena [14-19]. FO is considered an 
advanced pretreatment method for downstream pressure-driven membrane processes and has been 
investigated for treatment of complex feed streams, including anaerobic digester centrate [20], landfill 
leachate [21], hypersaline streams in the mineral recovery industry [22], and exploration and production 
wastewaters in the oil and gas industry [6, 23-25]. 
The fouling propensity of RO, NF, and FO membranes and mass transport through them are 
largely dependent on the feed stream characteristics and the complex interactions occurring near the 
membrane surface. Operating conditions impact the transport mechanisms by which feed stream 
contaminants (solutes, colloids, and particles) approach the membrane surface and the physicochemical 
characteristics of the membrane polymer and contaminants govern the interfacial attraction and adhesion 
forces at the membrane surface. Interfacial attraction and adhesion forces are commonly expressed as 
the sum of electrostatic, acid-base, van der Waals, and hydrophobic forces between the membrane 
polymer and feed stream contaminants [26]. Surface charge and hydrophobicity are of particular 
significance in the development of interfacial force models such as the extended Derjaguin-Landau-
Verwey-Overbeek (XDLVO) model, which has been used to explain and predict membrane-foulant 
interactions [26-31]. Electrostatic and hydrophobic interactions are also dominant mechanisms affecting 
the rejection and transport phenomena of charged and uncharged solutes, respectively, in 
semipermeable membrane processes [32-40]. 
Semipermeable membranes acquire surface charge when in contact with aqueous solutions. This 
surface charge impacts the spatial distribution and concentration of dissolved solutes at the membrane-
solution interface, resulting in the formation of an electric double layer (EDL) [41-43]. Surface charge 
cannot be measured directly; instead, the zeta potential (ζ), or the electrical potential at the plane of shear 
between the stationary and mobile parts of the EDL (the slipping or shear plane) can be determined. The 
zeta potential of flat membrane surfaces is calculated from streaming potential, which is most commonly 
measured using an electrokinetic analyzer [44]. The acidity and degree of ionization of the membrane 
surface, and the pH and ionic strength of the electrolyte solution influence streaming potential. 
Electrokinetic analyzers can measure streaming potential at all pH values relevant to membrane 
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treatment applications; however, determination of streaming potential, and thus the calculation of zeta 
potential, has been limited to relatively low ionic strength solutions (<0.1 M) [45-47]. The ionic strength at 
which streaming potential can be reliably measured by commercial electrokinetic analyzers is limited by 
the sensitivity of their potential measurement devices (200-500 µV). When the ionic strength exceeds a 
certain value, the streaming potential signal assumes values below the acceptable threshold for electrode 
polarization. The ability to experimentally evaluate the impacts of ionic strength on membrane diffuse 
layer compression and electrostatic charge shielding using existing electrokinetic analyzers is thus limited 
to salinities below those of most desalination feed streams and brines. 
The Gouy-Chapman-Stern theory and recent modifications have described electrostatic shielding 
of charged surfaces at increasing ionic strength [48]. These theories predict that counter-ions, most 
commonly modeled as point charges, aggregate in the Stern layer adjacent to the membrane surface. 
The concentration of counter-ions in the Stern layer increases with ionic strength until the charged 
surface is neutralized and the diffuse layer collapses [49]. The ability to estimate membrane zeta potential 
at increasing ionic strength with these models is limited because ions are hydrated and will exhibit a 
considerable spatial extension. Therefore, it is likely that the concentration of counter-ions within the 
Stern layer is limited and complete charge neutralization will not occur. Consequently, XDLVO theory 
(and similar) assessments of membrane-contaminant interactions using current zeta potential 
assessment techniques or predictions from the Gouy-Chapman-Stern theory (and similar) may not 
accurately predict the contribution of electrostatic forces to the sum of interfacial interactions near the 
membrane surface in current and emerging treatment applications. 
The main objective of this study was to develop a comprehensive understanding of electrostatic 
charge shielding and compression of the diffuse layer as described by the EDL model (and similar). 
Specifically, the impact of high ionic strength on membrane zeta potential was investigated using a 
combination of streaming potential measurements and theoretical modeling. A series of streaming 
potential experiments were conducted on three polymeric membranes at increasing ionic strength (1:1 
electrolyte) using an electrokinetic analyzer. Using the Debye–Hückel and Helmholtz-Smoluchowski 
models, zeta potential results from measurements with electrolyte ionic strength less than 0.05 M were 
extrapolated to environmentally relevant ionic strengths (0.05 to 1 M). The methodologies presented in 
this study provide a more holistic understanding of the interfacial forces near the membrane surface in 
brackish and saline environments. FO membranes were used in this study due to surging interests in the 
treatment of hypersaline and complex feed streams using FO; however, the methodology presented is 
also applicable to other material-water interfaces beyond semipermeable polymeric membranes. 
 
4.3 Materials and methods 
4.3.1 Membranes 
Three flat sheet FO membranes were investigated. An asymmetric cellulose triacetate (CTA) 
membrane and a thin-film composite (TFC) polyamide membrane (designated TFC1) were obtained from 
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Hydration Technology Innovations (HTI) (Albany, OR). A second TFC polyamide membrane (designated 
TFC2) was obtained from Oasys Water (Boston, MA). 
All membranes were supplied hydrated and were stored in a refrigerator at approximately 5 °C. 
Prior to all experiments, membrane coupons were thoroughly rinsed and then stored in deionized water at 
5 °C for 24 hours. Rinsed coupons were dried in a desiccator at room temperature for 24 hours prior to 
characterization. 
 
4.3.2 Solution chemistry 
Deionized water (EMD MilliPore, Billerica, MA) and certified ACS-grade potassium chloride (KCl) 
(Fisher Scientific, Fair Lawn, NJ) were used for preparing the electrolyte solution. For streaming potential 
measurements, five concentrations (0.001, 0.002, 0.01, 0.03, 0.05 M) of KCl were used, all of which were 
well below the electrode polarization threshold (0.1 M) of the electrokinetic analyzer used in this study. In 
one additional set of experiments, lithium chloride (LiCl) and sodium chloride (NaCl) (Fisher Scientific, 
Fair Lawn, NJ) electrolyte solutions were used at the same molarities as KCl. The goal of employing two 
additional monovalent solutes was to corroborate the effects of counter-ion hydration radius on 
membrane charge shielding at high ionic strength. 
 
4.3.3 Measurement of membrane zeta potential 
Streaming potential, which can be measured directly or calculated from streaming current and cell 
resistance measurements using Ohm’s law, was measured using a commercial electrokinetic analyzer 
(SurPASS, Anton-Paar GmbH, Austria). Dried membrane coupons were mounted on a SurPASS 
adjustable-gap cell that accommodates small planar samples with a rectangular size of 20x10 mm. The 
cell was mounted on the electrokinetic analyzer and the hydraulic system and gap between the 
membranes were flushed with deionized water for approximately 2 min. The system was then drained 
and flushed twice with electrolyte solution to ensure that all deionized water was removed. The electrolyte 
solution was replaced and recirculated for at least 30 min. This neutralized any localized charge on the 
Ag/AgCl electrodes and minimized variability in streaming potential measurements [34]. 
All streaming potential measurements were performed at approximately 22 °C with an average 
gap height of 116±2 µm. At least eight streaming potential measurements (four flowing from left to right 
and four from right to left) were recorded at each ionic strength and then averaged to calculate the zeta 
potential. The pH of the electrolyte solution was not varied during this study. For each membrane type, 
the same coupon was used for all ionic strengths to minimize experimental error due to changes in 
membrane physiochemical properties and setup of the adjustable-gap cell. The range of standard 
deviation observed for all membrane zeta potential measurements was 0.1 to 1.1 mV. This range of 
standard deviation is well below that proposed in a recent study (±5.0 mV) that investigated the 
propagation of uncertainty from zeta potential measurements for development of an XDLVO model of 
membrane-colloid interactions [30]. 
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4.3.4 Extrapolating streaming potential to high ionic strengths 
At ionic strengths exceeding 0.1 M (for a 1:1 electrolyte, and specific for the SurPASS 
electrokinetic analyzer), the acceptable threshold for electrode polarization is exceeded and streaming 
potential measurements begin to decay [46]. Because of this, streaming potential measurements above 
0.1 M are not valid. To estimate the zeta potential of polymeric FO membranes at higher ionic strengths 
(>0.1 M), the streaming potential can be determined through extrapolation. To do this, the change in 
measured streaming potential divided by the change in pressure within the adjustable gap cell  (the 
streaming potential coefficient, dUstr/dp) can be plotted against the inverse square root of bulk electrolyte 
conductivity (k-1/2) on a log-log scale and a linear regression be performed. An example of this linear 
regression is shown in Figure 4.1 for the TFC2 membrane using KCl electrolyte solution. 
 
	  
Figure. 4.1. An example of the relationship between the negative value of the streaming potential 
coefficient plotted as a function of the inverse square root of bulk electrolyte conductivity on a log-log 
scale (Siemens/meter -1/2). This linear relationship can be used to estimate the streaming potential of 
semipermeable polymeric membranes (red dashed line), and thus their zeta-potential, in high salinity 
environments using the Helmholtz-Smoluchowski method. 
 
 
k-1/2 was chosen because the inverse square root of the ionic strength is used in estimating the 
Debye length (λ-1) 
𝜆!! = !!!!!!!
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where εr is the dielectric constant, ε0 is the permittivity of free space, kB is the Boltzmann constant, T is 
the absolute temperature in Kelvin, 𝑁! is the Avogadro number, e is the elementary charge, and I is the 
ionic strength of the electrolyte. In the measurement and extrapolation range of interest (0.05 M to 1 M), 
the conductivity of a 1:1 electrolyte was verified to increase linearly with ionic strength using OLI Stream 
Analyzer electrolyte simulation software (Cedar Knolls, NJ) (data not shown). Therefore, the substitution 
of ionic strength with bulk electrolyte conductivity is acceptable. The Debye length is crucial when 
considering the effects of ionic strength on zeta potential because it determines the extension (or 
compression) of the diffuse layer and is a critical parameter for describing the spatial distribution and 
concentration of counter-ions near the membrane surface. The calculation of Debye length can also be 
used to determine if the hydration radius of the counter-ions impacts the degree of electrostatic charge 
shielding at high ionic strengths. The dielectric constant of each electrolyte solution at increasing ionic 
strength was determined from recent work by Levy et al. [50]. 
Bulk electrolyte conductivity was also chosen for the linear regression because it was used to 
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where η is the electrolyte viscosity [34]. This equation is appropriate for investigating electrolyte solutions 
with ionic strengths greater than 0.001 M [34]. Below 0.001 M, the conductivity of the bulk electrolyte 
solution must be corrected for the contribution of the membrane-liquid interfacial conductance. The 
derivation of the Helmholtz-Smoluchowski equation used to calculate the zeta potential of semipermeable 
polymeric membranes has been presented in previous studies and will not be discussed in greater detail 
[34, 44]. 
 
4.4 Results and discussion 
4.4.1 Effects of high salinity on membrane zeta potential 
The zeta potential values for the TFC1, TFC2, and CTA membranes using KCl electrolyte 
solutions are shown in Figure 4.2 at an average pH of 5.6. Zeta potential values calculated from 
measured streaming potential data are shown for ionic strengths below 0.05 M KCl (filled symbols) and 
calculated from extrapolated streaming potential data is shown for ionic strengths greater than 0.05 M KCl 
(empty symbols). The minimum coefficient of determination value (r2) observed during linear regression 
was 0.999 throughout the study. 
Measured and extrapolated streaming potential values for zeta potential calculation become less 
negative as ionic strength increases until 0.2 M KCl; this phenomena is predicted by the Gouy-Chapman-
Stern theory. Although this theory is simplified and based on ideal boundary conditions, it explains the 
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Figure 4.2. Values of zeta potential calculated from measured and extrapolated streaming potential for (a) 
the TFC1, TFC2, and (b) CTA membrane as a function of electrolyte ionic strength. All experiments were 
conducted in the presence of increasing concentrations of KCl electrolyte in deionized water (average pH 
of 5.6). Values above 0.05 M are extrapolated from measured streaming potential. To better show the 
values of zeta potential calculated from measured streaming potential as a function of electrolyte ionic 
strength, a graph with ionic strength presented on a log scale is shown in Figure B1 in Appendix B. 
 
At ionic strengths greater than approximately 0.2 M KCl, changes in zeta potential become 
diminishingly small. In fact, zeta potential values extrapolated to 1 M KCl were only slightly less negative 
than those observed near 0.2 M KCl. It can be seen that the zeta potential remains essentially constant at 
some ionic strength greater than 0.7 M to 0.8 M KCl for all three membranes. In this range of ionic 
strengths (0.7 M to 0.8 M KCl), the Debye length (Eq. 1) is calculated to range from 3.5 Å to 3.2 Å, which 
is in close agreement with the hydration radius of potassium (3.31 Å) [51-54]. The extent of diffuse layer 
compression of each membrane is thus limited to the size of the hydrated counter-ions [55, 56] and it is 
unlikely that the zeta potential of polymeric membranes will fall to 0 mV when electrostatically shielded 
with indifferent monovalent counter-ions. These findings go against the Gouy-Chapman-Stern theory and 
recent modifications because the counter-ions aggregated in the Stern layer adjacent to the membrane 
surface are commonly modeled as point charges when in fact they are hydrated and exhibit a 
considerable spatial extension [48]. The conclusions drawn from this extrapolation method are in 
agreement with data obtained using a non-commercial (custom-built) electrokinetic analyzer [55, 56], 
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It is also shown in Figure 4.2 that the impact of increasing ionic strength on membrane zeta 
potential can vary depending on the polymeric chemistry of the semipermeable membrane. While both 
TFC membranes (Figure 4.2a) exhibited a very negative zeta potential at low ionic strength (0.001 M 
KCl), the zeta potential of TFC1 (-56 mV) is noticeably more negative than that of TFC2 (-43 mV). It is 
well documented that the surface functional groups of polyamide TFC membranes are ionizable and that 
the streaming potential values of these membrane are dependent on the density of surface functional 
groups and electrolyte pH [30, 34, 44, 46, 60]. Although the absolute density of surface functional groups 
for TFC1 and TFC2 were not quantified in this study, results in Figure 4.2 show that the TFC1 membrane 
likely has a higher density of surface functional groups than the TFC2 membrane at pH 5.6. At 
increasingly higher ionic strengths, the polymeric surfaces of both membranes demonstrated a 
comparable affinity for electrostatic charge shielding by hydrated potassium counter-ions and a similar, 
terminal zeta potential value (-14 mV). This preferential approach and electrostatic charge shielding of 
polyamide TFC membranes by the hydrated potassium cation is in agreement with the transport 
phenomena observed in a recent bench-scale evaluation of the same FO membranes [15]. The rate of bi-
directional cation diffusion through the polyamide TFC membranes drastically exceeded that of anions 
and increased with membrane hydrophilicity. The similar affinity for electrostatic charge shielding and 
terminal zeta potential value for TFC1 and TFC2, despite different zeta potential values at low ionic 
strength, suggests that charge shielding at increasing counter-ion concentrations might also depend on 
other physiochemical properties of the membrane surface. Ongoing research is focusing on the influence 
of membrane hydrophilicity and surface morphology on electrostatic charge shielding by hydrated 
counter-ions and the resulting impacts on the terminal zeta potential value. 
Unlike the TFC membranes, the CTA membrane is not ionizable and its negative zeta potential 
(Figure 4.2b) has been commonly explained by the accumulation of hydroxide ions at the membrane 
surface [61]; yet, there is still a dispute in the literature about the origin of these hydroxide ions [62]. It is 
shown in Figure 4.2 that significantly less negative zeta potential values were calculated for the CTA 
membrane than the TFC membranes. In general, CTA membranes are cellulose-based with acetyl and 
hydroxyl functional groups [44] that are non-ionogenic [41]. Therefore, it is likely that charge shielding was 
largely attributed to the co-adsorption of hydroxide and chloride ions in the Stern layer at the membrane-
liquid interface [44]. While the hydration radius and number of hydrating water molecules are similar for 
chloride (3.32 Å) and potassium (3.31 Å), the solubilization of chloride results in a much smaller 
perturbation to the surrounding water structure than does potassium [51]. When dissolved in water, single 
hydrogen atoms from nearby water molecules are pointed towards the chloride ion, leaving the remaining 
hydrogen atoms and electron pairs available for bonding to other water molecules or ions. For potassium, 
the oxygen atoms from nearby water molecules are oriented inwards towards the cation, which results in 
unstable hydrogen bonding and a significant disruption to the nearby network of water molecules [51]. 
Consequently, chloride might preferentially aggregate in the CTA Stern layer at all ionic strengths due to 
its greater spatial order and potassium would remain in the diffuse layer where it could contribute to 
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electrostatic charge shielding. This theory is in agreement with the transport phenomena observed in a 
recent publication, where anions preferentially diffused through CTA [15]. Therefore, the electrostatic 
charge neutralization of membranes exhibiting negligible surface ionization, especially CTA membranes, 
may largely depend on the hydrated structure and characteristics of the ions in solution (e.g., perturbation 
of nearby water matrix) and be less dependent on the hydrophilicity or surface morphology of the 
membrane. 
It must be noted that a significant challenge in measuring zeta potential for porous materials, 
such as polymeric membranes, is the possible influence of the porous structure on the measured 
streaming potential. Yaroshchuk and Ribitsch [63] first indicated the effect of “channel wall” conductance 
on zeta potential when calculated from streaming potential measurements. Almost ten years later, 
Yaroshchuk and Luxbacher [64] further investigated the effects of material porosity on streaming current 
measurements and the zeta potential derived thereof. While the effect of streaming current inside pores is 
significant or even dominant for microfiltration and ultrafiltration membranes, the overestimation of zeta 
potential or deterioration of reliable streaming current results are not expected when investigating NF, 
RO, and FO membranes due to the dense active layer that lacks surface pores. Deon et al. [65] recently 
presented streaming current results, which suggested an enormous influence of the porous support layer 
of TFC NF membranes on the measured streaming potential. However, the interpretation of their results 
was misled by their experimental setup, which did not provide the conditions required for a fully 
developed flow pattern inside the streaming channel [66]. In the current study, comparison of the zeta 
potential results for each membrane (CTA, TFC1, and TFC2) calculated from streaming potential (Ustr) 
with streaming current (Istr) measurements at ionic strengths ranging from 0.001 M to 0.05 M showed no 
evidence for any contribution of the porous support layer. In fact, the two sets of zeta potential data are 
almost the same, with an average experimental error of 3.7 ± 1.5% throughout the study (e.g., ζ(Istr) = –
37.7 ± 1.0 mV and ζ(Ustr) = –35.7 ± 0.2 mV at 0.002 M KCl for membrane TFC2 (Figure B2 in Appendix 
B)). 
 
4.4.2 Effects of counter ion hydration radius on membrane zeta potential 
The effect of counter-ion hydration radius on membrane zeta potential at high ionic strengths was 
validated in an additional set of measurements and extrapolations (Figure 4.3). By comparing the effect of 
increasing ionic strength of KCl, NaCl, and LiCl on the TFC2 membrane zeta potential, it is clearly shown 
that electrostatic charge shielding by the hydrated counter-ion decreases proportionally with decreasing 
electrolyte conductivity (K>Na>Li). Additionally, as the hydration radius of the counter-ion increased 
(Li>Na>K), the terminal zeta potential value became more negative and the ionic strength at which no 
further change in zeta potential occurred decreased. In other words, the terminal zeta potential value 
observed for potassium, sodium, and lithium counter-ions was -14 mV, -18 mV, and -22 mV, respectively. 
For KCl the ionic strength at which no further changes in zeta potential were observed was between 0.7 
M and 0.8 M KCl, corresponding to a Debye length between 3.5 Å and 3.2 Å. For NaCl the ionic strength 
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at which no further changes in zeta potential were observed was between 0.6 M and 0.7 M NaCl, 
corresponding to a Debye length between 3.7 Å and 3.4 Å. For LiCl the ionic strength at which no further 
changes in zeta potential were observed was between 0.5 M and 0.6 M LiCl, corresponding to a Debye 
length between 4.1 Å and 3.7 Å. These values are in close agreement with the hydration radii of the 
potassium (3.31 Å), sodium (3.58 Å), and lithium (3.82 Å) counter-ions, which clearly demonstrates that 
the extent of diffuse layer compression of each membrane is limited to the size of the hydrated counter-
ion. These findings are in close agreement with Vinogradov et al. [55], who experimentally investigated 
streaming potential coefficients in sandstones saturated with KCl and NaCl brines. These results also 
validate our conclusion that the zeta potential of polymeric membranes are unlikely to fall to 0 mV when 
electrostatically shielded with a variety of indifferent monovalent counter-ions. 
 
	  
Figure 4.3. Values of zeta potential calculated from measured and extrapolated streaming potential for 
the TFC2 membrane as a function of electrolyte ionic strength. Measurements were conducted in the 
presence of increasing concentrations of KCl, NaCl, and LiCl solutions in deionized water (average pH 
5.6). Values above 0.05 M are calculated from extrapolated streaming potential measurements. To better 
show the values of zeta potential calculated from measured streaming potential as a function of 
electrolyte ionic strength, a graph with ionic strength presented on a log scale is shown in Figure B3 in 
Appendix B. 
 
The effect of cation hydration radius on the zeta potential of the TFC2 membrane correlates well 
with recent membrane performance tests conducted on the same membrane [15]. Figure 4.4a shows the 
rejection of a variety of cations and anions (MgSO4, LiBr, and KNO3) by the TFC2 membrane when 
operated in FO mode (active layer facing the feed solution); the feed solution contained 20 mM of each of 
the three salts. When using NaCl draw solution (1 M), the reverse diffusion [14, 16, 67] of sodium ions 
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50%; this phenomena was attributed to the preferential approach of cations towards the negatively 
charged polyamide active layer. To maintain solution electroneutrality, the rejection of cations in the feed 
solution was significantly less than that of anions (Figure 4.4a). This data also shows that the order of 
rejection of feed stream cations correlated well with monovalent cation hydration radius (Li>K). It should 
be noted that rejection of magnesium cations was highest, which exhibit greater hydration radii than 
lithium and potassium; however, polyvalent ions can interact specifically with the membrane surface (i.e., 
adsorption to the membrane surface) [34]. Therefore, the influence of hydration radius on the rejection of 
polyvalent ions and on charge shielding is not clear and is currently under investigation. Similar 
conclusions were drawn for an additional TFC membrane tested in that study. This correlation between 
monovalent hydration radius and ion rejection is in close agreement with the effect of cation hydration 
radius on membrane zeta potential and the finite compression of the diffuse layer shown in Figure 4.3. It 
is evident that, even in feed streams containing numerous counter-ions, the preferential approach of 
counter-ions towards the membrane surface and their subsequent diffusion through the membrane active 
layer strongly correlates with the size of the hydrated radius of the solute. 
 
	  	  	  	  	  	   	  
Figure 4.4. The performance of TFC2 was evaluated in a recent study that investigated the (a) ion 
rejection and (b) reverse salt flux of sodium and chloride as a function of transmembrane pressure. 
Experiments were conducted using 1 M NaCl draw solution and inorganic feed solution (MgSO4, LiBr, and 
KNO3) at 20±0.5 °C. The concentration of each salt in the feed solution was 20 mM. The color and 
symbol for Li, K, and Na match those used in Figure 4.3. Adapted from [15]. 
 
4.5 Conclusions 
Ionic strength has considerable impacts on membrane zeta potential. Electrostatic charge 
shielding and compression of the diffuse layer due to increasing ionic strength reduces the negative zeta 
potential of semipermeable polymeric membranes, thus diminishing the contribution of electrostatic forces 
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larger in magnitude when measured in dilute electrolyte solutions, thus over-predicting the effect of 
electrostatic forces and providing unrealistic information when comparing the electrostatic forces of 
different polymeric membranes at environmentally relevant ionic strengths. These results also jeopardize 
the commonly accepted assumption that the overall membrane surface charge is neutralized or reversed 
at high ionic strengths. 
Accurately estimating membrane zeta potential is critical when interpreting membrane fouling 
propensity and the transport phenomena of charged contaminants in the presence of brackish and saline 
feed streams. In semipermeable membrane processes, results from this study are especially important for 
understanding the electrostatic interactions at the feed solution-membrane interface. In FO specifically, 
these results may help to explain preferential bi-directional solute flux of anions and cations across 
current and emerging membranes and guide the selection of draw solutions to help mitigate the effects of 
reverse solute flux on cake enhanced concentration polarization [14, 16, 68]. Zeta potential values 
calculated from experimental data and extrapolations can thus provide more realistic estimations of 
membrane zeta potential and a method for comparing electrostatic properties of different polymer 
chemistries beyond the experimental limitations of electrokinetic analyzers. 
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CHAPTER 5 
FORWARD OSMOSIS DESALINATION OF OIL AND GAS WASTEWATER: IMPACTS OF 
MEMBRANE SELECTION AND OPERATING CONDITIONS ON PROCESS PERFORMANCE  
Modified from a paper submitted for possible publication in the Journal of Membrane Science1  
 
Bryan D. Coday2v, Nohemi Almaraz2, and Tzahi Y. Cath2* 
 
5.1 Abstract 
Water treatment technologies that employ sustainable driving forces for treatment of high ionic 
strength, complex feed streams and have the capacity to separate a broad range of contaminants are 
needed for economical treatment of flowback and produced waters in the oil and gas industry. This is 
especially true given the surging interest in treatment of oil and gas wastewaters for reuse in hydraulic 
fracturing or discharge to the environment in lieu of deep well injection. Forward osmosis is a robust 
membrane separation technology that can provide superior rejection of a broad range of feed stream 
contaminants and dissolved ions, thus providing a brine stream suitable for reuse in hydraulic fracturing 
or excellent pretreatment for downstream desalination processes. In this work, the impacts of membrane 
selection (asymmetric cellulose triacetate versus polyamide thin-film composite) and system operating 
conditions on the performance of FO membranes for desalination of produced water for the Niobrara 
shale formation are investigated. Specifically, water flux, contaminant rejection, membrane fouling, and 
chemical cleaning were evaluated using a combination of standard methodology and operating conditions 
analogous to those employed when operating industrial spiral wound FO membrane modules. Membrane 
autopsy was conducted to determine what effect(s) membrane physiochemical properties might have on 
system performance and to interpret the potential molecular level interactions occurring near the 
membrane-feed stream interface. Results from this study indicate that FO can achieve high rejection of 
organic and inorganic contaminants, membrane fouling can be mitigated with chemical cleaning, and 
long-term FO system performance might be better controlled with optimized hydrodynamic conditions 
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5.2 Introduction 
Hydraulic fracturing flowback and produced water are complex industrial waste streams resulting 
from the exploration and development of unconventional oil and gas (O&G) resources. During hydraulic 
fracturing a water-based slurry, typically in the range of 4 million gallons, is injected into the oil or gas well 
under extremely high pressures [1-3]. This process fractures the subsurface O&G formation, effectively 
increasing the permeability of the reservoir and enhancing recovery of hydrocarbons. The hydraulic 
fracturing process occurs after a well has been drilled and can be repeated several times throughout the 
service life of the well. After the fracturing process has been completed, a portion of the fracturing fluids 
are recovered from the well for up to a month, generating an industrial waste stream (commonly termed 
“flowback water”) consisting of water, proppants (i.e., silica, graded sand or ceramic materials), chemical 
additives, and a variety of subsurface formation minerals and organic compounds [3-6]. Over time, the 
fluids recovered from the well transition from flowback water to natural formation water (commonly termed 
“produced water”). The quality and quantity of produced water extracted from an O&G formation is 
spatially and temporally dependent, but typically contains a wide range of total dissolved solids (TDS), 
hydrocarbons, organic compounds, and dissolved metals [3, 5, 6]. 
Historically, most flowback and produced water from unconventional O&G wells are impounded 
and then trucked off-site for disposal in Class II injection wells [6-8]. However, the availability of sufficient 
injection well capacity is a potentially restricting aspect in ongoing exploration and development of O&G 
fields [1]. Although the quantity of Class II injection wells is likely to increase in most basins as they 
mature, the development of new disposal facilities can be complex, requiring significant capital 
investment and time, and overcoming regulatory barriers. Furthermore, the geology in certain regions 
such as Pennsylvania (Marcellus shale play) is not conducive for deep well injection, limiting the options 
for flowback and produced water disposal [1, 6, 9]. This is especially important considering the potential 
for seismic activity resulting from the operation of disposal wells.  While discharge and dilution of flowback 
and produced water into municipal wastewater treatment facilities has been attempted, it has been shown 
to be an inadequate management solution [1, 8]. The TDS concentrations that can be accepted by 
municipal wastewater facilities are limited by regulations, especially those controlling discharge to 
sensitive aqueous environments. The organic loading of flowback and produced water can also fluctuate 
significantly, potentially upsetting biological treatment processes and impacting wastewater effluent 
quality. Therefore, one of the most promising management strategies for these industrial wastewaters is 
treatment and local reuse for subsequent hydraulic fracturing processes [10, 11]. 
 
5.2.1 On-site water reuse 
Local and regional reuse of flowback and produced waters can significantly limit the volumes of 
wastewater sent for deep well injection, thus reducing the environmental impacts and risks associated 
with regional water trucking [12]. On-site water reuse can also be economically favorable by minimizing 
exploration expenses through reduced trucking frequency, fresh water procurement for hydraulic 
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fracturing, and wastewater management at deep well injection facilities [13]. However, several limiting 
factors associated with flowback and produced water quality should be addressed before on-site reuse is 
considered. Of significant importance is the stability of the chemical constituents and fracturing gels when 
mixed with reclaimed flowback and produced waters for subsequent hydraulic fracturing operations [1, 13, 
14]. Inorganic precipitates are also of significant concern, specifically precipitation of carbonate and 
sulfate species in the presence of a variety of dissolved ions (e.g., barium, strontium, and calcium) [1, 13-
15]. While chemical companies and oil field service providers are continually developing chemical 
additives that are compatible with high TDS, low quality waters [13, 16], the opportunity to generate reuse 
water of varying qualities is of growing interest. This is especially true for companies interested in both 
water reuse for hydraulic fracturing and treating and discharging flowback or produced waters to the 
environment in lieu of deep well injection. A wide variety of technologies can be used for onsite treatment 
and desalination of flowback and produced waters, including distillation and pressure driven membrane 
processes [1, 2]; however, these technologies are susceptible to premature failure if the feed water is not 
of suitable quality – traditionally, these wastewaters require multiple upstream pretreatment processes. A 
multi-step treatment process might limit the efficiency of on-site water treatment, reduce system mobility 
and modularity, and ultimately become economically unfavorable. Therefore, technologies that employ 
sustainable driving forces for treatment of high TDS, impaired feed streams and have the capacity to 
separate a broad range of contaminants are needed for economical treatment of flowback and produced 
water. 
 
5.2.2 Forward osmosis for treatment of fracturing flowback and produced water 
Forward osmosis (FO) is a robust membrane separation technology that can provide superior 
rejection of a broad range of feed stream contaminants and TDS, while operating with minimal hydraulic 
pressure [17]. FO utilizes the chemical potential between a highly concentrated draw solution (e.g., NaCl) 
and a lower salinity feed solution to drive the permeation of water across a semipermeable membrane. 
The FO process can achieve solute rejection similar to reverse osmosis (RO), while traditionally avoiding 
the need for significant upstream pretreatment to mitigate irreversible fouling and premature membrane 
failure. The FO process has been proposed as a suitable, on-site treatment process for management of 
flowback and produced waters [2, 18]; however, few studies to date have investigated the performance of 
FO membranes for treatment of these complex feed streams [19-23]. Of those studies, only three were 
from academia [19, 21, 23], while the remaining were pilot scale evaluations from industry [20, 22]. 
Hickenbottom et al. [23] first investigated treatment of O&G pit water with a cellulose triacetate (CTA) 
membrane from Hydration Technology Innovations (Albany, OR (HTI)). Since, Yun et al. [19] and Li et al. 
[21] have investigated treatment of flowback and produced waters using FO; however, Yun et al. 
employed synthetic feed solutions, while Li et al. employed a flowback feed stream from O&G exploration 
that had been chemically and physically pretreated prior to the FO process. Furthermore, both studies 
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used only the CTA membrane manufactured by HTI and employed operating conditions that might 
misrepresent membrane performance experienced in full-scale FO applications. 
 
5.2.3 Objectives 
The main objective of this study was to investigate the impacts of membrane selection and 
operating conditions on the performance of FO membranes for desalination of produced water. 
Specifically, water flux, contaminant rejection, and membrane fouling were evaluated using a combination 
of standard methodology and system operating conditions analogous to those used in the operation of 
industrial spiral wound FO membranes. A series of bench-scale experiments were conducted on three 
polymeric membranes to elucidate the role of initial permeate flux, cross-flow velocity, feed stream 
turbulence enhancement, and transmembrane hydraulic pressure on fouling of FO membranes operated 
under extreme feed stream chemistries. Membrane autopsy was also conducted to determine the 
influence of membrane physiochemical properties on system performance and to interpret the potential 
molecular level interactions occurring near the membrane-solution interface. The results of this study can 
be used to determine the applicability of FO operated with spiral wound modules for treatment of complex 
O&G waste streams without pretreatment. 
 
5.3 Materials and methods 
Three flat sheet FO membranes were tested. The first membrane was an asymmetric cellulose 
triacetate (CTA) membrane from Hydration Technology Innovations (HTI) (Albany, OR). This membrane 
is commercially available and is thoroughly referenced in the literature [17, 24-26]. The other two 
membranes are thin film composite (TFC) polyamide-based membranes also manufactured by HTI. The 
first TFC membrane is a derivative of a TFC membrane that was studied in a previous investigation 
(designated TFC1 in this study) [27]. The second TFC membrane is not commercially available and has 
not been previously described in the literature. The active layer of this membrane was surface-modified 
by HTI and was designated TFC2 in this study. All experiments were conducted with the membrane 
active layer facing the feed solution (FS). The water and solute permeability coefficients (A and B, 
respectively) and structural parameter (S) of each membrane were determined using methodology 
presented by Tiraferri et al. [28]. 
Membrane coupons were soaked in deionized water for 24 hrs prior to installation in the test cell. 
No additional membrane wetting techniques were employed. To maintain high quality assurance and 
control, membrane integrity tests were conducted prior to all experiments. Fouled membranes were 
removed at the end of each set of experiments and new coupons were installed to minimize performance 
bias (i.e., water flux, contaminant rejection, fouling propensity) in subsequent experiments. 
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5.3.1 Membrane characterization 
Membrane surface of virgin and fouled membranes was characterized to determine the influence 
of membrane physiochemical properties on system performance. Results from membrane surface 
characterization were also used to interpret the potential molecular level interactions occurring near the 
membrane-solution interface during membrane fouling and chemical cleaning. 
 
5.3.1.1 Surface roughness and microscopy imaging 
Atomic force microscopy (AFM) experiments were performed using an Autoprobe CP atomic 
force microscope (Park Scientific Instruments, Sunnyvale, CA) coupled with silicon nitride cantilevers and 
pyramidal tips (VEECO Instruments, Inc., Fremont, CA). Membrane surface morphology was imaged on 
dry coupons in tapping mode. The roughness of each membrane is reported as average roughness (Ra) 
and root mean square roughness (Rq). 
Membrane fouling was characterized using environmental scanning electron microscopy (ESEM) 
Quanta 600 (FEI Company, Hillsboro, OR) coupled with energy dispersive x-ray spectroscopy (EDS). 
Surface and cross-sectional imaging was conducted on each sample analyzed. To view the membrane 
cross-section, coupons were submerged in liquid nitrogen and cut with a razor blade. Prior to ESEM 
imaging, samples were sputtered with gold to avoid charging of the non-conductive membrane surface. 
 
5.3.1.2 Surface charge: streaming potential measurements 
Streaming potential analyses were conducted using an electrokinetic analyzer (SurPASS, Anton 
Paar GmbH, Austria) equipped with an adjustable gap cell which holds two membrane coupons 20 mm x 
10 mm in size. Streaming potential measurements were conducted at room temperature using 2 mM KCl 
electrolyte solution, a target ramp pressure of 300 mbar, and gap of 116±2 µm between the membrane 
coupons. The pH of the electrolyte was adjusted using 0.1 M hydrochloric acid or 0.1 M potassium 
hydroxide (pH 3 to 10 for TFC and pH 4 to 8 for CTA). Streaming potential was measured 4 times at each 
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where dUstr/dp is the streaming potential coefficient, εr is the relative permittivity of the electrolyte, ε0 is the 
vacuum permittivity, η is the electrolyte viscosity, and k is the bulk electrolyte conductivity. The derivation 
of the Helmholtz-Smoluchowski equation has been presented and discussed in greater detail in previous 
membrane studies [29, 30]. 
 
5.3.1.3 Surface energetics: contact angle measurements 
Surface energy parameters of each virgin membrane active layer were estimated using a 
goniometer (Rame-Hart Inc., Mountain Lakes, NJ). Captive bubble contact angle (θc) measurements were 
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conducted under ambient conditions (~20 °C) with deionized water, glycerol (≥99%) (Sigma-Aldrich, St. 
Louis, MO), and diiodomethane (≥99%) (Sigma-Aldrich). Steady state contact angle was measured after 
1 min of interfacial interaction between the hydrated membrane surface and a 10 µL air bubble. No less 
than ten contact angle measurements were recorded on each membrane coupon. Averaged contact 
angle measurements were used to determine the surface energetics of each membrane using the 
Lifshitz–van der Waals acid–base approach following similar procedures outlined in the literature [31, 32]. 
Estimates of the long-range surface forces (non-polar) and short-range acid-base (polar) forces for each 
membrane were determined through the extended Young equation [31-34] 
 
1 + 𝑐𝑜𝑠𝜃! 𝛾!!"! = 2 𝛾!!"𝛾!!" + 𝛾!!𝛾!! + 𝛾!!𝛾!!) 	    (2)	  
 
where γTOT is the total surface tension, γLW is the Lifshitz-van der Waals parameter, γ+ is the electron 
acceptor parameter, and γ- is the electron donor parameter. The subscripts l and s represent the liquid 
and solid membrane surface, respectively. Surface tension properties for the three probe liquids were 
obtained from the literature [35]. The acid-base component and the total surface tension of each 
membrane’s surface were determined using Eqs. 3 and 4, respectively 
 
𝛾!" = 2 𝛾!𝛾!,	   	   	   (3) 
	  
𝛾!"! = 𝛾!" + 𝛾!".	   	   (4) 
 
The interfacial free energy of adhesion per unit area gives an indication of each membrane’s 
hydrophilicity when submerged in an aqueous solution and can be calculated from the γ+, γ-, and γLW 
surface energy components. The total interfacial free energy for each membrane active layer is given by 
[31, 32, 35] 
 
∆𝐺!"#!"! = ∆𝐺!"#!" + ∆𝐺!"#!" ,	   	   (5a) 
	  
∆𝐺!"#!" = 2 𝛾!! 𝛾!! + 𝛾!! − 𝛾!! + 2 𝛾!! 𝛾!! + 𝛾!! − 𝛾!! − 2 𝛾!!𝛾!! − 2 𝛾!!𝛾!!,	   (5b) 
	  
∆𝐺!"#!" = 2 𝛾!!" − 𝛾!!" 𝛾!!"! − 𝛾!!" .	   (5c)	  
 
Surfaces 1 and 2 are assumed as identical membrane active layers; therefore, ∆𝐺!"#!"! (Eq. 5) can 
be simplified to ∆𝐺!"!!"!, or ∆𝐺!"!!!", where positive and negative values are indicative of a hydrophilic and 
hydrophobic membrane surface, respectively [31, 32, 36]. 
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5.3.1.4 Surface chemistry: ATR-FTIR spectroscopy 
Attenuated Total Reflectance Fourier Transform Infrared Spectroscopy (ATR-FTIR) analysis was 
conducted in order to characterize the surface chemistry of the membrane coupons. The goal of ATR-
FTIR measurements was not to identify individual functional groups of each membrane surface, but to 
ascertain possible changes to the polymeric surface of the FO membranes after exposure to produced 
water. Transmittance spectra were measured using a Nicolet IS50 FTIR spectrometer (Thermo Scientific, 
Madison, WI). The spectrometer was equipped with a built-in ATR (diamond crystal) accessory coupled 
with a DTGS detector and KBr beam splitter. A gripper device maintained contact between the membrane 
active layer and the ATR crystal. A background spectrum was measured prior to each membrane 
analysis and was subtracted from the membrane spectrum using the Omnic analysis software (Thermo 
Scientific, Madison, WI). Each spectrum was measured using 10 scans at resolution 4 (0.482 cm-1). 
 
5.3.2 Solution chemistries 
The concentrations of major constituents measured in the feed during this study are summarized 
in Table 5.1. The feed was a comingled industrial wastewater consisting of produced water influenced by 
hydraulic fracturing flowback (termed produced water in this study) originating from the Niobrara Shale 
formation. The produced water was obtained from an O&G service provider in the Denver-Julesburg 
basin, located northeast of Denver, CO. To minimize chemical variability in the feed, 210 L of flowback 
were collected in a single sampling event and stored in a climate-controlled room for the duration of the 
study. The DS was prepared using ACS grade NaCl (Fisher Scientific, Fair Lawn, NJ). 
The cleaning efficiencies of KL7330 (King Lee Technologies, San Diego, CA) and 
ethylenediamine-tetraacetic acid (EDTA) (Avantor, Central Valley, PA) were investigated in select 
experiments. KL7330 is a powder cleaner that targets oils, greases, and organic particulates at neutral 
solution pH, making it suitable for CTA and TFC membrane applications. EDTA was chosen because of 
its chelating properties, especially for cleaning polymeric membranes fouled by divalent cation-organic 
compound complexations; the EDTA solution pH was adjusted to pH 11 and pH 7.9 for the TFC and CTA 
membranes, respectively. The solution strength of both chemicals was 11,000 mg/L following the 
manufacturer’s recommendations. 
 
5.3.3 Bench-scale FO system 
The bench-scale system used in this study was similar to that described in previous publications 
[27]. A custom-made membrane test cell with symmetrical flow channels (76 x 255 mm) was employed. 
Feed and DS flow channel depth was controlled independently using nitrile rubber gaskets in order to 
incorporate turbulence enhancing spacers. Commercially available tricot and chevron spacers [26] were 
chosen to mimic the hydrodynamic conditions inside spiral wound membrane elements and were installed 
in the DS and feed channels, respectively, during select experiments. LabVIEW data acquisition software 
	   78 
(National Instruments, Austin, TX) and UE9-Pro DAQ systems (LabJack, Lakewood, CO) were used to 
control experimental test conditions (i.e., solution temperature, feed volume, and DS concentration) and 
to collect experimental data (i.e., permeate volume, DS and feed conductivity). 
 
Table 5.1. Average concentrations of major 
constituents measured in the produced water 
Constituent mg/L 
pH 6.9 
Total suspended solids 314 
Total organic carbon 95 
Dissolved organic carbon 70 
Total nitrogen 38 
Total carbohydrates (guar) 50 
Alkalinity (as CaCO3) 570 
Hardness (as CaCO3) 555 

















a Σ Cations = 431.4 meq/L; Σ Anions = -417.5 meq/L 
 
5.3.4 Experimental procedures 
All tests were conducted with 1 L (initial volume) DS (1 M NaCl) and 3 L of produced water FS at 
constant temperature (20±0.5 °C). The feed volume and DS concentration were held constant by 
intermittent dosing of deionized water into the feed tank and concentrated NaCl stock solution (300 g/L) 
into the DS tank. Batch experiments with hydrodynamic conditions similar to recently published standard 
methodology and conditions analogous to those in spiral wound FO elements were performed during four 
separate test sets (Table 5.2). 
For each set of experiments, a new membrane was installed in the membrane cell and tested 
with a produced water feed for 24 hrs. After 24 hrs, the system was stopped and the draw solution was 
replaced with deionized water, leaving the produced water in the feed hydraulic system in order to induce 
an osmotic backwash. In osmotic backwashing the direction of water permeation is reversed, thus 
removing foulants that have accumulated at the surface of the membrane [37, 38]. The fouled membrane 
was osmotically backwashed for 30 min at 0.2 m/s cross-flow velocity in both flow channels and 0.07 bar 
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transmembrane pressure (TMP) in favor of the feed. Following osmotic backwashing, the feed and DS 
were replaced with new produced water and NaCl brine and the membrane fouling test was resumed for 
an additional 24 hrs. Fouled membranes were osmotically backwashed once more and removed from the 
test cell for autopsy; half of the coupon was stored wet at 5 °C, while the other half was dried in a 
desiccator. 
 
Table 5.2. Summary of bench-scale operating conditions 
Test Set Experimental Condition Value Units 
A 
Feed cross-flow velocity 0.20 m/s 
DS cross-flow velocity 0.20 m/s 
Transmembrane pressure <0.07 (1) bar (psi) 
DS spacer/feed spacer tricot/NA NA 
B 
Feed cross-flow velocity 0.20 m/s 
DS cross-flow velocity 0.20 m/s 
Transmembrane pressure <0.07 (1) bar (psi) 
DS spacer/feed spacer tricot/chevron NA 
C 
Feed cross-flow velocity 0.30 m/s 
DS cross-flow velocity 0.10 m/s 
Transmembrane pressure 0.27 (4) bar (psi) 
DS spacer/feed spacer tricot/chevron NA 
D 
Feed cross-flow velocity 0.30 m/s 
DS cross-flow velocity 0.10 m/s 
Transmembrane pressure 2.76 (40) bar (psi) 
DS spacer/feed spacer tricot/chevron NA 
 
5.3.4.1 Baseline membrane performance 
Hydrodynamic conditions similar to recently published standard methodology were used during 
test set A [27]. This test set was conducted with 0.2 m/s cross-flow velocity in both flow channels to 
minimize TMP across the membrane (<0.07 bar in favor of the feed). No spacer was installed in the feed 
channel; however, a triple layered tricot spacer was used in the DS channel to provide mechanical 
support to the membrane and maintain a uniform flow channel. DS spacers were also used in test set A 
to ensure that changes in membrane performance observed in later test sets were independent of the DS 
spacer [39]. Results from test set A provided a baseline for comparing disparities in membrane fouling 
due to differences in membrane surface chemistry and physiochemical properties. The baseline results 
also served as a benchmark for comparing changes in membrane performance when operating under 
physical and hydrodynamic conditions similar to those used in spiral wound FO elements. 
 
5.3.4.2 Membrane performance under spiral wound operating conditions 
The physical and hydrodynamic operating conditions shown in Table 5.2 were varied stepwise 
during test sets B through D. The goal was to systematically elucidate membrane performance and 
fouling under conditions similar to those expected in spiral wound FO elements. Experiments from test set 
B were conducted with the same cross-flow velocities and TMP as those in test set A; however, a 
chevron spacer was installed in the feed channel to investigate changes in membrane performance and 
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permeation drag forces in the presence of a feed turbulence enhancer. Experiments in test set C were 
conducted with the same spacers as in test set B, but the feed cross-flow velocity was increased from 0.2 
m/s to 0.3 m/s and TMP was increased from 0.07 bar to 0.27 bar. Operating conditions in test set C were 
in agreement with those suggested by HTI in a previous study by Ren et al. [40]. These operating 
conditions were used to mimic conditions in spiral wound FO elements operated at the outlet of 
commercial FO pressure vessels. Experiments in test set D were conducted with the same spacers and 
cross-flow velocities as those in test set C. However, the TMP was increased from 0.27 bar to 2.76 bar to 
simulate the pressure conditions inside spiral wound elements operated near the inlet of a commercial FO 
pressure vessel with multiple elements operated in series [27]. 
 
5.3.4.3 Chemical cleaning 
The efficiency of chemically enhanced osmotic backwashing using KL7330 and EDTA was 
investigated in an additional set of experiments for an extended duration. Experiments under conditions of 
test set D were repeated on select membranes and the test duration was increased from 48 hrs to 96 hrs. 
After every 24 hrs of membrane fouling test, the feed and DS were replaced with 1 L of cleaning solution 
and 1 L of deionized water, respectively. The membrane was chemically cleaned for 30 minutes using the 
same operating conditions employed during osmotic backwashing. After chemical cleaning the feed and 
DS were replaced with new produced water and NaCl brine and membrane fouling test was resumed for 
another 24 hrs, after which the cleaning procedure was repeated. After 96 hrs of membrane testing, the 
coupon was chemically cleaned one more time and removed for autopsy. A new membrane coupon was 
used when investigating each chemical cleaning solution. It should be noted that membrane cleaning was 
not optimized in this study. The goal was to establish the effectiveness of traditional osmotic backwashing 
versus chemical cleaning after FO treatment of produced water to provide insight for future studies. 
 
5.3.5 Sampling and analytical methods 
Cation concentrations were analyzed using inductively coupled plasma atomic emission 
spectroscopy (ICP-AES) (Optima 5400, PerkinElmer, Fremont, CA) according to Standard Method 3120 
B. Samples were diluted as necessary to bring sodium concentrations below 500 mg/L and acidified with 
HNO3 to below pH 2. Feed samples were also filtered through a 0.45 µm filter to remove suspended 
solids prior to analysis. Anion concentrations were analyzed using ion chromatography (IC) (ICS-90, 
Dionex, Sunnyvale, CA) according to Standard Method 4110 B. All samples were diluted as necessary to 
bring chloride concentrations below 500 mg/L and feed samples were filtered through a 0.45 µm filter to 
remove suspended solids prior to analysis. A carbon analyzer (Shimadzu TOC-L, Columbia, MD) using 
the combustion catalytic oxidation method was employed to determine total organic carbon (TOC), 
dissolved organic carbon (DOC), and total nitrogen (TN) concentrations. 3-D fluorescence spectroscopy 
analyses were performed on DS samples using a spectrofluorometer (Aqualog, HORIBA Scientific, 
Edison, NJ). Fluorescence spectroscopy of samples at 20°C were analyzed for emission wavelengths 
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between 300 nm and 600 nm and excitation wavelengths between 240 nm and 480 nm. EEMs from each 
membrane were normalized by DOC concentration (2 mg/L) to better differentiate between DOC fractions 
that preferentially permeated through each membrane. 
Feed samples were also analyzed for hardness, alkalinity, and total carbohydrate concentration. 
Hardness was calculated from analytical results provided by ICP-AES. Alkalinity was determined via 
titration using sulfuric acid and HACH method 8203. The anthrone method [41] was used to determine 
total carbohydrate concentration in the produced water. It was assumed that any concentration of 
carbohydrates in the feed was attributed to guar gum that is commonly cross-linked and used as a gelling 
agent during hydraulic fracturing [42]. 
 
5.4 Results and discussion 
Water flux, contaminant rejection, membrane fouling, and chemical cleaning were evaluated 
using a combination of standard methodology and operating conditions analogous to those employed 
when operating industrial spiral wound FO membrane modules. 
	  
5.4.1 Membrane properties 
The measured physiochemical properties of each virgin FO membrane used in this study are 
summarized in Table 5.3. CTA exhibited the lowest pure water permeability, solute permeability, and 
structural parameter of the three membranes tested. TFC1 showed significantly greater pure water 
permeability than CTA, but also exhibited a much larger solute permeability and structural parameter. 
Similar to TFC1, the pure water permeability of TFC2 exceeded that of CTA; however, the solute 
permeability of TFC2 was much lower than that of TFC1 and its structural parameter was nearly identical 
to that of the CTA membrane. 
The surface energy data shows that all three membranes have similarly high Lifshitz-van der 
Waals components (γLW) and low electron acceptor components (γ+). The values for γLW and γ+ increased 
in the order TFC2>CTA>TFC1. For each membrane, the electron donor component (γ-) was significantly 
greater than the electron acceptor component (γ-/γ+ ≥ 15.3), indicating a high degree of monopolarity for 
each polymeric surface. These results are consistent with the negative zeta potential values that were 
calculated for all three membranes. The γ- values are also in agreement with previous studies that 
characterized a variety of polymeric membranes as having high electron donor monopolarity [31, 33, 34]. 
The γ- component of TFC1 was the highest of all three membranes, while that of TFC2 was only slightly 
higher than that of the CTA membrane. These values translate into moderate acid-base components (γAB) 
that are approximately 50% lower than the respective γLW component of each membrane and increased in 
the order TFC2>TFC1>CTA. The magnitude of the γAB value for each membrane, in relation to its γLW 
value, was used to calculate the free energy of cohesion (ΔGSWS) (Eq. 5a) and estimate the membrane’s 
hydrophobicity/hydrophilicity. Values of ΔGSWS show that TFC1 is strongly hydrophilic, the surface of 
TFC2 can be considered slightly hydrophilic, and the surface of CTA can be considered neither 
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hydrophilic nor hydrophobic. In general, the surface roughness of CTA and TFC1 are comparable while 
that of TFC2 is substantially lower. 
 
Table 5.3. Membrane physical and chemical properties 
Membrane Pure Water 
Permeability 
(A) 



























CTA 0.271 0.104 479 37.1 1.3 27.6 11.8 48.9 -0.9 -19.7 23.4/29.5 
TFC1 1.470 0.622 742 34.2 1.1 57.0 15.7 49.9 37.4 -24.1 23.1/28.6 
TFC2 1.040 0.230 483 38.8 2.2 33.6 17.3 56.1 5.8 -9.0 10.4/13.6 
a Determination of transport and structural parameters of FO membranes was achieved by methods 
proposed by Tiraferri et al. [28]. Four different draw solution concentrations were employed during 
membrane characterization. The maximum observed coefficient of variation between Jw/Js ratios 
measured in the various stages was 8.7%. The minimum coefficients of determination calculated by the 
non-linear fitting procedure for R2 (Jw) and R2 (Js) were 0.97 and 0.97, respectively. 
b 2 mM KCl electrolyte at pH 7 
 
5.4.2 FO membrane fouling by O&G produced water: effects of membrane selection 
Decline in water flux for each of the three membranes during test set A is presented in Figure 5.1 
as a function of cumulative permeate volume. The water flux (Jw) of each membrane is normalized to its 
initial water flux (Jw0) recorded at the beginning of the experiment. The normalized water flux shows a 
distinct, two-stage fouling process separated by the osmotic backwashing. During the initial fouling of the 
virgin membranes, water flux declines exponentially followed by a gradual transition into near linear flux 
decline. Constant water flux was not reached before the membranes were osmotically backwashed. Less 
than 50% of the original water flux was recovered for the three membranes after osmotic backwashing, 
indicating potential irreversible fouling. After osmotic backwashing, a near linear flux decline was 
observed for the three membranes. The overall loss in membrane performance due to fouling during test 
set A was least for CTA, followed by TFC1 and TFC2. 
It is evident that membrane fouling and flux decline occurring before osmotic backwashing is 
directly proportional to initial water flux and potentially due to permeation drag force of foulants towards 
the membrane surface. The initial water flux of TFC2 was highest during test set A (7.2 LMH), exceeding 
that of TFC1 (5.7 LMH) and CTA (3.9 LMH). Note the lower water flux of each membrane due to the high 
salinity of the feed (~25,000 mg/L TDS (~0.43 M)) relative to the 1 M NaCl DS. Similar findings were 
presented in recent publications, where the relationship between membrane fouling and initial water flux 
was investigated [43-45]. Although each membrane exhibits unique physiochemical surface properties 
(Table 5.3), a clear relationship between flux decline and membrane hydrophobicity and surface 
roughness could not be established. This is despite the overwhelming evidence supporting the correlation 
between membrane surface properties and flux decline under mild fouling conditions in recent 
publications [45-51]. Increased fouling due to electrostatic charge shielding of the membrane surface has 
also been previously proposed [52]; however, similar zeta potentials and thus electrostatic attraction-
repulsion forces are expected for the three membranes at high ionic strength based on findings presented 
in our recent study [53]. It is important to note that the water flux of TFC2 was higher than TFC1 during 
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test set A, despite having a slightly lower pure water permeability coefficient (Table 5.3). Lower than 
expected TFC1 water flux was attributed to greater internal concentration polarization resulting form its 
high structural parameter, thus hindering osmotic driving force [44, 54]. 
During osmotic backwashing, 47% of the loss in water flux was recovered for CTA, followed by 
24% for TFC1 and 37% for TFC2. Based on the above results and direct observation of the membrane 
surface, we infer that the osmotic backwashing removed the majority of the loosely bound foulants near 
the surface of the complex cake layer, while the foulants sorbed to the membrane surface were not 
entirely removed. Higher cleaning efficiency for CTA was indeed expected due to lower permeation drag 
during filtration and the relatively low permeate volume (1.6 L) compared to the TFC membranes. Flux 
recovery for TFC1 was much lower than CTA due to greater foulant deposition during filtration and higher 
permeation drag towards the membrane surface. It is also possible that this higher permeation drag force 
increased the compaction of foulants in the feed stream onto the TFC1 membrane surface, especially into 
the nano-scale valleys of the rough active layer. Interestingly, flux recovery for TFC2 was only 10% lower 
than CTA despite exhibiting the highest permeation drag force and achieving the greatest filtration 
volume. This flux recovery is attributed to the relatively smooth surface of TFC2, which is over 50% less 
rough than TFC1 and CTA. It is well documented that low surface roughness can minimize irreversible 
fouling and increase the DLVO surface energetics of the membrane surface [45, 46, 51, 55]. 
 
	  
Figure 5.1. Normalized water flux for CTA, TFC1, and TFC2 during test set A employing operating 
conditions described in Table 5.2. Water flux was normalized to the initial water flux for each membrane, 
independently. Osmotic backwashing (OB) was conducted after 24 hrs of membrane fouling during each 
test set. The initial water flux (Jw0) was 3.9 LMH, 5.7 LMH, and 7.2 LMH for CTA, TFC1, and TFC2, 
respectively.  
 
After osmotic backwashing, flux decline was near linear regardless of membrane type. This 
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foulant interactions near the surface of the cake layer. Similar conclusions were drawn in previous studies 
that investigated organic fouling and cleaning of FO membranes [46, 56]. 
 
5.4.3 Effects of operating conditions on FO membrane performance 
Normalized water flux as a function of time is shown in Figure 5.2 for CTA, TFC1, and TFC2 
under the four different operating conditions tested (Table 5.2). In general, flux decline before osmotic 
backwashing correlated well with initial water flux. After osmotic backwashing, flux decline appeared to be 
controlled by foulant-foulant interactions based on the near linear decline in water flux and lack of 
exponential flux decline observed when employing virgin membranes; however, the rate of flux decline 
was impacted by changes in hydrodynamic conditions in each test set. Flux recovery after osmotic 
backwashing was similar for all test sets and there was no clear correlation between changes in 
hydrodynamic test conditions and osmotic backwashing cleaning efficiency. 
A chevron spacer was installed in the feed channel during experiments in test set B; all other 
operating conditions were the same to those employed in test set A. The presence of the chevron spacer 
exacerbated membrane fouling compared to baseline results obtained in test set A. After 24 hours of 
testing, water flux had declined by 20%, 34%, and 40% for CTA, TFC1, and TFC2, respectively. Direct 
observation of the membrane surface (Figure 5.3) revealed that foulant deposition was severe at the 
contact points between the spacer and the membrane surface, which likely reduced surface area for 
water permeation and increased the effects of cake enhanced concentration polarization [57], which 
reduced the effective osmotic driving force across the membranes. These findings are supported by Park 
and Kim [39], who demonstrated the effects of feed spacers on concentration polarization near the 
spacer-membrane interface in FO when employing feed streams with variable concentrations of NaCl. 
Water flux continued to decline after osmotic backwashing in test set B and the final water flux of each 
membrane was lower than that observed in test set A after 48 hrs of operation. 
Experiments in test set C were conducted at higher feed cross-flow velocity, and thus higher 
tangential shear force, to minimize foulant deposition and reduce external concentration polarization. The 
operating conditions employed in test set C also simulate the hydrodynamic conditions in the last spiral 
wound FO elements of a multi-element commercial pressure vessel. Membrane fouling and flux decline 
were reduced for each membrane compared to test set A and test set B. After 24 hrs of testing, water flux 
had declined by 13%, 20%, and 30% for CTA, TFC1, and TFC2, respectively. Again, flux recovery after 
osmotic backwashing was similar to that of all previous test sets. Membrane performance observed 
during test set C indicate that increased cross-flow velocity could minimize foulant deposition and water 
flux decline over time, despite increased fouling propensity and irreversible fouling at the feed membrane-
spacer interface. 
The effects of increased hydraulic pressure in the feed channel were also investigated at high 
cross-flow velocity, similar to that employed in test set C. Membrane fouling and water flux decline in test 
set D were higher than those observed in all other test sets. No significant difference in osmotic  






Figure 5.2. Normalized water flux for the (a) CTA, (b) TFC1, and (c) TFC2 membrane fouling tests. Test 
sets indicate intervals of different operating conditions during the bench-scale study and are defined in 
Table 5.2. Water flux was normalized to the initial flux for each test set, independently. Osmotic 
backwashing (OB) was conducted after 24 hours of membrane fouling during each test set. The average 
initial water flux for each membrane was 4.3 ± 0.3 LMH for CTA, 7.4 ± 1.4 LMH for TFC1, and 7.2 ± 0.7 
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backwashing efficiency was observed. These results indicate that cake layer compaction due to hydraulic 
pressure may play a major role in controlling water flux in FO fouling, especially in spiral wound 
membrane elements employed in full-scale systems. It is also likely that increased cake layer compaction 
exacerbated the effects of cake enhanced CP, due to the hindered convection and diffusion of ions 
(resulting from reverse solute diffusion) away from the active layer and through the foulant layer. It is 
important to note that the magnitude of TMP used in this study has negligible impacts on water flux of FO 
membranes [27]. Therefore, changes in water flux are only due to foulant deposition and cake layer 
compaction on the membrane surface. 
Results from the current study suggest that during treatment of produced water with spiral wound 
modules, FO membrane fouling could be exacerbated by the presence of feed spacers. This raises 
questions regarding use of spiral wound FO elements for treatment of complex feed streams with minimal 
pretreatment [2], especially in light of results from a recent study where activated sludge was treated with 
plate-and-frame FO modules for over 120 days with no cleaning and minimal fouling [58]. In spiral wound 
FO modules, membrane performance can be increased and fouling minimized by increasing cross-flow 
velocity; however, this can increase the energy demand of the FO system significantly. For example, in a 
recent pilot scale study in the Haynesville Basin [2] the energy demand of the FO system was 
approximately 15 kWh/m3 when operated under conditions similar to this study (test sets C and D). This 
value exceeds the energy demand of traditional seawater reverse osmosis by nearly 4 times. It is 
important to note that this energy demand is likely to decrease substantially (from 15 kWh/m3 to 5 
kWh/m3) if the feed spacer thickness is minimized (100 mil to 30 mil); however, feed pretreatment is 
required in O&G applications if feed spacer thickness is reduced. At $0.10 kWh, 15 kWh/m3 translates to 
$0.24 cost of energy for treatment of one barrel (42 US gallons=159 L) of produced water. This is a very 
low O&M (energy is >75% of O&M) for treatment of produced water, especially given the high quality 
permeate that is generated with no pretreatment of the feed water (See Section 5.4.4). 
 
	  
Figure 5.3. Images of virgin and fouled CTA, TFC1, and TFC2 membrane samples. Fouled coupons are 
from membranes used under test set A and test set B conditions. 
Virgin CTA Virgin TFC1 Virgin TFC2 
TFC2 – Test Set A 
TFC2 – Test Set B 
TFC1 – Test Set A 
TFC1 – Test Set B CTA – Test Set B 
CTA – Test Set A 
Membrane-chevron Spacer Interface 
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5.4.4 Rejection of inorganic contaminants by FO membranes 
The rejection of dissolved inorganic ions during test set A and test set D for the three membranes 
is shown in Figure 5.4. These results represent solute rejection during experiments that exhibited the 
least (A) and most (D) membrane fouling and flux decline. Greater than 94% rejection of cations by the 
CTA membrane was observed in both test sets (Figure 5.4a); the concentrations of feed anions (i.e., 
bromide, fluoride, sulfate, nitrate, phosphate) in the DS were below detection limit throughout the study. 
Comparable cation rejection under the different testing conditions indicates that the diffusion of each 
analyte was largely independent of valence, molecular weight, and hydration radius. The rejection of 
divalent cations by CTA was slightly lower than that observed in previous studies [23, 27, 59]. This is 
likely due to cake enhanced CP resulting from the complexation of divalent cations with DOC at the 
membrane surface [47]. ATR-FTIR transmittance measurements of the fouled membrane surfaces 
indicated an overwhelming presence of calcium carbonate with traces of oil residues (>93.5% compound 
match to Omnic software library (Figure C1 in Appendix C)). The zeta potential of each fouled membrane 
was also 10 mV to 20 mV more negative than virgin samples (at pH 7), further supporting the likelihood of 
cake enhanced CP resulting from divalent cation-DOC complexation at the membrane surface (Figure C1 
in Appendix C). Similar findings were presented by Childress et al. [29], while investigating the impacts of 
humic acid in the presence of divalent cations on membrane zeta potential. Membrane scaling was also 
probable due to high carbonate concentrations in the feed, which would be exacerbated near the 
membrane surface. Cake enhanced CP and membrane scaling increased the solute concentration at the 
membrane boundary layer and thus the driving force for diffusive-based transport of ions into the DS. 
Higher ion transport (lower rejection) was measured during test set D, which was attributed to lower water 
recovery (compared to test set A) and severe cake enhanced CP due to cake layer compaction at high 
TMP. 
Ion rejection by the polyamide TFC1 membrane (Figure 5.4b) was lower than that of the CTA 
membrane. Monovalent cation rejection increased with molecular weight and hydration radius. Divalent 
cation rejection was greater than 95% and comparable for all solutes regardless of valence and molecular 
weight. Similar to CTA, rejection of divalent cations was lower than anticipated due to cake enhanced 
concentration polarization and membrane scaling. Lower cation rejection by TFC1 was also expected due 
to electrostatic attraction to the functionalized polymer surface, regardless of ionic strength [53]. Contrary 
to the results observed with TFC1, cation rejection measured for TFC2 (Figure 5.4c) was the highest 
throughout the study despite severe membrane fouling; at least 96% rejection of cations was measured in 
both test sets. While the physiochemical properties of TFC2 are similar to that of CTA (Table 5.2), the 
membrane zeta potential of TFC2 is near neutral and might result in lower electrostatic attraction of feed 
cations to the membrane surface and minimize CP. Similar to CTA, cation rejection by both polyamide 
TFC membranes was lower during test set D due to lower water recovery (compared to test set A) and 
severe cake enhanced concentration polarization. 
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Figure 5.4. Rejection of dissolved ions by the (a) CTA, (b) TFC1, and (c) TFC2 membranes during test set 
A and D. Operating conditions for each test set are shown in Table 5.2. 
 
5.4.5 Rejection of dissolved organic carbon and total nitrogen by FO membranes 
The rejection of DOC and total nitrogen (TN) by the three membranes during test sets A and D 
are shown in Figure 5.5. The rejection of DOC was in agreement with trends observed with inorganic ion 
rejection. TFC2 exhibited the highest rejection of DOC, followed by CTA and then TFC1. The lowest DOC 
rejection observed throughout the study was 93% by TFC1, while the highest rejection was nearly 98% 
for TFC2. DOC rejection was similar for all membranes tested regardless of operating conditions; 
however, slightly higher DOC rejection was measured (Figure 5.5a) when increased membrane fouling 
was observed (Figure 5.1). These results suggest that cake layer formation on the membrane surface 
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effectively shields the active layer and increases the sorption capacity for additional contaminants, while 
reducing the mass transport capacity. Increased DOC rejection also shifts the membrane zeta potential 
more negative [29], increasing the electrostatic attraction of cations near the membrane surface and 
thereby increasing the concentration gradient across the membrane boundary layer. Therefore, lower 
cation rejection due to CP (Figure 5.4) is exacerbated by increased electrostatic attraction and correlates 
well with increased DOC concentration at the membrane surface. 
All membranes in the study poorly rejected TN present in the produced water, and no obvious 
correlation with membrane fouling was observed. TN rejection ranged from 85% to 89% for CTA and from 
59% to 67% for TFC1. The performance of TFC2 was more consistent and TN rejection was 
approximately 84% during both test sets. Although the mass transport of TN could not be correlated with 
molecular weight and hydration radius, it appears that the order of TN rejection by each membrane was 
similar to that observed for inorganic ion rejection (CTA≈TFC2>TFC1). 
 
	   	  
 
Figure 5.5. Rejection of (a) dissolved organic carbon (DOC) and (b) total nitrogen by the CTA, TFC1, and 
TFC2 membranes during test sets A and D. Operating conditions for the test set are summarized in Table 
5.2. 
 
Fluorescence spectrophotometry was employed to qualitatively characterize the composition of 
dissolved organic compounds that diffused across the different polymeric membranes. Excitation-
emission (EEM) plots of the draw solutions from the end of test set D are shown in Figure 5.6. A list of 
peaks identified in this study and observed in previous publications is summarized in Table 5.4. No peaks 
were observed in the initial draw solution (not shown) and the system was operated at constant DS 
concentration. Therefore, the peaks shown in DS samples from the end of the experiment are due to the 
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Figure 5.6. Comparison of draw solution EEMs at the end of test set D for (a) CTA, (b) TFC1, and (c) 
TFC2. All EEMs intensities are normalized to a draw solution DOC concentration of 2.0 mg/L. 
 
Marine humic-like organic compounds (Table 5.4) were present in the DS after experiments with 
the CTA membrane (Figure 5.6a), but no fulvic-like organic compounds were identified. Visible humic-like 
and soil fulvic-like organic compounds were present in the TFC1 DS (Figure 5.6b) and little influence of 
marine humic-like organic compounds was detected. The difference in organic composition between the 
CTA and TFC1 final DS indicates that preferential diffusion of different organic compounds might be a 
function of polymer chemistry and supports the similar observations reported for the rejection of TN 
(some of which is definitely organic nitrogen). Interestingly, the characteristics of the organic compounds 
detected in the TFC2 DS (Figure 5.6c) were broad and similar to both the CTA and TFC1 membrane, 
despite its superior rejection. A broad peak indicative of marine humic-like and visible humic-like organic 
compounds was identified in addition to a soil fulvic-like organic peak. Fluorescence peaks shown in 
Figure 5.6 are also similar to those of several common polycyclic aromatic hydrocarbons previously 
(a) (b) 
(c) 
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investigated by Ferretto et al. [60]; however, several of these peaks overlap with different organic 
compounds observed in previous studies [61-64]. While the EEMs obtained in our study support 
conclusions regarding the preferential diffusion of organic compounds based on membrane polymer 
chemistry, they also show that a key focal point in future studies must be the advancing of analytical 
capabilities for characterizing the DOC in produced water to better understand the preferential diffusion of 
organic compounds across different membranes. 
 
Table 5.4. Previously identified spectra positions of the fluorescence maxima of dissolved organic 
matter and select PAHs 
Description Emission Max (nm) Excitation Max (nm) Ref 
Marine humic-like 370-410 290-310 [63, 64] 
Visible humic-like 420-460 320-360 [63, 64] 
Soil fulvic acid-like 521 455 [63, 64] 
Fluorene 310 260 [60] 
Phenanthrene 366 250 [60] 
Anthracene 382 245 [60] 
402 245 
Pyrene 374 240 [60] 
392 240 
 
5.4.6 Effects of chemical cleaning on membrane performance 
The long term performance and effects of chemical cleaning of CTA and TFC2 are shown in 
Figure 5.7. Each membrane was tested for 24 hrs with produced water feed and then chemically cleaned 
using EDTA or KL7330 for 30 min. After chemical cleaning, the membranes were tested for an additional 
24 hrs with produced water feed to compare between the fouling propensity of virgin and chemically 
cleaned membranes; this process was repeated three times (total of 96 hrs). The water flux of each 
membrane is normalized to the initial water flux recorded at the beginning of the experiment. 
In general, the normalized water flux data is similar to results shown for test set D in Figure 5.2. 
During the initial fouling of the virgin CTA membrane, the water flux declines exponentially, followed by a 
gradual transition into near linear flux decline. During the initial fouling of the virgin TFC2 membrane, the 
water flux declines exponentially throughout the first 24 hrs of testing. Steady state water flux was never 
reached before each membrane was chemically cleaned. Water flux was consistently returned to near 
90% of the initial flux (or greater) for the two membranes, resulting in significantly less irreversible fouling 
compared to osmotic backwashing cleaning. During subsequent fouling of each membrane, a similar 
decline in water flux was observed for each membrane, indicating that chemical cleaning effectively 
cleaned the membranes to near virgin conditions. Similar to results above (Figure 5.1 and Figure 5.2), the 
decline in water flux was greatest for the TFC2 membrane, despite effective chemical cleaning every 24 
hrs. 
After chemical cleaning, water flux through CTA recovered by approximately 78% and 72% for 
the KL7330 and EDTA, respectively (Figure 5.7a). The cleaning performance of EDTA remained nearly 




Figure 5.7. Normalized water flux data for (a) the CTA membrane chemically cleaned with KL7330 and 
EDTA and (b) the TFC2 membrane chemically cleaned with KL7330 and EDTA. Fouling tests were 
conducted using experimental conditions outlined in test set D (Table 5.2). Water flux was normalized to 
the initial flux for each experiment. Chemically cleaning (CC) was conducted for 30 minutes after every 24 
hours of continuous membrane testing with produced water feed. The average initial water flux was 4.6 ± 
0.0 LMH for the CTA and 8.6 ± 0.1 LMH for the TFC2. 
 
constant across all three cleaning events; however, the cleaning efficiency of KL7330 gradually declined 
and flux recovery was only 53% after the last cleaning event. Based on the above results and direct 
observation of the membrane surface, we infer that KL7330 is suitable for targeting the loosely bound 
organic foulants near the surface of the complex cake layer, but inefficient at addressing divalent-organic 
compound complexations and scaling at the CTA membrane interface. These findings are supported by 
the change in CTA membrane fouling during each subsequent fouling experiment. The exponential flux 
decline observed early in the experiments changed to near linear flux decline by the end of the study, 
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interactions. Furthermore, these findings are also supported by the consistent cleaning efficiency of 
EDTA, which specifically targets divalent-organic compound complexations in the cake layer. Water flux 
through the TFC2 membrane recovered by approximately 75% and 73% for the KL7330 and EDTA, 
respectively (Figure 5.7b). Despite the highest permeation drag force and filtration volume of the two 
membranes, the cleaning efficiency of TFC2 was comparable to CTA. Interestingly, even the cleaning 
performance of KL7330 for TFC2 remained consistent throughout the entire experiment and did not 
decline (compared to CTA). Therefore, it is likely that the extremely smooth surface of TFC2 enabled 
greater chemical cleaning efficiency of the membrane. These findings raise important questions regarding 
the economic tradeoffs between operating spiral wound FO systems with lower flux CTA membranes 
(resulting in lower fouling propensity) or with higher flux (and thus higher fouling rate) TFC membranes 
with potentially equal or superior cleaning properties to CTA. 
After the final chemical cleaning event, each membrane coupon was removed for autopsy (ESEM 
coupled with EDS, ATR-FTIR, and zeta potential) to investigate membrane robustness and identify any 
possible changes to the membrane surface. Representative ESEM micrograph and EDS spectra are 
shown in Figure 5.8 for TFC2 chemically cleaned with EDTA. In general, the chemical cleaning process 
successfully removed most foulants from the membrane surfaces that were not in contact with the 
chevron spacer (Figures 5.8a and 5.8b). At points where the chevron spacer contacted the active layer, a 
significant cake layer was formed on the membrane surface. Neither chemical was effective at removing 
this irreversible fouling layer from the membrane-spacer interface, thus providing a nucleation site for 
subsequent foulant deposition and attachment. EDS spectra (Figure 5.8c) taken from multiple areas of 
the cake layer revealed a significant presence of iron, barium, and calcium precipitates, which is 
consistent with the scaling tendencies predicted by OLI for this particular produced water. These findings 
were consisted for both membranes, regardless of chemical used. 
ATR-FTIR transmittance spectra and zeta potential measurements are presented in Figure 5.9 for 
both membranes. Virgin coupons were analyzed in addition to coupons fouled and chemically cleaned to 
identify possible changes to each FO membrane after extended exposure to produced water. The CTA 
membrane exhibited no change in ATR-FTIR transmittance spectra (Figure 5.9a), indicating exceptional 
robustness and resilience to chemical change of the polymeric active layer after exposure to produced 
water. The zeta potential of CTA changed slightly from pH 4 to pH 8 (Figure 5.9b), suggesting a possible 
change to the membrane’s electrokinetic properties; however, this slight change is likely due to the small 
concentration of negatively charged organic compounds irreversibly sorbed to the membrane surface. 
This phenomena was investigated by Childress et al. [29], who demonstrated the effect of organic 
compounds and divalent-organic compound complexations on membrane zeta potential. 
Contrary to CTA, the TFC2 membrane exhibited substantial shifts in ATR-FTIR transmittance 
spectra (Figure 5.9b). This indicates that the TFC2 polymer chemistry might be susceptible to chemical 
interaction with contaminants in the produced water. These findings might be supported by the significant 
decrease in zeta potential measurements of TFC2 after the majority of the fouling layer was chemically 
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removed from the active layer. The zeta potential of the chemically cleaned TFC2 membrane was 
approximately 50 mV more negative than virgin samples (Figure 5.9d) and even 25 mV more negative 
than the fouled membrane (~ -30 mV at pH 7 (data not shown)). Furthermore, the zeta potential of the 
chemically cleaned TFC2 membrane closely resembled the ionization curve of an amphoteric surface 
from pH 3 to pH 10 (Figure 5.9d). It is unlikely that such changes are induced by the chemical cleaning 
process due to similar changes in membrane physiochemical properties, regardless of chemical 
employed during membrane cleaning. 
 
	  	   	  
	  
Figure 5.8. ESEM micrograph of the TFC2 membrane (a) active layer and (b) cross section after fouling 
with produced water and subsequent chemical cleaning with EDTA. Irreversible organic fouling and 
inorganic scaling were observed on the membrane active layer, where the feed spacer contacts the 
membrane surface. (c) EDS spectrum of the fouling region on the membrane active layer indicates major 
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Figure 5.9. ATR-FTIR transmittance spectra for (a) CTA and (c) TFC2. Each graph shows the 
transmittance spectrum for samples analyzed from a virgin membrane and fouled membranes chemically 




Results from the current study suggest that during treatment of produced water with no 
pretreatment: (1) FO membrane fouling is dominated by initial water flux and permeation drag in the short 
term; (2) physiochemical surface properties might play a more important role during membrane cleaning, 
especially under optimized conditions (e.g., suitable chemical cleaner versus osmotic backwashing); (3) 
long-term membrane fouling is dominated by foulant-foulant interactions after the formation of a cake 
layer, regardless of membrane type; (4) long-term fouling might be mitigated with suitable chemical 
pretreatment with appropriately selected anti-scalants or anti-foulants; and (5) long-term FO system 
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performance might be better controlled with optimized hydrodynamic conditions near the membrane 
surface (i.e., feed flow velocity, module design, membrane packing) and not by membrane selection. This 
is especially important given the recent surge of interest in TFC membranes for treatment of complex 
feed streams with FO. 
In general, the FO membranes demonstrated very high rejection of dissolved ions and organic 
compounds. While results from this study suggest that long-term rejection of feed stream contaminants 
might decline in the presence of a complex cake-layer at the membrane surface due to concentrative CP, 
the DS is of suitable quality for local reuse in subsequent hydraulic fracturing operations and for 
downstream desalination processes like RO. Further research and more well defined analytical 
techniques are needed to better understand, and accurately quantify the composition of dissolved organic 
compounds and nitrogen containing species that do permeate through the FO membranes into the DS.  
This is especially true given the complex nature and high TDS of most O&G production wastewaters, in 
addition to the highly concentrated DS streams that must be employed. Furthermore, accurate 
contaminant quantification is also of the utmost importance in cases where downstream desalination 
process might be employed and contaminants could become concentrated in the closed loop DS stream 
over time. 
The chemical cleaning efficiency of EDTA was highest throughout the study and was likely due to 
its high pH when mixed in solution and its chelating properties. Interestingly, the chemical cleaning 
efficiency of the TFC2 membrane remained consistent throughout the study and did not decline 
compared to CTA membrane. It is likely that the very smooth surface of TFC2 enabled higher chemical 
cleaning efficiency of the membrane, raising important questions regarding the potential economic 
tradeoffs between operating FO systems with lower flux CTA membranes (resulting in lower fouling 
propensity) or with higher flux (and thus higher fouling rate) TFC membranes with potentially equal or 
superior cleaning properties to CTA. This is despite the fact that the contribution of the physiochemical 
surface properties of each membrane to its fouling propensity (compared to permeation drag) remains 
unclear given the complex nature of the feed stream. 
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CHAPTER 6 
IMPACTS OF OIL AND GAS WASTEWATERS ON THE TRANSPORT PARAMETERS AND 
PHYSIOCHEMICAL PROPERTIES OF FORWARD OSMOSIS MEMBRANES 
 
Modified from a paper in preparation for submission to the Journal of Membrane Science  
 
Bryan D. Coday1v, Christiane Hoppe-Jones2, Nohemi Almaraz1, Shane A. Snyder2, and Tzahi Y. Cath1* 
 
6.1 Abstract 
The application of semipermeable membranes for dewatering of complex oil and gas 
wastewaters continues to be a topic of surging interest. Several studies have explored the fouling 
propensity and contaminant rejection of osmotically driven membranes during forward osmosis (FO) 
treatment of produced waters; however, none of the studies have investigated changes in membrane 
transport and physiochemical properties after exposure to these feed streams. In this study, we discuss 
the impacts of produced water exposure on the transport and active layer surface properties of cellulose 
triacetate (CTA) and polyamide thin-film composite (TFC) FO membranes. We also report on one of the 
first successful applications of a surface coated TFC membrane manufactured by Hydration Technology 
Innovations. While produced water exposure yields some, albeit minor changes to the pure water 
performance and surface characteristics of CTA and traditional TFC membranes, a near 50% reduction in 
reverse salt flux and contaminant transport was observed for the surface coated TFC membrane; only 
minimal changes in pure water permeability were recorded. Results of this study demonstrate the 
chemical and physical robustness of FO membranes for treatment of oil and gas wastewaters, and they 
highlight a knowledge gap that exists in membrane polymer selection and contaminant interactions with 
the membrane polymer matrix that should be further addressed in future membrane fouling studies. 
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The application of semipermeable polymeric membranes for dewatering of complex feed streams, 
and especially those laden with a variety of organic compounds and hydrocarbons, has increased in 
recent years [1-8]. This is especially true in the oil and gas industry, where surging exploration has 
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spurred the rapid development of tight-barrier membrane processes for treatment of oil field wastewaters 
like hydraulic fracturing flowback and produced waters [3-6, 8-13]. While the potential for exceedingly 
high total dissolved solids (TDS) concentrations in produced water has been a traditional hurdle for a 
variety of water treatment technologies, the prevalence of dissolved organic compounds and aromatic 
substances in oil field wastewaters has gained significant attention [14-19]. The organic compounds 
present in feed streams like produced water exhibit a wide range of physiochemical properties and 
concentrations and their potential effects on membrane performance and sustainability is not yet clear. 
The effects of produced water and organic compound exposure on the properties of pressure driven 
membranes (e.g., water permeability, contaminant rejection, and membrane surface characteristics) has 
been briefly investigated [7, 20]; polyamide thin-film composite (TFC) membranes exhibited notable 
changes in membrane performance and physiochemical properties, while no significant changes were 
reported for a traditional cellulose triacetate (CTA) RO membrane. Several studies have explored the 
application of osmotically driven membranes (i.e., forward osmosis (FO)) for similar feed waters [13, 21-
24]; however, none have specifically investigated the potential for changes in membrane performance 
and active layer surface properties. 
 
6.2.1 Produced water treatment: Deviations in FO membrane performance 
The impacts of FO membrane selection and system operating conditions on fouling propensity 
and overall membrane performance were recently investigated during produced water treatment [9]. 
Water flux, contaminant rejection, and chemical cleaning were evaluated for a CTA membrane and two 
TFC membranes. One TFC membrane employed a traditional polyamide surface chemistry, while the 
other was one of the first surface coated polyamide membranes to be employed in FO. That study did not 
focus specifically on identifying changes in membrane surface properties or permeability after exposure to 
produced water; however, membrane surface characterization after each experiment did suggest a shift 
in each membrane’s physiochemical properties, especially the polyamide TFC membranes. Changes in 
membrane surface properties were supported by pure water integrity tests, during which variations in 
specific reverse salt flux ((SRSF) the ratio of RSF (Js) of draw solution (DS) solutes to pure water flux (Jw) 
from the feed to the DS) were monitored (Figure 1). The SRSF of the CTA membrane changed minimally 
after produced water treatment, while significant and equally unique trends were recorded for both 
polyamide, TFC membranes (Figure 1a). SRSF increased on average by 74% for TFC1 and decreased 
by 39% for TFC2. While irreversible fouling and cake enhanced concentration polarization (CECP) might 
have biased these changes in membrane performance (as suggested by the relatively large standard 
deviation shown for TFC1), integrity tests conducted after chemical cleaning (Figure 1b) revealed that 
changes in membrane performance could possibly be a direct result of chemically or physically induced 
changes to the membrane. No direct correlation could be established between system operating 
conditions and the observed changes in membrane performance after exposure to produced water. 
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Figure 6.1. Percent change in SRSF (ΔJs/Jw) of CTA, TFC1, 
and TFC2 membrane coupons exposed to produced water 
(48 hrs) and after (a) osmotic backwashing (30 min) and (b) 
chemical cleaning (30 min). The percent change in SRSF is 
relative to virgin membrane performance before produced 
water exposure. Data adopted from [9]. 
 
6.2.2 Objectives 
Therefore, the main objective of this study was to investigate the impacts of exposure to 
produced water on the transport and physiochemical properties of FO membranes. This study was not 
meant to supplement the fouling performance and data previously presented for produced water 
treatment [9], but to elucidate the impact of oil and gas wastewater on the short-term chemical stability of 
FO membranes. Of special interest was the performance and sustainability of a TFC membrane coated 
with a proprietary hydrogel to enhance its physical robustness and antifouling properties. A set of bench-
scale experiments were conducted using raw produced water feed and three FO membranes, each 
exhibiting unique surface properties and polymeric chemistries. Each membrane was exposed to 
produced water for an extended period of time and then thoroughly cleaned prior to membrane autopsy. 
Pure water flux, RSF, and membrane surface properties were evaluated before and after exposure to 
produced water to highlight changes in membrane performance and permeability. An FO transport and 
structural parameter model [18] and containment rejection data collected during membrane exposure 
tests support the findings of this investigation. The results of this study can help guide future 
investigations on the performance and sustainability of polymeric membranes for produced water 
treatment and highlight the need for more rigorous membrane performance testing after fouling studies at 
the bench-scale. We also report on one of the first successful applications of a surface-modified FO 
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6.3 Materials and methods 
Three flat sheet FO membranes were investigated. The first membrane was an asymmetric CTA 
membrane from Hydration Technology Innovations (HTI, Albany, OR). The other two membranes were 
polyamide, TFC membranes also provided by HTI. The first TFC membrane (designated TFC1) is a 
traditional polyamide membrane with no surface modification, while the active layer of the second TFC 
membrane (designated TFC2) was modified by HTI with a proprietary hydrogel to enhance its antifouling 
properties. The support layer of both TFC membranes are reported to be made of polysulfone. Membrane 
coupons were soaked in deionized water for 24 hrs prior to all experiments and then installed in each test 
cell with their active layer facing the feed. The water and solute permeability coefficients (A and B, 
respectively) and the modeled structural parameter (S) of the three membranes were determined using 
methodologies developed by Tiraferri et al. [18]. The A, B, and S coefficients for each membrane were 
similar to those reported in our previous study [9], which employed membranes from the same casting. 
 
6.3.1 Bench-scale FO system 
The bench-scale system and custom-made membrane test cell (194 cm2 active area) used in this 
investigation are the same as those used in our previous study [9] and have been thoroughly described 
elsewhere [25]. Three layers of a commercially available tricot spacer were used in the DS flow channel 
in all experiments to provide mechanical support for the membranes and to minimize physical stress on 
the membrane at the internal edges of the test cell. LabView data acquisition software (National 
Instruments, Austin, TX) coupled with UE-9 Pro DAQ hardware (LabJack, Lakewood, CO) were used to 
control experimental test conditions and to log experimental data. 
 
6.3.2 Solution chemistries 
The feed solution used in this study was a comingled wastewater from the upstream O&G 
industry consisting of produced water influenced by hydraulic fracturing flowback water (designated 
produced water in this study). The produced water originated from the Niobrara Shale formation and is 
similar to that previously investigated using the same FO membranes [9]. To minimize chemical variability 
in feed water quality, produced water were collected in a single sampling event and stored in a 200 L (55 
gal) barrel; the barrel remained sealed throughout the study in a climate-controlled laboratory. The 
concentrations of major constituents measured in the produced water are summarized in Table 6.1. 
The DS was prepared using ACS grade NaCl (Fisher Scientific). During baseline performance 
tests, four DS concentrations were employed (0.3, 0.6, 0.9, and 1.4 M NaCl) using similar methodologies 
described by Tiraferri et al. [18]. DS concentrations up to 1.4 M were employed to simulate realistic DS 
concentrations that can be maintained by a downstream RO process. The evaluation of water flux and 
RSF at increasing DS concentrations can also help to determine changes in internal concentration 
polarization (ICP), and thus the structural parameter (S) of each membrane. During experiments in which 
the membranes were exposed to produced water feed, 1 M NaCl DS was employed to mimic conditions 
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employed in our previous study [9, 26]. Ethylenediamine-tetraacetic acid (EDTA) (Avantor, Central Valley, 
PA) was used for cleaning of the membranes after exposure to produced water. The EDTA solution 
strength was 11,000 mg/L following manufacturer recommendations and the pH was adjusted to 8 and 11 
for the CTA and TFC membranes, respectively. 
 
Table 6.1. Average concentrations of major 




Total suspended solids 95 
Chemical oxygen demand 833 
Total organic carbon 320 
Dissolved organic carbon 312 
Total nitrogen 19 
Total carbohydrates (guar) 55 
Alkalinity (as CaCO3) 696 














a Σ Cations = 247.7 meq/L; Σ Anions = 272.4 meq/L 
 
 
6.3.3 Experimental procedures 
A set of bench-scale experiments were conducted using raw produced water feed and three FO 
membranes, each exhibiting unique surface properties and polymeric chemistries. Each membrane was 
exposed to produced water for an extended period of time and then thoroughly cleaned prior to 
membrane autopsy. 
	  
6.3.3.1 Baseline membrane performance verification 
All baseline membrane performance tests were conducted with 1 L (initial volume) DS (0.3, 0.6, 0.9, 
and 1.4 M NaCl) and 3 L deionized water feed at constant temperature (20 ºC). The DS concentration 
and feed volume were held constant by intermittent dosing of 300 g/L NaCl solution into the DS tank and 
deionized water into the feed tank. For the first set of baseline experiments, a new membrane coupon 
was installed in the test cell and its performance (i.e., water flux and RSF) was evaluated for 1.5 hrs using 
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0.3 M NaCl DS. The feed and DS cross-flow velocity was 0.2 m/s with a transmembrane pressure (TMP) 
of less than 0.07 bar (1 psi) in favor of the feed. After 1.5 hrs the system was stopped, drained, and the 
DS was replaced with 0.6 M NaCl DS. The feed tank was filled with new deionized water. Baseline 
performance tests resumed under the same testing conditions for another 1.5 hrs. This procedure was 
repeated for two additional experiments using 0.9 M and 1.4 M NaCl DS. At the end of the experiment, all 
streams were flushed with deionized water and the system was left to recirculate for 12 hrs. After 12 hrs 
of deionized water recirculation, the virgin membrane coupons were removed from the system and stored 
for autopsy; half of each coupon was dried in a desiccator and half was stored wet at 5 ºC. 
After evaluating each virgin membrane’s performance, a new membrane coupon was installed in 
the test cell and the performance experiments were repeated with the same four DS concentrations and 
deionized water feed; however, at the end of the experiments the membrane coupons were not removed 
from the system. Instead, the system was drained and the feed was replaced with EDTA solution and the 
DS was replaced with deionized water. The solutions were circulated in the system for 2 hrs at 0.2 m/s in 
both hydraulic channels and with 0.07 bar TMP, simulating chemically enhanced osmotic backwashing 
(CEOB). After 2 hrs of CEOB, the system was stopped and all hydraulic channels were replaced with 
deionized water for 12 hrs of continuous recirculation to rinse the membrane and test system of EDTA. 
After 12 hrs of deionized water recirculation, membrane performance test were repeated to determine if 
changes in baseline membrane performance occurred after CEOB only. At the end of the performance 
evaluation, the coupons were removed from the system and stored for autopsy. 
 
6.3.3.2 Exposure to produced water 
All produced water exposure tests were conducted with 1 L (initial volume) DS (1 M NaCl) and 200 
L of produced water feed at constant temperature (20 ºC). The produced water barrel was connected to 
the membrane test cell in a closed loop, which remained sealed for the duration of the study. A large feed 
volume ensured that adequate concentrations of membrane foulants and dissolved contaminants were 
present for the duration of each experiment and that changes in feed stream osmotic pressure were 
negligible. Headspace sealing of the feed barrel ensured that volatilization of dissolved organic 
compounds to the surrounding environment did not occur while circulating through the bench-scale 
system. The DS concentration was held constant by intermittent dosing of 300 g/L NaCl solution into the 
DS tank. Deionized water was not added to the feed barrel during exposure tests. 
Before each produced water exposure test, a new membrane coupon was installed in the test cell 
and baseline performance experiments were repeated with the same four NaCl DS concentrations and 
deionized water feed. After baseline performance tests were completed, each membrane coupon was 
exposed to produced water for 48 hrs under the same hydrodynamic conditions described above, thereby 
mimicking the fouling conditions explored during test set A of our recent publication [9] (feed and DS 
velocity 0.2 m/s, TMP 0.07 bar, no feed spacer). Exclusion of turbulence enhancing spacer in the feed 
channel during these experiments ensured that changes in membrane performance after exposure to 
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produced water were not due to physical deformations of the active layer at the spacer-membrane 
interface. After 48 hrs of produced water exposure the system was stopped, the feed and DS channels 
were drained, and the membrane coupon was cleaned by CEOB for 2 hrs. Although no foulants were 
visible on the membranes after CEOB, the flow channels of the system were drained and replaced with 
deionized water on both sides of the membrane and the system was left to recirculate for 12 hrs. This 
allowed ample time for any contaminants remaining on the membrane surface to potentially solubilize into 
the deionized water. After 12 hrs recirculation of deionized water, membrane performance test were 
repeated to determine if changes in baseline membrane performance occurred after exposure to 
produced water. At the end of the performance evaluation, the coupons were removed from the system 
and stored for autopsy. 
 
6.3.4 Sampling and analytical methods 
Cation concentrations were analyzed using inductively coupled plasma atomic emission 
spectroscopy (ICP-AES, Standard Method 3120 B) (Optima 5400, PerkinElmer, Fremont, CA) and anion 
concentrations were analyzed using ion chromatography (IC, Standard Method 4110 B) (ICS-90, Dionex, 
Sunnyvale, CA). All samples were diluted as necessary to bring sodium and chloride concentrations 
below 500 mg/L and feed samples were filtered through a 0.45 µm filter to remove suspended particles. 
For ICP-AES analyses, samples were acidified with nitric acid to below pH 2. Feed samples were also 
analyzed for alkalinity, hardness, and total carbohydrate concentration; carbohydrate concentrations were 
quantified using the anthrone method [27]. It can be assumed that carbohydrates in the feed were 
attributed to guar gum, which is commonly used as a viscosity enhancer to suspend proppants during 
hydraulic fracturing [28]. 
A Shimadzu TOC-L carbon analyzer (Shimadzu Corporation, Columbia, MD) using the combustion 
catalytic oxidation method was used to quantify total organic carbon (TOC), dissolved organic carbon 
(DOC), and total nitrogen (TN) concentrations. Samples were acidified using hydrochloric acid to below 
pH 2. A non-targeted screening of the DS and feed samples was conducted using accurate-mass liquid 
chromatography-quadrupole time-of-flight ((LC/Q-TOF) Agilent 6540, Santa Clara, CA) and gas 
chromatography-quadrupole time-of-flight ((GC/Q-TOF) Agilent 7200, Santa Clara, CA) mass 
spectrometry analyses. LC- and GC/Q-TOF were used to qualitatively evaluate the prevalence and 
distribution of dissolved organic compounds in the produced water feed and of the organic compounds 
that diffused through the FO membranes. 
Separation for LC/Q-TOF analysis was performed on a Zorbax C18 column using a 
water/acetonitrile gradient with formic acid as modifier at a flow of 0.4 mL/min. For each run, 10 µL 
sample was injected in triplicate. The gradient was held constant at 90% water and 10% acetonitrile for 
the first minute. The percentage of acetonitrile was then constantly increased to reach 100% at 10 min, 
which was held for 5 min. The first minute of each run was wasted to avoid the introduction of large 
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amounts of salt into the instrument. ESI positive mode was used with a scan range from m/z 25 to m/z 
3200. 
Samples for GC/Q-TOF analysis were loaded on a SPME fiber (30 µm PDMS), after heating them 
to 60 ºC to allow for the sorption of volatile compounds out of the headspace. Desorption of the 
compounds occurred in the injector at 250 ºC. Separation for GC/Q-TOF analysis was performed on a 30 
m HP-5ms column (0.25 mm x 0.25 µm) using the following temperature program: 50 ºC (held for 6 min), 
ramp to 300 ºC at 10 ºC/min (held for 10 min). Electron ionization mode at 70 eV was used with a scan 
range of m/z 40 to 1000 Da. All samples were injected in triplicate. 
LC/Q-TOF data was processed using Mass Profinder (Agilent) to identify molecular features that 
appeared in all of the triplicates of each sample, followed by Mass Profiler Professional (Agilent) for 
alignment and identification of similar and unique features in each sample. GC/Q-TOF data was 
deconvoluted using MassHunter Qual (Agilent). Mass Profiler Professional was used for alignment and 
identification of compound features that were only present in all triplicates of each sample. Heat maps 
were generated in Mass Profiler Professional after the subtractions of method blanks from each sample. 
 
6.3.5 Membrane characterization 
The active layer of each FO membrane before (virgin) and after exposure to EDTA cleaning 
solution and produced water was analyzed using several traditional membrane characterization 
techniques. The goal of membrane characterization was not to identify the unique physiochemical 
properties of each membrane surface, but to ascertain possible changes to the polymeric surface of the 
FO membranes after exposure to produced water. 
The zeta potential (ζ) of each membrane active layer was calculated from streaming potential 
measurements conducted on an electrokinetic analyzer (SurPASS, Anton Paar GmbH, Austria). 
Streaming potential measurements were conducted using 2 mM KCl electrolyte solution at room 
temperature and pH range of pH 3 to 9 (pH 4 to 8 for CTA). Further information on the streaming potential 
measurements and the calculation of zeta potential can be found elsewhere [9, 29, 30]. The surface 
energy parameters and hydrophobicity of each membrane active layer were calculated from captive 
bubble contact angle measurements using a goniometer (Rame-Hart Inc., Mountain Lakes, NJ). Contact 
angle measurements were conducted at ambient conditions with deionized water, diiodomethane (≥99%, 
Sigma-Aldrich), and glycerol (≥99%, Sigma-Aldrich) reference solutions. No less than ten contact angle 
measurements were recorded for each membrane at steady state (1 min of interfacial contact) using a 10 
µL air bubble and then the average contact angle was calculate. The averaged contact angle 
measurements using the three reference solutions were used to calculate the surface energetics (i.e., γLW, 
γ−, γ+, and ΔGSWS) of each membrane using the Lifshitz-van der Waals acid-base approach following 
procedures outlined elsewhere [9, 31, 32]. Attenuated Total Reflectance Fourier Transform Infrared 
Spectroscopy (ATR-FTIR) analysis was conducted on each membrane active layer using a Nicolet IS50 
FTIR spectrometer (Thermo Scientific, Madison WI) fitted with a diamond crystal ATR accessory and 
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coupled with a DTGS detector. Transmission spectra were measured using 10 scans at resolution 4 
(0.482 cm-1) and then adjusted by subtracting a background spectrum (measured prior to each 
membrane) from the membrane spectrum using an Omnic analysis software package (Thermo Scientific). 
 
6.4 Results and discussion 
Pure water flux and RSF were calculated for each virgin membrane, after CEOB only, and after 
produced water exposure followed by CEOB. While membrane fouling was beyond the scope of this 
study, the order of pure water flux (TFC2>TFC1>CTA), rate of flux decline, and fouling mechanisms of 
each membrane during produced water exposure were similar to those described in our previous 
investigation (data not shown) [9]. The measured and calculated physiochemical properties of each 
membrane are compared before and after solution exposure experiments; contaminant rejection data 
from produced water exposure tests are also calculated and discussed below. 
 
6.4.1 Membrane performance and transport properties 
Pure water flux and RSF were calculated for each virgin membrane, after CEOB only, and after 
produced water exposure followed by CEOB. While membrane fouling was beyond the scope of this 
study, the order of pure water flux (TFC2>TFC1>CTA), rate of flux decline, and fouling mechanisms of 
each membrane during produced water exposure were similar to those described in our previous 
investigation (data not shown) [9]. The measured and calculated physiochemical properties of each 
membrane are compared before and after solution exposure experiments; contaminant rejection data 
from produced water exposure tests are also calculated and discussed below. 
 
6.4.1.1 CTA membrane: characteristics and transport properties 
CTA membrane performance and surface characterization results are shown in Figure 6.2. Pure 
water flux and RSF as a function of DS concentration during baseline testing are shown in Figure 6.2a. 
Solid symbols represent baseline data obtained using a virgin membrane coupon (designated pre 
exposure) and empty symbols represent data collected after CEOB only (designated post exposure). A 
similar graph showing changes in membrane performance after exposure to produced water and CEOB is 
provided in Figure 6.2b. FTIR spectra obtained from each membrane coupon and zeta potential curves as 
a function of electrolyte pH are shown in Figure 6.2c and 6.2d, respectively. The transport and structural 
parameters, and surface energetic values calculated for each CTA membrane are summarized in Table 
2. 
Water flux and RSF through the CTA membrane were unchanged after CEOB only (Figure 6.2a), 
indicating that 2 hrs of exposure to EDTA at pH 8 might impart minimal or no change in membrane 
performance when employed for membrane cleaning. After the CTA membrane was exposed to produced 
water and chemically cleaned, pure water flux decreased on average by 9.6% and RSF decreased by 
close to 16% (Figure 6.2b). Despite changes to the membrane’s pure water permeability, no changes in  
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Figure 6.2. Membrane pure water performance is compared (a) between a virgin CTA membrane before 
and after exposure to EDTA for 2 hrs and (b) between a virgin CTA membrane before and after exposure 
to produced water and CEOB with EDTA. The (c) FTIR spectra and (d) zeta potential of each membrane 
sample are also compared to identify differences in the chemical and electrokinetic properties of each 
membrane following exposure to cleaning and feed solutions. 
 
the chemical properties of the membrane were identified by FTIR (Figure 6.2c). The electrokinetic 
properties of the CTA membrane also remained relatively unchanged. Membrane zeta potential became 
slightly more negative after COEB, indicating that EDTA likely removed manufacturing chemicals sorbed 
to the membrane surface after casting; however, no further changes were observed after exposure to 
produced water. The changes in pure water permeability, and minimal differences between the chemical 
and electrokinetic properties of each membrane suggest that the transport parameters of the CTA 
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membrane might have also occured, thereby influencing ICP. Using these experimental data, the 
potential changes in the CTA transport and structural parameters were modeled using the FO method 
[18], and results are summarized in Table 6.2. 
The CTA water permeability coefficient (A) declined from 0.339 LMH/bar to 0.254 LMH/bar and 
the salt permeability coefficient (B) declined from 0.183 LMH to 0.131 LMH; however, note that the ratio 
of the membrane’s B coefficient to A coefficient remained nearly constant. Several reasons for decreased 
CTA permeability, besides membrane fouling, have been proposed in the literature. One possibility is 
osmotically induced de-swelling or dehydration of the CTA polymer chains when exposed to the high ionic 
strength feed and DS streams, thereby irreversibly decreasing pure water and solute permeability [33, 
34]. Charge neutralization within the membrane matrix has also been proposed, where increasing ionic 
strength near the membrane polymers can effectively shield their charge density and minimize 
electrostatic repulsion [33]. A reduction in electrostatic repulsion between the polymer chains can 
compact the already dense membrane active layer and decrease water and solute permeability. In a 
recent study, [29] we show that increasing ionic strength at a membrane-solution interface can shield a 
membrane’s charge density and reduce its zeta potential by nearly 75%. The irreversible sorption of 
divalent counterions within the polymer matrix can also exacerbate this charge neutralization and de-
swelling. Another plausible scenario is the entrapment or sorption of dissolved constituents within the 
polymer matrix, which can hinder the diffusion of water, and especially other solutes, through the 
membrane [35]. The virgin CTA membrane is slightly hydrophobic as shown by the moderate contact 
angle and negative free energy of interaction (ΔGSWS) value in Table 6.2, which might promote the 
sorption of hydrophobic contaminants and hydrocarbons to the CTA polymer chains of the active layer 
and retard solution and solute diffusion. 
 
Table 6.2. CTA membrane physiochemical surface properties 
Surface property CTA Virgin EDTAc PWd 
A (L m-2 hr-1 bar-1) 0.339 - 0.254 
B (L m-2 hr-1) 0.183 - 0.131 
S (µm) 533 - 433 
CV 1.95 - 3.50 
R2-JW 0.995 - 0.991 
R2-JS 0.989 - 0.990 
Contact angleb, (°) 48.2 ± 2.6 47.0 ± 2.1 38.8 ± 2.4 
ΔGSWS (mJ/m2) -0.9 -2.2 8.5 
γLW (mJ/m2) 37.1 38.4 44.5 
γ+ (mJ/m2) 1.3 1.4 0.44 
γ-- (mJ/m2) 27.6 27.1 35.89 
a 2 mM KCl electrolyte at pH 7 
b Deionized water using captive bubble method 
c FO modeling was conducted on membrane coupons exposed to produced water 
d Produced water  
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In addition to the decrease in CTA transport properties, its modeled structural parameter also 
decreased from 533 µm to 433 µm after exposure to produced water. While the intrinsic structural 
parameter of the membrane likely remained unchanged (i.e., tortuosity, support layer thickness, and 
porosity), its modeled structural parameter could have decreased due to pore wetting and changes in 
hydrophilicity within the support layer. Interestingly, the hydrophilicity of the CTA active layer increased 
after exposure to produced water, which likely resulted from changes in the membrane’s polar (acid-base) 
properties; the electron acceptor component (γ+) of the membrane decreased, while its electron donor 
component (γ−) increased. Because the membrane is asymmetric and only composed of CTA polymer, a 
similar shift in polar properties and hydrophilicity likely occurred in the porous substructure of the CTA 
support over the 48 hr test. The increased wetting efficiency due to greater hydrophilicity within the 
support layer could explain the decrease in the modeled structural parameter of the post exposure 
membrane compared to virgin coupons. A decrease in the modeled structural parameter of the CTA 
membrane should minimize dilutive ICP; however, the decline in solute and water permeability of the CTA 
active layer was of greater significance. Therefore, an increase in water flux and RSF was did not occur. 
It is important to note that despite slight changes in membrane performance post exposure, the 
average SRSF of the CTA membrane remained relatively unchanged (10.4±0.4 mM/L) compared to the 
virgin membrane coupon (11.1±0.1 mM/L). These findings are analogous to the changes in CTA 
membrane performance observed in our previous study [9] (Figure 6.1a and 6.1b), and suggest that the 
CTA membranes might experience some repeatable, albeit minimal changes in performance when 
exposed to produced waters. 
 
6.4.1.2 Polyamide TFC membrane: characteristics and transport properties 
The performance and surface characterization results of the TFC1 membrane are shown in 
Figure 6.3. Pure water flux and RSF as a function of DS concentration during baseline testing are shown 
in Figure 6.3a, and the changes in membrane performance after exposure to produced water and CEOB 
are shown in Figure 6.3b. FTIR spectra obtained from the membrane coupons and zeta potential curves 
as a function of electrolyte pH are shown in Figure 6.3c and 6.3d, respectively. The transport and 
structural parameters, and the surface energetic values calculated for each TFC1 membrane are 
summarized in Table 6.3. 
Similar to the CTA membrane, the water flux and RSF through TFC1 were unchanged after 
CEOB (Figure 6.3a); however, water flux and RSF were slightly higher after exposure to produced water, 
especially at higher DS concentrations (Figure 6.3b). At 0.3 M and 0.6 M NaCl DS concentrations, the 
membrane behaved similarly with almost no change in performance between pre and post exposure to 
EDTA. With increasing DS concentration the membrane performance, and especially the RSF, began to 
deviate from that of the virgin membrane. At 1.4 M DS concentration RSF increased by close to 20%, 
while water flux only increased by 4.5%. Despite changes in the membrane’s pure water performance, no 
significant changes in the chemical or electrokinetic properties of the membrane were identified by FTIR 
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analyses or zeta potential calculations (Figure 6.3c and 6.3d, respectively). Given the changes in water 
flux and RSF with minimal change in the membrane’s chemical and electrokinetic properties, it is possible 
that increasing RSF at higher DS concentrations was due to reduced ICP, resulting from changes in the 
membrane’s modeled structural parameter. Using these experimental data, the potential changes in the 
TFC1 transport and structural parameters were modeled using the FO method [18] (Table 6.2). 
 
	  	  	  	   	  
	  	  	  	  	  	  	  	   	  
Figure 6.3. Membrane pure water performance is compared between (a) a virgin TFC1 membrane before 
and after exposure to EDTA for 2 hrs and (b) between a virgin TFC1 membrane before and after 
exposure to produced water and CEOB with EDTA. The (c) FTIR spectra and (d) zeta potential of each 
membrane sample are also compared to identify differences in the chemical and electrokinetic properties 
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The TFC1 water permeability coefficient (A) declined from 1.39 LMH/bar to 0.807 LMH/bar and salt 
permeability coefficient (B) declined from 0.639 LMH to 0.398 LMH. Note again that similar to the CTA 
membrane, the ratio of the membrane’s B coefficient to A coefficient remained nearly constant. Similar 
phenomena resulting in decreased TFC1 permeability compared to CTA are possible. These include 
osmotically induced de-swelling or dehydration of the polyamide polymer chains when exposed to the 
high ionic strength produced water and NaCl DS, compacting the membrane selective layer [36, 37]. 
Membrane hysteresis, resulting from cyclic swelling and de-swelling of the TFC membrane, is a possible 
phenomena that has been used to describe increasing solute rejection and lower water permeability of 
polyamide membranes [38]. Cyclic swelling and de-swelling of the membrane would occur in produced 
water treatment during operation of the TFC1 membrane and its subsequent cleaning cycles over its 
service life. Charge neutralization within the membrane selective layer and between the polymer chains is 
also possible, especially considering the ionizable nature of the TFC1 membrane [37]. According to the 
Donnan theory, an increasing presence or density of ionizable groups and electrokinetic phenomena in 
the polymer matrix can accentuate membrane de-swelling [39, 40]. This could explain why the apparent 
compaction of TFC1’s selective layer was greater than that of CTA; CTA has been described in recent 
literature as lacking an ionizable polymeric surface, while the ionizable characteristics of polyamide 
membranes are well know [29]. Hindered diffusion through the TFC active layer due to contaminant 
sorption and entrapment within the selective layer might also occur concurrently with membrane de-
swelling. However, the low contact angle and positive free energy of interaction (ΔGSWS) value in Table 
6.3 suggest that the TFC membrane is very hydrophilic and will likely experience far less contaminant 
sorption within the polymer matrix than CTA. Curiously, the hydrophilicity and polar surface properties of 
the TFC membrane remained relatively unchanged after exposure to produced water and did not 
increase as observed with the CTA membrane. This suggests a low probability that hydrophobic or polar 
compounds that might have sorbed to the membrane surface significantly impacted the performance of 
TFC1 and its surface properties. 
It is interesting to note that higher RSF and pure water flux were observed during FO experiments 
at increasing DS concentration, despite a modeled decrease in the membrane permeability. However, 
this phenomenon is not completely unexpected and indicates increased osmotic pressure and solute 
concentration within the membrane’s porous support layer. An increase in the solute concentration 
difference across the TFC active layer can occur given an appropriate decrease in the modeled structural 
parameter of the membrane, thereby decreasing the effects of dilutive ICP. This in fact does occur based 
on FO modeling, where the TFC structural parameter decreased from 868 µm to 563 µm after exposure 
to produced water. One possible reason for the change in the modeled structural parameter of the 
membrane could be enhanced pore wetting and changes in hydrophilicity within the TFC support layer. 
The effects of TFC support layer wetting on TFC membrane performance has been previously 
investigated [41, 42], where complete or enhanced pore wetting can reduce the effects of dilutive ICP by 
increasing DS continuity within the TFC membrane. A decrease in the intrinsic structural parameter (i.e., 
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support layer thickness) might also occur in the TFC membrane due to electrostatic charge shielding 
between the polymer chains and subsequent compaction of the membrane support. Yet, the effects of 
support layer compaction on tortuosity and porosity remain unknown. 
Despite the change in membrane performance at higher DS concentrations and decrease in 
membrane permeability, the average SRSF of the TFC1 membrane remained similar (9.8±0.9 mM/L) to 
the virgin membrane coupon (9.4±0.2 mM/L). These are encouraging findings considering the 
overwhelming increase in TFC1 SRSF observed in our previous study (Figure 1a). The minimal changes 
in TFC1 membrane performance indicate that this membrane might be more chemically and physically 
compatible with produced water than data suggests in Figure 1a; we can now say with reasonable 
confidence that the high SRSF was largely attributed to lower water flux through TFC1 resulting from 
irreversible fouling after un-optimized osmotic backwashing. This decrease in water flux substantially 
reduced ICP within the TFC support layer, thereby increasing RSF. For example, a 20% drop in water flux 
through the virgin TFC1 membrane could result in a 41% increase in RSF, assuming a solute 
permeability of 0.639 LMH, water flux of 10.3 LMH, and 0.9 M DS concentration. An additional 10% drop 
in water flux could further increase the RSF through TFC1 by another 26%. The overall decrease in the 
modeled structural parameter of the TFC1 membrane after exposure to produced water could further 
exacerbate this disparity between water flux and RSF, thereby slightly increasing SRSF. Such findings 
could have significant implications in future cleaning studies employing this TFC membrane for produced 
water treatment, where the efficiency of membrane cleaning might be optimized based on rapidly 
increasing RSF as membrane fouling increases over time. 
 
Table 6.3. TFC1 membrane physiochemical surface properties 
Surface property TFC1 Virgin EDTAc PWd 
A (L m-2 hr-1 bar-1) 1.39 - 0.807 
B (L m-2 hr-1) 0.639 - 0.398 
S (µm) 868 - 563 
CV 1.92 - 8.75 
R2-JW 0.995 - 0.975 
R2-JS 0.993 - 0.979 
Contact angleb, (°) 19.8 ± 3.8 18.2 ± 3.5 15.8 ± 1.9 
ΔGSWS (mJ/m2) 37.4 28.6 41.12 
γLW (mJ/m2) 34.1 35.8 38.1 
γ+ (mJ/m2) 1.1 1.8 0.6 
γ-- (mJ/m2) 57.1 51.8 59.3 
a 2 mM KCl electrolyte at pH 7 
b Deionized water using captive bubble method 
c FO modeling was conducted on membrane coupons exposed to produced water 
d Produced water  
 
6.4.1.3 Surface modified TFC membrane: characteristics and transport properties 
Membrane performance and results from zeta potential calculations and FTIR analyses are 
shown in Figure 6.4 for the TFC2 FO membrane. Pure water flux and RSF as a function of DS 
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concentration during baseline testing are shown in Figure 6.4a and the changes in membrane 
performance after exposure to produced water and CEOB are shown in Figure 6.4b. FTIR spectra 
obtained from each membrane coupon and zeta potential curves as a function of electrolyte pH are 
shown in Figure 6.4c and 6.4d, respectively. The transport and structural parameters, and surface 
energetic values calculated for each TFC2 membrane are summarized in Table 6.4. 
TFC2 was the only membrane that exhibited minor changes in water flux and RSF after CEOB 
(Figure 6.4a). Water flux through the membrane slightly increased, while the overall dependence of RSF 
on DS concentration varied marginally. Yet, these changes are minor compared to the pure water 
membrane performance observed after exposure to produced water. At all DS concentrations 
investigated, water flux only decreased by 4.4%, while RSF decreased by nearly 50%. Similar to the other 
FO membranes, the changes in the membrane’s pure water performance showed no correlation to 
changes in chemical or electrokinetic properties of the membrane (Figure 6.4c and 6.4d). The FTIR 
spectra of the TFC2 membrane was slightly suppressed after CEOB, which might indicate the removal of 
manufacturing chemicals from the active layer and account for the slight changes in pure water 
performance shown in Figure 6.4a. Yet, the FTIR spectra of the membrane after exposure to produced 
water exhibited no further suppression of the transmittance peaks. 
The TFC2 pure water permeability coefficient declined from 1.16 LMH/bar to 0.748 LMH/bar and 
the salt permeability coefficient (B) declined from 0.234 LMH to 0.089 LMH; unlike the CTA and TFC1 
membranes, the ratio of the B coefficient to the A coefficient of TFC2 decreased by nearly 40% after 
exposure to the produced water. Similar to TFC1, the membrane’s modeled structural parameter was 
also impacted, decreasing from 489 µm to 354 µm. Because the TFC2 membrane is a derivative of TFC1 
and their support layers are comparable, changes in the structural parameter were expected; similar 
reasoning for decreasing S values provided in Section 3.2.2 apply here. Comparable changes in the 
TFC2 polyamide active layer, present just below the proprietary hydrogel surface coating, might also be 
expected based on results provided in Section 3.2.2. Yet, the remarkable drop in solute permeability 
through the membrane cannot be explained exclusively by changes in the polyamide active layer and 
indicates that changes have also occurred, albeit favorably, in the membrane’s surface coating. 
While the application of surface coating in FO has been largely uninvestigated, commercial 
reverse osmosis (RO) and nanofiltration (NF) membranes have been coated with a variety of polymers to 
increase their active layer robustness and antifouling properties [43]. This is most typically achieved by 
applying a neutral (or near neutral), hydrophilic polymer to the existing membrane’s active layer, thereby 
decreasing the surface roughness of the membranes and minimizing their charge. The properties and 
permeability of the surface coating are most commonly tuned by crosslinking the chosen polymer through 
heat treatment, γ-irradiation, or use a variety of different chemical compounds [43]. While the methods of 
surface coating employed by HTI are proprietary, the favorable changes expected from surface coating 
are consistent with TFC2 surface characteristics reported in our previous study [9], where the roughness 
of the TFC2 membrane was nearly 50% lower than that of TFC1 and CTA. Without a better 
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understanding of the surface coating chemistry or degree of crosslinking in the chosen polymer, it is 
difficult to comment on the apparent zeta potential and hydrophilicity of TFC2. 
 
	  	  	  	   	  
	  	  	  	  	  	  	  	   	  
Figure 6.4. Membrane pure water performance is compared (a) between a virgin TFC2 membrane before 
and after exposure to EDTA for 2 hrs and (b) between a virgin TFC2 membrane before and after 
exposure to produced water and CEOB with EDTA. The (c) FTIR spectra and (d) zeta potential of each 
membrane sample are also compared to identify if any differences in the chemical and electrokinetic 
properties of each membrane following exposure to cleaning and feed solutions. 
 
Although the exact chemistry of the TFC2 surface coating is not readily available, the significant 
increase in the membrane’s solute rejection could be due to a shift in the crosslinking density of the 
polymeric surface coating. For example, a decrease in the surface coating permeability and increase in 
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polymer is employed. A decrease in crosslinking density can increase the crystalline structure of the 
polymer, resulting in a tighter polymer chain packing or aggregate structure with increased hydrophilicity 
[44, 45]. Interestingly, another study [43] suggests that high selectivity and solute rejection of the 
polymeric surface coating should increase with crosslinking density; lower membrane hydrophilicity was 
reported at higher crosslinking densities. Based on the significant decrease in the RSF and solute 
permeability of TFC2 and its significant increase in hydrophilicity after exposure to produced water (Table 
4), we speculate that this membrane is likely coated with a semi-crystalline polymer whose crosslinking 
density decreased due to specific interaction with dissolved compounds in the feed water [44, 45]. It 
should be noted that an increase in the TFC2 crosslinking density in the polymer film could also explain 
the increase in solute rejection; however, this is highly unlikely because the increase in surface 
hydrophilicity resulting from exposure to produced water must overcome any increase in the internal 
polymer hydrophobicity due to induced crosslinking of the hydrogel coating. 
The observed changes in membrane performance and permeability coefficients, even after 
thorough CEOB, translate into a lower average SRSF after exposure to produced water (2.2±0.4 mM/L) 
compared to the virgin membrane coupon (4.0±0.4 mM/L). Interestingly, and unlike the TFC1 membrane, 
the significant decline in SRSF and solute permeability validate the changes in TFC2 membrane 
performance observed in our previous study (Figure 6.1a and 6.1b). Phenomena like ICP cannot explain 
the observed change in TFC2 performance alone. This is especially true considering that RSF declined 
concurrently with water flux regardless of the lower structural parameter (S) modeled for the membrane. 
Cake enhanced concentration polarization is also extremely unlikely given the similar water flux before 
and after exposure to produced water and the lack of visible fouling on the membrane surface after 
CEOB. Regardless, these results provide exciting insights into the successful coating of a polyamide TFC 
membrane for FO, whose water permeability exceeds that of CTA while exhibiting superior solute 
rejection and significantly reduced RSF. 
 
Table 6.4. TFC2 membrane physiochemical surface properties 
Surface property TFC1 Virgin EDTAc PWd 
A (L m-2 hr-1 bar-1) 1.16 - 0.748 
B (L m-2 hr-1) 0.234 - 0.089 
S (µm) 489 - 354 
CV 10.46 - 9.54 
R2-JW 0.975 - 0.980 
R2-JS 0.987 - 0.983 
Contact angleb, (°) 35.9 ± 5.0 34.2 ± 2.4 20.5 ± 4.6 
ΔGSWS (mJ/m2) 5.8 17.5 34.2 
γLW (mJ/m2) 38.8 39.7 37.4 
γ+ (mJ/m2) 2.2 0.8 0.8 
γ-- (mJ/m2) 33.6 41.3 54.4 
a 2 mM KCl electrolyte at pH 7 
b Deionized water using captive bubble method 
c FO modeling was conducted on membrane coupons exposed to produced water 
d Produced water 
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The observed changes in membrane performance and permeability coefficients observed, even 
after thorough CEOB, translate into a lower average SRSF after produced water exposure (2.2 ± 0.4 
mM/L) compared to the virgin membrane coupon (4.0 ± 0.4 mM/L). Interestingly, and conversely to the 
TFC1 membrane, the significant decline in SRSF and solute permeability validate the changes in TFC2 
membrane performance observed in our previous study (Figure 6.1a and 6.1b). Phenomena like ICP 
cannot explain the observed change in TFC2 performance alone. This is especially true considering that 
RSF declined concurrently with water flux regardless of the lower S parameter modeled for the 
membrane. Cake enhanced concentration polarization is also extremely unlikely given the similar water 
flux before and after produced water exposure and the lack of visible fouling on the membrane surface 
after CEOB. Regardless, these results provide exciting insights into the successful coating of a polyamide 
TFC membrane for FO, whose water permeability exceeds that of CTA while exhibiting superior solute 
rejection and significantly reduced RSF. 
 
6.4.2 Membrane contaminant rejection: Validation of membrane performance 
The rejection of dominant feed stream contaminants was measured during exposer to produced 
water and before CEOB. The goal was to identify unique trends in contaminant rejection to corroborate 
changes in membrane performance and solute permeability observed during subsequent pure water 
testing. Specifically, the rejection of feed stream constituents by the TFC2 membrane was of interest 
given its unique surface coating and the significant decrease in its solute permeability observed here and 
in our previous study [9]. Due to the complex nature of produced water and its high concentration of 
sodium and chloride, RSF was not calculated concurrently with contaminant rejection. The concentrations 
of major feed stream anions in the DS were also below the detection limits of the ion chromatograph 
throughout the study. 
The percent rejection of feed stream cations, DOC, and TN for the three membranes is compared 
in Figure 6.5. Lower contaminant rejection by TFC1 was expected given its high B coefficient relative to 
the CTA and TFC2. The significant decrease in its modeled structural parameter also likely decreased the 
effects of dilutive ICP, thereby increasing RSF into the feed and exacerbating bi-directional solute flux to 
maintain solution electroneutrality [46, 47]. Contaminant rejection by the CTA membrane was higher than 
that of TFC1, which is in agreement with its significantly lower solute permeability. However, despite 
having the lowest solute permeability (virgin membrane) in this study and in our previous investigation [9], 
the rejection of produced water contaminants by the CTA membrane was lower than that of TFC2 across 
almost all major feed analytes. These rejection data have proven repeatable [9] and corroborate the 
modeled decrease in TFC2 solute permeability. 
To further validate the superior rejection of the TFC2 membrane, the preferential transport and 
overall rejection of dissolved organic compounds by the three FO membranes were investigated by 
conducting a non-targeted screening of all DS samples during treatment of produced water. Colored 
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bands in each heat map represents the absence (blue) or strong presence (red) of dissolved organic 
compounds in each sample. Results from LC/Q-TOF and GC/Q-TOF were de-convoluted to show only 
organic compounds present in the DS samples that were unique to the produced water feed. In other 
words, compounds that appeared in the DS samples due to leaching from bench-scale system and from 
trace contaminants in the NaCl salt are not shown. Heat maps from LC/Q-TOF analyses are organized by 
increasing molecular weight (Figure 6.6a), while those from GC/Q-TOF are organized by increasing 
retention time (Figure 6.6b). Mass/charge numbers for GC/Q-TOF results at each retention time are also 
shown ((m/z), min). Similar to rejection data presented in Figure 6.5, the TFC2 membrane exhibited 
superior rejection of dissolved organic compounds present in the produced water feed. The TFC2 
behaved as a tighter membrane, as shown by the decrease in organic compound prevalence with 
increasing molecular weight (Figure 6.6a). While a direct comparison between compound rejection and 
molecular weight cannot be inferred with the GC/Q-TOF results, the superior rejection of volatile organic 
compounds by TFC2 was clearly visible. 
 
	  
Figure 6.5. Rejection of dissolved ions, dissolved 
organic carbon, and total nitrogen by the CTA, 
TFC1, and TFC2 membranes. *Total nitrogen 
rejection for TFC1 was 35%. 
 
 
Note that while the rejection of dissolve organic compounds by CTA using LC/Q-TOF correlated 
well with membrane solute permeability after exposer to produced water, the rejection of volatile organic 
compounds as shown by GC/Q-TOF do not. Lower than expected rejection of volatile organic compounds 
by CTA is likely due to its slightly hydrophobic character (relative to the polyamide membranes), which 
promoted a higher degree of hydrophobic hydrocarbon sorption to the membrane surface. This would 
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diffusion into the DS. Similar results have been presented in the literature where FO membranes have 
been investigated for removal of trace organic compounds from various feed waters [48, 49]. 
 
	  	   	  
	  
Figure 6.6. Heat maps for the TFC1, CTA, and TFC2 DS samples taken after 48 hrs of 
exposure to produced water. Color bands in the (a) LC/Q-TOF and (b) GC/Q-TOF heat maps 
represent the absence (blue) or strong presence (red) of organic compounds (unique to the 
produced water feed) that were present in the DS. Of the 1109 organic compounds identified in 
the feed using LC/Q-TOF, 72 were present in the TFC1 DS, 52 in the CTA DS, and 39 in the 
TFC2 DS. Of the 603 organic compounds identified in the feed using GC/Q-TOF, 30 were 
present in the TFC1 DS, 38 in the CTA DS, and 20 in the TFC2 DS. 
  
6.5 Conclusions 
Results from the current study suggest that, in the short term, commercially available CTA and 
TFC membrane are chemically and physically stable during treatment of raw produced waters from O&G 
exploration; however, some minor changes in membrane performance might be expected in future 
industrial applications. CTA and TFC1 showed no apparent changes in their physiochemical properties 
after CEOB using EDTA, indicating that changes in membrane performance are purely a result of 
exposure to produced water. Each of the two membranes did experience slight decreases in their 
transport and structural parameters after produced water treatment, corresponding to an irreversible 
decrease in permeability due to osmotic de-swelling and charge neutralization. Given the complex nature 
of the produced water feed stream, sorption and entrapment of dissolved organics and hydrocarbons in 
the active layer of CTA and TFC1 might also have hindered solute and water transport through these 
membranes. Interestingly, a significant increase in CTA hydrophilicity was observed resulting from 
changes in the acid-base properties of the membrane surface, while minimal variations in TFC1 
hydrophilicity were measured. 
In this study, we also report on the performance of an early generation surface coated TFC 
membrane designed specially for FO applications. This traditional polyamide TFC membrane is coated 
with a hydrogel to increase the antifouling properties of the membrane active layer. While the virgin 
membrane exhibited impressive pure water permeability and solute rejection compared to the uncoated 
(a) (b) 
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TFC1 membrane, the TFC2 membrane performed even more remarkably after exposer to produced 
water. The pure water permeability of TFC2 slightly deceased—similar to CTA and TFC1—but the RSF of 
the membrane favorably decreased by over 50%. After exposer to produced water the membrane still 
exhibited higher pure water permeability than the CTA membrane; yet, its solute permeability coefficient 
was lower by 32%. While the exact reasoning for changes in the TFC2 surface coating are not yet know, 
the successful application and impressively low solute transport properties of the surface coated TFC2 
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CHAPTER 7 
LIFE CYCLE AND ECONOMIC ASSESSMENTS OF ENGINEERED OSMOSIS AND OSMOTIC 
DILUTION FOR DESALINATION OF HAYNESVILLE SHALE PIT WATER 
 
Modified from a paper submitted for possible publication in the journal Desalination1  
 




The treatment of wastewaters from oil and gas (O&G) exploration by forward osmosis (FO) 
processes might make water management in the O&G industry more sustainable. Specifically, recovery 
of pit water from well drilling operations and hydraulic fracturing for reuse could reduce the impacts 
associated with wastewater transportation, deep well disposal, and fresh water procurement for 
subsequent hydraulic fracturing operations. This study evaluates the environmental and economic 
impacts of FO processes for treatment of O&G pit water through comparative life cycle impact and 
costing assessments; the FO technology is evaluated when operated as a hybrid engineered osmosis 
system and as a stand-alone osmotic dilution process. Cradle-to-grave life cycle inventories are 
developed for each FO process and evaluated using ten environmental impact categories. The relative 
environmental impacts of FO were found to be comparable to the transportation and pumping energy 
alone required for deep well injection. At the current state of the technology, the energy demand of the 
FO systems when operated with no upstream pretreatment was the single greatest contributor to the 
negative environmental impacts. At 75% water recovery, FO technologies can potentially reduce pit water 
management costs by nearly 60% compared to deep well disposal, and pit water transportation 
requirements could be reduced as much as 63%. 
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7.2 Introduction 
The surging exploration and production of unconventional oil and gas (O&G) has been 
accompanied by increased federal, state, and local governmental regulations to protect human health and 
the environment [1-6]. In addition to increasing regulatory requirements are public concerns regarding the 
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volumes of water consumed for well drilling and hydraulic fracturing and the subsequent quality and 
volumes of wastewater generated that require careful oversight and management. Exceptional 
consideration has been given to the transportation and disposal of these wastewaters, especially trucking 
and injection into Class II disposal wells [7, 8]. There are also growing concerns regarding the availability 
of sufficient injection well capacity, which might inhibit wastewater disposal options in active O&G shale 
plays [9]. The development of disposal wells has also proven to be complex and can require significant 
capital investment and involve numerous regulatory hurdles to overcome. Furthermore, the geology in 
several regions is not conducive for deep well injection, and induced seismicity could result from the 
development of additional disposal facilities [10, 11]. Therefore, novel and innovative research is being 
conducted to identify technologies that can treat complex O&G wastewaters economically and in an 
environmentally sound manner [12-16]. Particularly, forward osmosis (FO) has gained attention as a 
prominent technology for treatment of such waste streams [17-21]. 
 
7.2.1 FO desalination of O&G wastewater for industrial reuse 
Several studies have investigated the application of FO for the treatment of O&G wastewaters. 
Bear Creek Services (Shreveport, LA), in collaboration with Hydration Technology Innovations (HTI, 
Albany, OR), explored FO for treatment of upstream O&G exploration wastewaters using the first 
generation Green Machine [22]. The study was conducted at the demonstration scale in the Haynesville 
basin (Louisiana, USA) and used spiral wound cellulose triacetate (CTA) membrane elements to treat raw 
drilling wastewater and low salinity flowback water (termed pit water in this study) in a stand-alone 
osmotic dilution configuration. Hickenbottom et al. [23] published the first bench-scale study focusing on 
FO treatment of similar drilling wastewaters. The objective of the study was to further evaluate and 
optimize the osmotic dilution [21, 24, 25] process, while focusing specifically on water flux, solute 
transport, and organic and inorganic compound rejection by CTA membranes. McGinnis et al. [26] 
published a demonstration-scale study on the performance of a membrane brine concentrator (MBC, 
Oasys Water). The system employed spiral wound polyamide thin-film composite (TFC) membranes for 
desalination of pretreated hydraulic fracturing flowback water from the Marcellus shale formation. That 
study was the first to demonstrate a hybrid engineered osmosis [17, 21, 27-30] process for treatment of 
O&G wastewaters, where a downstream distillation process reconcentrated an NH3/CO2 draw solution. 
Recently, Li et al. [31] investigated the reclamation of water from shale gas operations using a novel FO 
process coupled with downstream vacuum membrane distillation. Yun et al. [32] simultaneously 
investigated a relatively new method of FO treatment of shale gas wastewater, called pressure assisted 
forward osmosis. 
 
7.2.2 O&G pit water treatment with forward osmosis 
While the performance of the first generation Green Machine was successful at treating pit water 
through osmotic dilution, the need for higher quality, low salinity product water and sustained osmotic 
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driving force led to a second pilot-scale study conducted by HTI in collaboration with the Colorado School 
of Mines and Bear Creek Services. The primary objective of the study was to investigate the continuous 
performance of an engineered osmosis system consisting of FO coupled with downstream reverse 
osmosis (RO) for brine reconcentration and nanofiltration (NF) for brine polishing (Figure 7.1a). The 
investigation was conducted in the Haynesville basin, where the engineered osmosis system treated pit 
water similar to that of previous investigations [22]. Unlike the first generation Green Machine, where the 
diluted brine from the osmotic dilution process (Figure 7.1b) could be reused primarily in subsequent 
hydraulic fracturing operations, the second generation Green Machine provides a high quality RO 
permeate suitable for multiple industrial reuse applications. The new system treated 35,000 gallons of raw 
drilling wastewater (~6.8 mS/cm initial feed conductivity) and achieved 85% water recovery using 6% w/w 
NaCl draw solution over 120 hours of continuous operation (~32.5 mS/cm final feed conductivity) [17]. 
This recovery is similar to those achieved by the first generation Green Machine (>70% water recovery) 
when operated in osmotic dilution using a 26% w/w NaCl draw solution [23]. Additional pilot-scale results 
and water quality information are provided elsewhere [17, 22, 23]. 
 
	  	  	  	  	  	  	  	  	  	  	  	  	  	  	  	  	  	  	  	   	  
Figure 7.1. Simultaneous desalination of O&G pit water and waste stream concentration using (a) a 
hybrid engineered osmosis system and (b) simple osmotic dilution. The hybrid engineered osmosis 
process employs seawater RO to reconcentrate the osmotic draw solution and a nanofiltration process to 
remove divalent ions from the concentrated brine after FO. 
	  
7.2.3 Life cycle environmental and economic assessment of FO 
While the performance and technical merit of FO for treatment of complex waste streams has 
been demonstrated, evidence regarding the long-term environmental impacts or economic benefits of 
employing FO for wastewater treatment is insufficient. This is especially true in the upstream O&G 
industry, where FO will be compared to current wastewater disposal methods, such as deep well 
injection, or alternative treatment technologies. Life cycle assessment (LCA) and life cycle costing (LCC) 
are standardized methodologies that can be used to evaluate the environmental and economic impacts 
associated with the development and operation of products for human use. In recent years numerous 
(a) (b) 
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studies have used LCA and LCC to estimate and compare the environmental impacts of different water 
treatment technologies [33-36]; however, only one publication to date has evaluated the environmental 
impacts of FO [37]. The study evaluated the intrinsic benefits that FO, when operated as a hybrid osmotic 
dilution system, provides over traditional RO processes and select hybrid technologies. The scope of the 
study focused primarily on water reclamation from domestic wastewater and provided no LCC analysis of 
the FO process. Furthermore, the life cycle inventory (LCI) was based on values suggested in the 
literature and did not include a comprehensive bill-of-materials for the construction and decommissioning 
of the modeled systems. A recent study by Thiel et al. [38] compared the energy consumption of an 
engineered osmosis process to other technologies used for desalination of produced water from shale 
O&G exploration (no LCA or LCC conducted); however, they modeled a system analogous to that of the 
MBC and their energy values are estimated for treatment of high salinity produced waters similar to those 
of the Permian and Marcellus basins. 
Therefore, the main objective of this study is to evaluate the environmental and economic impacts 
of a decentralized FO system when used for dewatering O&G pit water. Specifically, the FO process is 
evaluated when operated as an engineered osmosis system and as a standalone process for osmotic 
dilution. A complete LCI was developed in collaboration with HTI, which included real-time data from the 
manufacturing, operation, and maintenance of the HTI FO membrane systems while piloted in the 
Haynesville basin for treatment of pit water. LCA and LCC were also conducted concurrently on the 
transportation and management of pit water during deep well disposal, thus providing a preliminary 
comparison between FO processes for recycling of pit water and traditional pit water disposal in Class II 
injection wells. A secondary objective of this study is to further elucidate what LCI components of the FO 
processes are the greatest contributors to negative environmental impacts and financial expenses, thus 
identifying areas of improvement for future, full-scale treatment systems. An additional engineered 
osmosis process commercialized by Oasys Water is known to treat O&G wastewater, but was not 
investigated in this study due to the extensive data already included herein. 
 
7.3 Materials and methods 
The application of LCA and LCC provides a standardized method for investigating the 
comparative environmental and economic impacts of FO processes in the pit water management 
industry. The hybrid LCA framework for this study has been thoroughly described in a previous 
publication [37] and formally outlined by the International Standards Organization (ISO) [39, 40]; in lieu of 
a review by an independent LCA practitioner, two LCA experts contributed to this study.  At its core, LCA 
is divided into four phases: definition of the goals and scope, LCI, life cycle impact analysis (LCIA), and 
interpretation. The goals and scope and LCI are discussed in this section, while the LCIA and 
interpretation are described in the Results and Discussion section. LCC assumptions are also described 
in this section, while economic impacts are discussed concurrently with the LCIAs. All infrastructure 
requirements (capital expenditures for system construction (CAPEX)), energy use and system 
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performance metrics (operational expenditures for system maintenance and operation (OPEX)), and 
information regarding FO membrane elements were provided by HTI and were based on recent demo-
scale test data from the Haynesville basin. Information on NF membrane elements was provided by DOW 
Chemical Company (Midland, MI). The chemical composition of membrane cleaning agents was provided 
by King Lee Technologies (San Diego, CA). All CAPEX and OPEX data provided from industry was used 
concurrently in the LCA and LCC of this study. The transportation and pumping energy for deep well 
disposal in the Haynesville basin was estimated based on information published in the literature [41, 42]. 
It is important to note that while a high resolution LCIA and economic evaluation of the FO processes was 
achieved due to support from the membrane industry, little reliable data is published in the literature about 
deep well injection in the Haynesville basin. Therefore, the potential environmental impacts reported in 
this study for deep well injection would likely increase if a more comprehensive bill-of-materials was 
available for inclusion in the LCI. 
 
7.3.1 Goals and scope 
The goals of this study are: (a) to compare the environmental and economic impacts of deep well 
disposal, engineered osmosis, and osmotic dilution based on material surveys and data collected during 
pilot-testing, (b) to elucidate potential improvements to the environmental and economic impacts with 
respect to treatment system operation, and (c) to set a benchmark scenario and dataset for future 
comparative analyses (e.g., comparison to conventional or emerging wastewater treatment technologies). 
A comparative LCA of three water management options for pit water in the Haynesville basin was used to 
reach these goals (Figure 7.2). The first scenario (A) (Figure 7.2a) is a gate-to-gate LCI of transportation 
and pumping energy for disposal of pit water in a Class II injection well; additional LCI components such 
as land procurement and capital construction, chemicals to inhibit scale formation in the wellbore, periodic 
equipment replacement, and facility decommissioning were not included in this study due to the lack of 
published data on injection wells in the Haynesville and other shale gas basins.  
The second scenario (B) (Figure 7.2b) is a cradle-to-grave LCI that employs the HTI engineered 
osmosis system consisting of FO, seawater RO for brine reconcentration, and NF for brine polishing. The 
FO subsystem in the engineered osmosis system consists of 3 parallel trains of 2 pressure vessels, each 
containing 4 horizontally oriented, 8040-CS spiral wound CTA membranes operated under forced feed 
flow conditions. Pit water is recirculated on the feed side of the membranes using a high capacity, low-
pressure pump. Diluted NaCl draw solution is reconcentrated with the RO subsystem, where 4 pressure 
vessels are fed in series and house a total of 12 horizontally oriented, 8040 spiral wound TFC 
membranes (SWC4+, Hydranautics). The NF subsystem consists of 3 horizontally oriented 4040 spiral 
wound TFC membranes (NF270, DOW Filmtec). The engineered osmosis process results in a high 
quality permeate stream (290 mg/L total dissolved solids (TDS)) available for a wide variety of industrial 
reuses, including hydraulic fracturing. The third scenario (C) (Figure 7.2c) is also a cradle-to-grave LCI 
that uses osmotic dilution to achieve high quality brine of suitable concentration and chemical 
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composition (~65,000 mg/L TDS) for use in hydraulic fracturing [22]. The same LCI for the FO subsystem 
described above is employed for scenario C. The environmental impacts related to each system 
configuration are normalized to the management of 1 barrel (bbl) (42 US gallons) of O&G pit water, which 
is defined as the functional unit. 
It is important to note that although any comparison between a gate-to-gate LCI and a cradle-to-
grave LCI might present an incomplete evaluation of the potential environmental impacts, the purpose of 
this study is to establish a benchmark for future comparative analyses as more information becomes 
available. In conducting such a comparison, it is possible to infer the potential gap (or lack thereof) that 
might currently exist between deep well disposal and FO pit water treatment scenarios, thereby guiding 
the future development of these systems. The gate-to-gate LCI is based on materials and energy 
consumed during pit water transportation and disposal. The cradle-to-grave LCIs are based on the 
materials consumed during system fabrication, materials consumed during membrane cleaning and 
periodic membrane replacement, and energy required for system operation.  The LCI boundaries for each 
scenario are shown in Figure 7.2. The construction phase of each cradle-to-grave LCI occurred at HTI 
and therefore a comprehensive inventory based on a bill-of-materials was provided for this study (see 
Table D1 in Appendix D). In instances where a complete bill-of-materials was not available (i.e., pumps, 
motors, variable frequency drives (VFDs), programmable logic controllers (PLCs)), the U.S. dollar value 
was used in place of material type and weight and all U.S. dollar values were normalized to the same 
year (see Table D2 in Appendix D). The year 2002 was chosen to match data for the USA Input Output 
2002 database in the SimaPro LCA software, which is the most recent update to these input output 
databases that relate dollar values to environmental impacts. This hybrid LCA approach, utilizing both 
process-based and economic input-output data, has been employed by others [43, 44]. The operating 
phase for each LCI is limited to treatment of pit water in the Haynesville basin; however, the 
environmental impacts associated with material and chemical transport from various equipment vendors 
to the field are not considered. Waste streams generated during the operating phase (i.e., landfill disposal 
of membrane elements at the end of their service life and disposal of membrane cleaning chemicals at 
the municipal wastewater treatment plant) are included in each LCI. Landfill disposal of all materials 
consumed during system fabrication is also considered at the end of service life for each cradle-to-grave 
LCI. 
 
7.3.2 Life cycle impact assessment 
SimaPro LCA software was used to evaluate the materials collected for each LCI, and the U.S. 
Environmental Protection Agency’s (U.S. EPA) Tool for the Reduction and Assessment of Chemical and 
Other Environmental Impacts (TRACI) 2.1 impact assessment method was used to convert the 
information into values associated with ten environmental impact categories [45]. TRACI 2.1 is a midpoint 
oriented LCIA methodology and was chosen because it was developed for input parameters consistent 
with U.S. locations. The ten impact categories evaluated during the LCIA included ozone depletion (OD), 
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Figure 7.2. LCI system boundaries for (a) deep well disposal at a Class II injection well ((scenario A) gate-
to-gate), (b) pit water treatment using engineered osmosis ((scenario B) cradle-to-grave), and (c) pit water 
treatment using osmotic dilution ((scenario C) cradle-to-grave). The engineered osmosis system assumes 
system manufacturing and capital expenditures for the FO (red), RO (blue), and NF (green) membrane 




	   133 
global warming (GW), smog formation (SM), acidification potential (AP), eutrophication potential (EP), 
carcinogenic potential (CP), non-carcinogenic potential (NCP), respiratory effects (RE), ecotoxicity 
potential (EcP), and fossil fuel depletion (FFD). A complete description of the impact categories and of the 
methodologies used for their interpretation can be found elsewhere [45]. While site specificity is available 
for many of the above impact categories using TRACI 2.1, the U.S. average values were used in this 
study.  
In cases where no water treatment was employed (scenario A), all pit water was trucked 50 miles 
one-way for disposal in a Class II injection well, where 0.54 kWh/bbl of pit water was required to operate 
a high-pressure pump [41, 42]. Subsequent to pit water disposal, an equal volume of local fresh water 
was purchased and trucked back to the field (15 miles) for use during the hydraulic fracturing process [41, 
42]. Due to the current lack of comprehensive data on deep well injection facilities, no other inputs (e.g., 
facility construction, maintenance of the well or high pressure pump, chemical inputs used during 
injection) were assumed. Furthermore, only the transportation impacts associated with truck operation for 
water transport were considered. LCI components such as truck maintenance and road damage were not 
included due to minimal information in the literature. Combination trucks in the U.S. were assumed to 
operate at half-loads for round-trip distances to account for empty and loaded trips. 
The system operating parameters employed for scenarios B and C for pit water treatment are 
shown in Table 7.1. The system permeate flow of 0.1 bbl/min (~16 L/min) was maintained for 120 hours 
of continuous operation during pilot-scale testing and is equal to an average CTA water flux of 5.7 LMH. 
Similar average water flux was demonstrated by Hickenbottom et al. (~6.2 LMH) when testing the same 
CTA FO membranes in osmotic dilution mode using pit water feed and 26% w/w NaCl draw solution [23]. 
The environmental impacts associated with brine procurement for the FO processes are not included in 
this study due to the presence of readily available NaCl brine used for hydraulic fracturing in the 
Haynesville basin [22]. The energy consumption for each membrane process is derived from pilot-scale 
test data, where the energy demand of the FO, RO, and NF system was 2.38 kWh/bbl, 1.03 kWh/bbl, and 
0.08 kWh/bbl of product water produced, respectively. The environmental impacts of operating each 
scenario when powered by a diesel generator (genset) or by energy supplied by the United States 
Electricity mix ((USEM) Electricity, production mix) is compared (e.g., scenario B1 or scenario B2 if 
powered by a genset system or the USEM, respectively). The fuel consumption of each scenario when 
powered by a genset system was calculated assuming that a diesel engine consumes fuel at a rate of 
0.84 gal/hr/kW [42, 46]. It should be noted that the RO system used during pilot testing did not employ an 
energy recovery device (ERD). It should also be noted that to achieve dewatering of pit water without 
pretreatment, the FO elements must be operated with 100 mil corrugated feed spacers and maintain a 
minimum cross-flow velocity to avoid high concentration polarization [47-50] and membrane fouling [23, 
51-53]. Therefore, an FO energy demand greater than that of high-pressure RO was observed. 
Subsequent to pit water treatment, 25% of the total pit water volume (concentrate) is trucked for disposal 
(50 miles) in a Class II injection well (0.54 kWh/bbl) and an equal amount of local fresh water is procured 
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and returned for hydraulic fracturing (15 miles one-way) [41, 42]. The volume recovered by the FO 
treatment processes (75%) is recycled for hydraulic fracturing (10 miles one-way) [41]. Similar to scenario 
A, only the transportation impacts associated with the operation of the combination truck used for water 
transport are considered. 
 
Table 7.1. Second Generation FO Treatment system operating parameters  
Parameter Unit Amount 
System service life Years 10 
Average system perm flow  bbl/min (gpm)  0.1 (4.2) 
System recovery % 75 
Membrane service life Years 3 
FO energy demand kWh/bbl (kWh/m3)a   2.38 (15) 
RO energy demand kWh/bbl (kWh/m3)a  1.03 (6.5) 
NF energy demand kWh/bbl (kWh/m3)a  0.08 (0.5) 
FO/RO/NF cleaning events  event/month  1/4/4 
Membrane cleaning duration hours/event 8 
KL7330 chemical concentration  kg/bblb 1.91 
aper bbl (m3) of product water 
bper bbl of water required to for system cleaning 
 
7.3.3 Life cycle costing 
LCC analyses are based on the sum of economic expenses incurred during water management 
(trucking and wastewater disposal), capital expenses, and yearly operation and maintenance (O&M) 
expenses. The costs associated with water management during each LCIA scenario are shown in Table 
7.2. All cost values and transportation distances are specific to O&G and water treatment operations 
within the Haynesville basin; however, similar values are possible in other shale gas plays. The expenses 
associated with deep well disposal include the cost of energy required for operation and maintenance of 
the high-pressure pump. It should also be noted that values in Table 7.2 could change significantly with 
time, location within the basin, level of basin activity, and government regulations. For that reason, all 
economic values used in the LCC are adjusted to the year 2012 to match the year that cost data was 
collected and to ensure the most accurate economic comparison to deep well disposal at the time of pilot 
testing. 
 
Table 7.2. Water management cost values and transportation 
distances [41, 42] 
Parameter Unit Amount 
Fresh Water Price $/bbl $0.30  
Fresh Water Transportation Cost  $/bbl/mile $0.03  
Fresh Water Transportation Distance miles 15 
Pit Water Transportation Cost $/bbl/mile $0.03  
Pit Water Transportation Distance miles 50 
Deep Well Disposal Cost $/bbl $1.88  
Recycle Transportation Cost $/bbl/mile $0.03  
Recycle Transportation Distance  miles 10  
Fresh Water Price $/bbl $0.30  
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The total capital costs associated with scenarios B and C were calculated based on the complete 
bill-of-materials used for the LCA. Total capital costs are the sum of fixed capital costs, overhead costs, 
and civil labor costs associated with system fabrication. Fixed capital expenditures include the cost of 
membranes, pumps and motors, pipes and valves, electrical and instrumentation, tanks, and system 
frames. Overhead costs are assumed as 10% of the fixed capital expenditures and civil labor costs are 
assumed as 20% of the total capital costs. Total capital costs are amortized over the design life of the 
system using assumed values in Table 7.3 and are normalized by the functional unit. An external service 
provider is assumed to handle wastewater disposal and therefore the capital costs of the deep well 
injection facility are not considered. 
 
Table 7.3. Economic values used for calculation of capital costs 
Parameter Unit Amount 
Plant Availability % 90  
Inflation Rate % 3 
Annual Interest Rate % 8 
Annual Amortization Factor - 0.14 
 
Yearly O&M costs associated with scenarios B and C are calculated based on the rates of 
membrane replacement and chemical cleaning presented in Table 7.1. The costs of each FO, RO, and 
NF membrane element are assumed as $750, $585, and $350, respectively. The cost of KL7330 cleaning 
chemical (membrane CC) is approximately $19/kg of powdered chemical. The costs associated with O&M 
labor ($0.13/m3 of product water) and spare parts ($0.04/m3) are estimated using values proposed by 
Helal et al. [54], which are adjusted from the year 2003 to 2012 based on a 3% inflation rate. 
 
7.4 Results and discussion 
A baseline comparative analysis was performed to elucidate the potential environmental impacts 
and financial expenses associated with the three-pit water management scenarios. Results from the LCIA 
and LCC are specific to the operating conditions and performance of FO systems observed in recent 
pilot-scale tests in the Haynesville basin. In the baseline analyses, power is supplied by on-site genset 
systems, where only the energy production from the combustion of diesel fuel is considered. 
 
7.4.1 Baseline life cycle impact assessment 
The relative impacts from the baseline LCIA of the three scenarios are shown in Figure 7.3. The 
environmental impacts of each scenario are normalized by the maximum value observed between the 
three scenarios and are compared across the ten environmental impact categories (Figure 7.3a). For 
each category, the dominant water management scenario assumes 100% of the relative impact 
compared to the other scenarios. The maximum values observed for each environmental impact category 
are also shown (Figure 7.3b), using a logarithmic scale and different units of measurement for each 
impact category. Results in Figure 7.3 indicate that engineered osmosis (scenario B1) yields the highest 
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relative environmental impacts in nine of the ten categories. The relative environmental impacts of water 
management using osmotic dilution (scenario C1) are consistently 30% below those observed for 
scenario B1 and are similar to the impacts associated with scenario A1. Scenario A1 has the highest 
impact potential in the smog formation category, which is a result of the excessive transportation of water 
in this scenario compared to scenarios B1 and C1. In fact, transportation accounted for approximately 
91% of the potential environmental impacts in smog formation compared to only 9% associated with 
energy required for pumping during deep well injection (data not shown). 
Normalized scoring of the ten impact categories in Figure 7.3a are shown in Figure D1 of 
Appendix D. Normalization is performed by the SimaPro software and TRACI 2.1 impact assessment 
method by dividing the impacts of each environmental category by a reference value to better compare 
their relative importance. Reference values proposed by Ryberg et al. [55] are employed by TRACI 2.1. 
Figure D1 shows that the carcinogenic potential and non-carcinogenic potential are of the greatest 
relative importance for all three scenarios, followed closely by the relative importance of ecotoxicity 
potential and fossil fuel depletion. The relative importance of the remaining six impact categories is very 
similar. 
 Despite both FO systems exhibiting potentially higher negative environmental impacts than those 
associated with deep well disposal in many categories, the loading results for all three scenarios across 
nine of the ten impact categories are within one order of magnitude (Figure 7.3b). This finding is 
significant, especially considering the lack of detailed information regarding the additional LCI 
components associated with deep well injection beyond pumping energy and transportation of water. In 
other words, these findings strongly suggest that the environmental sustainability of FO treatment of O&G 
pit water is competitive with current deep well disposal practices. It is highly possible that the negative 
environmental impacts of scenarios B1 and C1 are lower than those of scenario A1 if a cradle-to-grave 
LCI becomes available for deep well disposal (as opposed to the current gate-to-gate LCI). Additional LCI 
components such as capital construction and land procurement, chemical demands during system 
operation, equipment replacement at the end of its service life, and injection well shut-in and facility 
decommissioning will likely increase the expected environmental impacts of deep well disposal. 
The contributions of the dominant LCI components of engineered osmosis (scenario B1) and 
osmotic dilution (scenario C1) FO systems to the potential environmental impacts of each category are 
shown in Figure 7.4. The energy requirement for the FO subsystem dominates most impact categories, 
on average accounting for 40% of the total category contribution in the engineered osmosis system 
(Figure 7.4a) and 56% in the osmotic dilution system (Figure 7.4b). These findings are similar to those of 
Hancock et al. [37], who reported that the energy-related impacts were dominant in hybrid osmotic 
dilution processes across all impact categories investigated. The energy requirements for the RO 
subsystem and the impacts associated with transportation and pumping energy for pit water disposal also 
contribute substantially to nearly all impact categories in scenario B1 – on average accounting for 19% 
and 23% of the environmental impacts, respectively. 
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Figure 7.3. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal (scenario A1), engineered osmosis (scenario B1), and osmotic dilution (scenario C1) for 
management of O&G pit water. System energy demand is supplied by an on-site genset system. The 
environmental impacts of each water management option were evaluated using ten impact categories. 
Normalized scoring of the ten impact categories in Figure 7.3a are shown in Figure D1 of the 
Supplementary Data document. OD: Ozone Depletion (kg CFC-11); GW: Global Warming (kg CO2); SM: 
Smog Formation (kg O3); AP: Acidification Potential (kg SO2); EP: Eutrophication Potential (kg N); CP: 
Carcinogenic Potential (CTUh); NCP: Noncarcinogenic Potential (CTUh); RE: Respiratory Effects (kg 
PM2.5); EcP: Ecotoxicity Potential (CTUe); FFD: Fossil Fuel Depletion (MJ surplus). 
 
The only impact category in which these LCI components do not contribute significantly to the 
environmental impacts is ozone depletion, where impacts due to infrastructure components of the FO and 
RO subsystems (e.g., pumps, motors, VFDs, PLCs) are dominant. The materials and manufacturing 
associated with pumping equipment and of all electrical components accounted for 49% and 29% of the 
total infrastructure impacts, respectively. Because the osmotic dilution system does not include an RO 
subsystem, the FO subsystem and the transportation and pumping energy for pit water disposal are the 
dominant LCI components in scenario C1 – transportation and pit water disposal account for 29% of the 
total category contribution. These data indicate that the environmental impacts associated with capital 
construction and decommissioning for each cradle-to-grave LCI are negligible compared to those 
associated with the operation and periodic maintenance of each system. This finding is consistent with 
those presented by Hancock et al. [37] and Raluy et al. [56]. Therefore, the potential environmental 
impacts associated with the FO processes are best managed with improvements to each system’s 












































































Figure 7.4. Contribution analysis of various components of the (a) engineered osmosis (scenario B1) and 
(b) osmotic dilution (scenario C1) processes for treatment of O&G pit water. 
 
7.4.2 Baseline life cycle costing assessment 
A LCC of the inventories collected for each of the three pit water management scenarios was 
conducted using the system performance criteria outlined in Table 7.1 and economic values provided in 
Tables 7.2 and 7.3. Baseline economic evaluations resulting from the LCC of the three scenarios are 
shown in Table 7.4. Pit water management expenses are divided into six economic categories, where the 
final sum is expressed in dollars per year ($/yr) of operation. The categories include fresh water 
procurement cost, fresh water transportation cost, OPEX treatment cost, treated water transportation 
cost, disposal transportation cost, and deep well disposal cost. Operation expenses incurred during deep 
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[10]. The total amortized capital costs for scenarios B1 and C1 are calculated based on values presented 
in Table 7.3. The total costs (water management costs plus amortized capital costs) are summarized at 
the bottom of the table and then normalized to the functional unit (1 bbl of pit water). 
 
Table 7.4. Cost comparison for O&G pit water management using disposal, engineered 
osmosis, and osmotic dilution. System energy demand is supplied by an on-site genset 
system. All values are discounted to the year 2012, during which pilot testing occurred 
  SCENARIO A1 SCENARIO B1 SCENARIO C1 
Pit Water Volume bbl/yr 66754 66754 66754 
Treated Water for Recycle bbl/yr - 50066 50066 
Fresh Water Make-up  bbl/yr 66754 16689 16689 
Fresh Water Price $/bbl 0.30 0.30 0.30 
FRESH WATER PROCUREMENT COST $/yr $20,026 $5,007 $5,007 
     
Fresh Water Make-up bbl/yr 66754 16689 16689 
Fresh Water Transportation Cost $/bbl/mile 0.03 0.03 0.03 
Fresh Water Transportation Distance miles 15 15 15 
FRESH WATER TRANSPORTATION COST $/yr $30,039 $7,510 $7,510 
     
Replacement - FO Membranes $/yr - 6000 6000 
Replacement - RO Membranes $/yr - 2340 - 
Replacement - NF Membranes $/yr - 350 - 
Chemical Cleaning $/yr - 12439 3617 
Spares $/yr - 343 343 
Labor $/yr - 1040 1040 
Energy (60 Hz diesel genset) $/yr - 61096 41656 
OPEX TREATMENT COST $/yr - $83,608 $52,656 
     
Volume of Treated Water bbl/yr - 50066 50066 
Treated Water Transportation Price $/bbl/mile 0.03 0.03 0.03 
Treated Water Transportation Distance miles - 10 10 
TREATED WATER TRANSPORATION COST $/yr - $15,020 $15,020 
     
Disposal Volume  bbl/yr 66754 16689 16689 
Disposal Transportation Price  $/bbl/mile 0.03 0.03 0.03 
Disposal Transportation Distance  miles 50 50 50 
DISPOSAL TRANSPORTATION COST $/yr $100,131 $25,033 $25,033 
     
Disposal Volume bbl 66754 16689 16689 
Injection Costs $/bbl 1.88 1.88 1.88 
DEEP WELL DISPOSAL COST $/yr $125,498 $31,374 $31,374 
          
WATER MANAGEMENT COST $/yr $275,695 $167,551 $136,599 
TOTAL AMORTIZED CAPITAL COSTS $/bbl Pit Water - $0.50 $0.23 
TOTAL WATER MANAGEMENT COST $/bbl Pit Water $4.13 $3.01 $2.27 
 
Results in Table 7.4 indicate that scenarios B1 and C1 can provide significant economic benefits 
to the O&G exploration industry compared to scenario A1. The total water management cost of scenario 
B1 ($3.01/bbl pit water) and scenario C1 ($2.27/bbl pit water) are lower than that of scenario A1 ($4.13) 
by 27% and 45%, respectively, and are in agreement with the range of water recycle costs proposed by 
Lutz et al. [10]. Included is these cost savings are those resulting from reduced water transportation 
requirements, where the miles of trucking required for water management fall by 63% for both scenarios 
B1 and C1 compared to scenario A1 (assuming an average truck volume of 130 bbl of water [38, 41]). In 
general, the OPEX of treatment were the greatest contributors to the total costs associated with the FO 
processes, with significantly lower expenses associated with water transportation and disposal compared 
to scenario A1. At the estimated pit water management costs ($/bbl) and the economic values 
summarized in Table 7.2, the expenses associated with scenario A1 will be competitive with scenario B1 
(no cost savings from water treatment) only if the cost of injection at deep well disposal facilities falls 
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below $0.24/bbl in the Haynesville basin, all else held constant. Scenario A1 is not competitive with 
scenario C1 at any cost of deep well injection. This findings are significant considering that the costs 
associated with pit water management can account for up to 15% of well development and completion 
costs [41]. Therefore, cost savings during pit water management can help to maximize short-term profits 
for O&G exploration companies. 
The cumulative OPEX are the sum of costs associated with membrane replacement, intermittent 
chemical cleaning of the membranes systems, energy, labor, spare parts, and amortized fixed capital 
costs. Results in Figure 7.5 demonstrate that cost associated with the operation of an on-site genset 
system to provide energy to the membrane skids was the highest financial contributor (>60% of OPEX), 
followed by amortized fixed capital costs. Intermittent chemical cleaning and FO membrane replacement 
were also dominant financial components, though substantially less than that of energy. Note that nearly 
all of the financial components shown, excluding the replacement of FO membranes, are less in scenario 
C1 due to the lack of RO and NF membrane processes. It is important to note the relatively high cost of 
FO membrane replacement ($750 per 8040 element) compared to that of RO ($585 per 8040 element) 
and NF ($350 per 4040 element) membrane replacement, which will likely fall given the rapid 
advancements in FO membrane research and FO companies entering the market. 
 
	  
Figure 7.5. System OPEX of engineered osmosis (scenario B1) and osmotic dilution (scenario C1) when 
powered on-site with a genset system (pilot testing conditions). Amortized fixed capital costs and the 
O&M cost associated with labor and spare parts are included. 
 
7.4.3 LCIA contribution analysis: energy source and energy recovery 
Before attempting to optimize the FO processes to reduce the baseline environmental and 
economic impacts, it is important to examine the impacts associated with system operating conditions. In 
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energy source was evaluated. An analysis was performed with electricity supplied by the USEM rather 
than on-site diesel genset systems. On-site power supplied by the USEM is representative of potential 
operating conditions for permanent treatment facility installations and readily available electrical 
infrastructure within the shale play. The USEM is the sum of energy production from a variety of sources, 
including hard coal (47.7% of total contribution), nuclear (19.8%), natural gas (17.5%), hydropower 
(6.9%), and oil (3.3%). The remaining 4.8% is comprised of seven additional minor energy sources [57]. 
	  
7.4.3.1 LCIA: impacts of energy source and energy recovery 
The relative and maximum environmental impacts of each scenario when operated with power 
supplied by the USEM are shown in Figure 7.6. The results and general trends in potential environmental 
impacts shown in Figure 7.6a are similar to those shown in Figure 7.3a; however, engineered osmosis 
(scenario B2) now produces the highest relative environmental impacts in seven of the ten impact 
categories (compared to 9/10 in scenario B1). Overall, the relative environmental impacts of water 
management using osmotic dilution (scenario C2) also remain consistently 30% below those observed for 
scenario B2. Scenario A2 has the highest impact potential in the smog formation, ecotoxicity potential, 
and fossil fuel depletion categories and no longer exhibits higher impact potentials than scenario C2 in 
the acidification and eutrophication categories (compared to scenario C1 in Figure 7.3a). As a whole, the 
maximum environmental impacts observed for each scenario (Figure 7.6b) increased for the ozone 
depletion and acidification, eutrophication, and carcinogenic potential impact categories. The maximum 
environmental impacts decreased for the global warming, smog formation, non-carcinogenic potential, 
eutrophication potential, and fossil fuel depletion categories. The shift in all impact potentials was less 
than one order of magnitude total change in either direction. 
As expected, the greatest overall percent change in impact potential occurred between scenarios 
B1 and B2 due to the high-energy demand of the engineered osmosis system compared to the C 
scenarios (<1.5 times lower energy demand) and A scenarios (<5 times lower energy demand). The 
difference in the relative impacts between scenario B2 and C2 only slightly decreases because the 
majority of system energy demand is generated by the FO subsystem. Despite substantially lower energy 
demand of scenario A2 compared to scenario B2, the comparative change in relative impacts between 
these scenarios does not reflect a significant difference in overall environmental loading (Figure 7.6b). 
Indeed, the differences in LCIA results for all three scenarios across the ten impact categories are all 
within one order of magnitude. Normalized scoring of the ten impact categories presented in Figure 7.6 
(Figure D2) shows that the carcinogenic potential is of the greatest relative importance for all three 
scenarios. The relative importance of the remaining nine impact categories was very similar. The 
contributions of the dominant LCI components of the engineered osmosis (scenario B2) and osmotic 
dilution (scenario C2) systems to the potential environmental impacts of each category were similar to 
those when operated with a genset system (Figure D3). The energy requirement of the FO subsystem 
again dominates all impact categories, on average accounting for 47% of the total category contribution in 
the engineered osmosis system (Figure D3a) and 63% in the osmotic dilution system (Figure D3b). 
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Figure 7.6. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal (scenario A), engineered osmosis (scenario B2), and osmotic dilution (scenario C2) for 
management of O&G pit water. System energy demand is supplied by USEM. The environmental impacts 
of each water management option were evaluated using ten impact categories. The abbreviations and 
units for each impact category are defined in Figure 7.3. 
 
Because the choice of energy source might only minimally influence the potential environmental 
impacts of each scenario, and especially the engineered osmosis process an analysis was performed to 
determine the impact of system improvements through the inclusion of energy recovery in the RO system 
(which was not included in pilot-scale testing). The normalized and maximum environmental impact 
values from various energy configurations of scenario B are shown in Figure 7.7. The impacts of 
operating the engineered osmosis system are compared when employing an on-site genset system and 
the USEM, and with or without an ERD. The inclusion of energy recovery in the RO subsystem in 
scenario B effectively lowers the total system energy demand by approximately 0.42 kWh/bbl (2.5 
kWh/m3 or 11.4%). Results in Figure 7.7a show that the relative environmental impacts of engineered 
osmosis decline when powered by the USEM and when employing an ERD. Negative environmental 
impacts decrease in the order of scenario B1>scenario B2>scenario B1-ERD>scenario B2-ERD. Similar 
to Figure 7.6, the maximum environmental impacts observed for engineered osmosis (Figure 7.7b) 
increased for the ozone depletion, acidification potential, eutrophication potential, carcinogenic potential, 
and respiratory effects impact categories when engineered osmosis was powered by the USEM. The 
maximum environmental impacts decreased for all other impact categories. These findings suggest that 
the effects of RO energy recovery marginally impacted the potential environmental impacts of the 
engineered osmosis system when operated without upstream pretreatment and did not effectively reduce 
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Figure 7.7. The (a) relative environmental impacts and (b) lifetime environmental loading of deep well 
disposal, engineered osmosis, and osmotic dilution for management of O&G pit water. The environmental 
impacts of each treatment process are investigated using a variety of energy demand scenarios. The 
environmental impacts of each water management option were evaluated using ten impact categories. 
The abbreviations and units for each impact category are defined in Figure 7.3. 
 
It is apparent that any potential reductions in the environmental impacts of FO, especially 
engineered osmosis, will result only from a focused effort to change system operating conditions in order 
to reduce the overall energy demand; however, it is highly unlikely that increasing membrane packing 
density, membrane service life, or cleaning frequency will significantly impact the overall environmental 
impacts observed for these FO systems. For example, Hancock et al. [37] demonstrated that, in a hybrid 
osmotic dilution system for seawater desalination, the contribution of system energy demand (<2.5 
kWh/m3 throughout their study) to the negative environmental impacts was greater than 70% compared to 
other dominant LCI components of the modeled system. The authors showed that the relative impacts of 
doubling FO membrane packing density (9.5 m2 per element to 20 m2 per element), while simultaneously 
increasing FO membrane permeability (0.36 L m-2 hr-1 bar-1 to 1.08 L m-2 hr-1 bar-1), only reduced the 
relative environmental impact of membrane materials (which contributed to the environmental impacts of 
the entire system by less than 5%) by approximately 30% over their five year service. The authors further 
showed that reducing clean-in-place frequency of the membrane systems (once per month to biannual) 
by implementing ultrafiltration prior to FO reduced the relative environmental impacts of cleaning 
chemicals (which contributed less than 20% to the system total) by approximately 5%. Based on those 
findings, and the overwhelming contribution of FO energy demand to the environmental impacts of 
engineered osmosis (~70% without transport and disposal impacts) and osmotic dilution (>90% without 
transport and disposal impacts) demonstrated during treatment of pit water, radical improvements to the 
current FO membranes (~7 m2 per element, 0.36 L m-2 hr-1 bar-1, and 3 year service life) and membrane 






















Scenario B1 Scenario B1-ERD 





















Scenario B1 Scenario B1-ERD 
Scenario B2 Scenario B2-ERD 
	   144 
 
7.4.3.2 Life cycle costing assessment: impacts of energy source and energy recovery 
Results from the economic evaluation of the three pit water management scenarios when 
powered by the USEM are shown in Table 7.5. Pit water management expenses are divided into the 
same categories as described in Section 7.4.1.2 (Table 7.4). The same OPEX for deep well disposal are 
assumed in the total cost ($1.88/bbl of wastewater) [10]. Results in Table 7.5 show that despite marginal 
changes in the potential environmental impacts of each FO system, significant cost savings might still 
result from employing power from the USEM. The total water management cost of scenario B2 ($2.32/bbl 
pit water) and scenario C2 ($1.82/bbl pit water) are lower than that of deep well disposal by 44% and 
56%, respectively. At these management costs, the expenses associated with scenario A will be greater 
than both FO processes, regardless of the price charged for injection at the disposal facility. Even at 
increased USEM energy costs ($0.30/kWh), the cost of injection would need to decrease dramatically 
($0.25/bbl versus $1.88/bbl) for deep well disposal to be competitive with engineered osmosis for pit 
water treatment. The OPEX remain the greatest contributors to the total costs associated with engineered 
osmosis, while the OPEX of osmotic dilution are slightly less than the transportation costs of concentrated 
pit water for disposal. 
 
Table 7.5. Cost comparison for O&G pit water management using disposal, engineered osmosis, 
and osmotic dilution. System energy demand is supplied by the USEM. All values are discounted 
to the year 2012, during which pilot testing occurred 
  SCENARIO A2 SCENARIO B2 SCENARIO C2 
Pit Water Volume bbl/yr 66754 66754 66754 
Treated Water for Recycle bbl/yr - 50066 50066 
Fresh Water Make-up  bbl/yr 66754 16689 16689 
Fresh Water Price $/bbl 0.30 0.30 0.30 
FRESH WATER SUPPLY COST $/yr $20,026 $5,007 $5,007 
     
Fresh Water Make-up bbl/yr 66754 16689 16689 
Fresh Water Transportation Cost $/bbl/mile 0.03 0.03 0.03 
Fresh Water Transportation Distance miles 15 15 15 
FRESH WATER TRANSPORTATION COST $/yr $30,039 $7,510 $7,510 
     
Replacement - FO Membranes $/yr - 6000 6000 
Replacement - RO Membranes $/yr - 2340 - 
Replacement - NF Membranes $/yr - 350 - 
Chemical Cleaning $/yr - 12439 3617 
Spares $/yr - 343 343 
Labor $/yr - 1040 1040 
Energy $/yr - 14919 11476 
OPEX TREATMENT COST $/yr - $37,431 $22,476 
     
Volume of Treated Water bbl/yr - 50066 50066 
Treated Water Transportation Price $/bbl/mile 0.03 0.03 0.03 
Treated Water Transportation Distance miles - 10 10 
TREATED WATER TRANSPORATION COST $/yr - $15,020 $15,020 
     
Disposal Volume  bbl/yr 66754 16689 16689 
Disposal Transportation Price  $/bbl/mile 0.03 0.03 0.03 
Disposal Transportation Distance  miles 50 50 50 
DISPOSAL TRANSPORTATION COST $/yr $100,131 $25,033 $25,033 
     
Disposal Volume bbl/yr 66754 16689 16689 
Injection Costs $/bbl 1.88 1.88 1.88 
DEEP WELL DISPOSAL COST $/yr $125,498 $31,374 $31,374 
          
WATER MANAGEMENT COST $/yr $275,695 $121,374 $106,419 
TOTAL AMORTIZED CAPITAL COSTS $/bbl Pit Water - $0.50 $0.23 
TOTAL WATER MANAGEMENT COST $/bbl Pit Water $4.13 $2.32 $1.82 
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The water management costs associated with scenario A and with the two energy configurations 
for scenario B and scenario C are compared in Figure 7.8. Similar to Tables 7.3 and 7.4, the total cost of 
pit water management for each scenario is the sum of costs associated with fresh water procurement, 
fresh water transportation, expenses associated with pit water treatment for reuse (scenarios B and C), 
transportation of treated water, transportation of water for disposal, and disposal in a Class II injection 
well. The water management costs of scenario C are compared when operated with an on-site genset 
(scenario C1) and with the USEM (scenario C2).  
The water management costs of scenario B are shown for the same energy sources; however, 
the management costs of each energy source for scenario B are also shown with and without ERD in the 
RO subsystem. The choice of energy source has significant impact on the water management costs 
associated with scenarios B and C, which is contrary to the minimal changes in environmental impacts 
shown in Figure 7.7. Yet, the addition of ERD to the economic impacts provided minimal economic 
benefits, which is similar to the environmental impact trends previously shown. The costs of osmotic 
dilution when powered with a genset system (scenario C1) are lower than the costs of engineered 
osmosis even when powered by the USEM (scenario B2 and B2-ERD). The costs of osmotic dilution 
when powered by the USEM (scenario C2) provide the most economic savings compared to the other 
scenarios of this study. 
 
	  
Figure 7.8. Water management costs ($/bbl pit water) for deep well disposal and the energy scenarios for 
the engineered osmosis and osmotic dilution processes. The solid data bars represent the total cost of pit 
water management for each scenario, including the cost of wastewater trucking and disposal at a deep 
well injection facility. The hashed data bars represent only the costs associated with operating each FO 
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7.5 Conclusions 
The comparative LCIA of the three different pit water management scenarios demonstrates that 
the potential environmental impacts of engineered osmosis (scenario B) are highest compared to osmotic 
dilution (scenario C) and deep well disposal (scenario A). However, the overall environmental impacts of 
the FO treatment processes are very similar to those modeled for deep well disposal (only water 
transportation and pumping energy). In fact, the difference between the maximum values observed for 
each scenario across the ten TRACI 2.1 impact categories are consistently within one order of 
magnitude. At the current state of the technology, the energy demand of the FO subsystems operated 
with no upstream pretreatment is the single greatest contributor to the negative environmental impacts. 
The environmental impacts associated with system capital construction, membrane chemical cleaning, 
periodic membrane replacement, and system decommissioning minimally contribute to the observed 
environmental impacts. Analysis of two probable electricity sources demonstrates that the source of 
energy to the systems might lead to lower environmental impact values, yet such changes are unlikely to 
significantly impact the order of relative environmental impacts observed between the three pit water 
management scenarios. Only with radical changes in the US energy portfolio, or an energy supply 
dominated by renewable sources, like those previously presented in the literature, are substantial 
improvements likely achievable. The inclusion of pretreatment prior to scenarios B and C might reduce 
the need for high pumping rates through the FO membranes to reduce fouling and concentration 
polarization, thereby reducing the environmental impacts associated with system energy demand; 
however, the inclusion of pretreatment processes will surely lead to additional environmental impacts. 
The potential environmental trade-offs associated with the inclusion and enhancement of pit water 
pretreatment scenarios are not included in this study. 
Economic evaluations of the three scenarios show that the employment of FO technologies for 
treatment of pit water could lead to considerable cost savings compared to deep well disposal practices. 
The financial snapshot of pit water management in the Haynesville basin suggests that FO technologies 
can have a potential economic benefit of nearly 60% compared to the deep well disposal scenario. 
Furthermore, transportation requirements could be reduced as much as 63% within the basin given 
adoption of water recycling technologies. Both the engineered osmosis and osmotic dilution processes 
could effectively buffer future economic variations associated with changes in injection costs at deep well 
disposal facilities and changes in transportation due to fluctuating automotive fuel costs. 
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8.1 Research Synopsis 
This dissertation is a collection of six unique studies that investigated the benefits, performance, 
and sustainability of FO processes. These investigations include: (1) a comprehensive review of the 
principles and state-of-the-art of FO, and its successful development and demonstration in the upstream 
O&G industry, (2) an investigation of the changes in membrane performance as a function of increasing 
hydraulic TMP, which highlights the knowledge gap that still exists between standardized membrane 
comparisons at the bench-scale and performance comparisons under hydraulic conditions common in 
industrial applications, (3) an evaluation of the impacts of high ionic strength on membrane zeta potential 
using a combination of streaming potential measurements and theoretical modeling, (4) the impacts of 
membrane selection and operating conditions on the performance of FO membranes for desalination of 
raw produced water for shale gas operations, (5) an exploration of the impacts of produced water 
exposure on the transport and physiochemical properties of FO membranes, and (6) the evaluation of the 
environmental and economic impacts of a decentralized FO system when used for dewatering raw pit 
water from upstream O&G exploration activities.  
While the scope of the doctoral research and these investigations was to enhance the FO 
technology specifically for desalination of O&G exploration wastewaters, the results of each study have 
far-reaching implications across all applications of FO, and of semipermeable membrane technologies in 
general. Recommendations for future research on FO processes for treatment of O&G exploration 
wastewaters include: (1) a comprehensive investigation of chemical cleaning processes for optimized FO 
flux recovery, (2) an investigation of the changes in FO membrane electrokinetic phenomena in the 
presence of complex, high salinity feed streams, (3) an evaluation of the performance of FO membranes 
when operated in plate-and-frame and novel hollow fiber configurations, (4) an investigation of the 
impacts of produced water on polymeric cross-linking density and crystallinity in next generation FO 
membranes, (5) the optimization and selection of new draw solutions for increased osmotic driving force 
and minimized reverse salt flux, (6) and the evaluation of the environmental and economic impacts of FO 
processes when operated in different O&G basins and a comprehensive comparison to other potential 
treatment technologies. Any future research should take careful consideration of the economic horizons in 
the O&G industry when considering different operating conditions, system configurations, and 
pretreatment strategies. All future studies should also be operated at longer durations (>120 hrs) to better 
understand the long-term performance and fouling propensity of current and future FO membranes. 
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8.1.1 Summary of the effects of hydraulic transmembrane pressure on FO performance 
The introduction of hydraulic pressure across FO membranes can result in changes in membrane 
performance and ion transport. CTA membranes showed little change in membrane performance as a 
function of increasing TMP. Results from standardized methods can be assumed accurate up to 50 psi in 
industrial CTA membrane modules. Conversely, increasing TMP did impact the performance of TFC 
membranes; however, these changes are not necessarily an indication of poorer performance. Declining 
RSF was observed in both TFC membranes with some increase in water flux at increasing TMP.  
Results from the study also demonstrated that membrane material and structure, coupled with 
operating conditions, might influence the preferential reverse diffusion of charged ions across FO 
membranes; CTA membranes exhibited preferential diffusion of anions across the membrane selective 
layer, while both TFC membranes experienced preferential diffusion of cations across the membrane. 
This phenomenon is important and can impact specific process applications, and was further investigated 
in Chapter 4 of this dissertation. To ensure proper selection and applicability of FO membranes in specific 
industrial processes, the effects of hydraulic feed pressures and membrane material on water flux and ion 
transport should also be taken into consideration when conducting standardized membrane comparisons. 
 
8.1.2 Summary of the effects of high salinity on membrane zeta potential 
Ionic strength has considerable impacts on membrane zeta potential. Electrostatic charge 
shielding and compression of the diffuse layer due to increasing ionic strength reduces the negative zeta 
potential of semipermeable polymeric membranes, thus diminishing the contribution of electrostatic forces 
to the sum of interfacial interactions at the membrane-liquid interface. The membrane zeta potential is 
larger in magnitude when measured in dilute electrolyte solutions, thus over-predicting the effect of 
electrostatic forces and providing unrealistic information when comparing the electrostatic forces of 
different polymeric membranes at environmentally relevant ionic strengths. These results also jeopardize 
the commonly accepted assumption that the overall membrane surface charge is neutralized or reversed 
at high ionic strengths. 
In semipermeable membrane processes, results from this study are especially important for 
understanding the electrostatic interactions at the feed solution-membrane interface, the interpretation of 
membrane fouling propensity by charge contaminants, and ion diffusion. In FO specifically, these results 
may help to explain preferential bi-directional solute flux of anions and cations across current and 
emerging membranes, and guide the selection of draw solutions to help mitigate the effects of reverse 
solute flux on cake enhanced concentration polarization. Zeta potential values calculated from 
experimental data and extrapolations can thus provide more realistic estimations of membrane zeta 
potential and a method for comparing electrostatic properties of different polymer chemistries beyond the 
experimental limitations of electrokinetic analyzers. 
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8.1.3 Summary of FO membrane performance during produced water desalination 
During treatment of produced water with no pretreatment: (1) FO membrane fouling is dominated 
by initial water flux and permeation drag in the short term, (2) physiochemical surface properties might 
play a more important role during membrane cleaning, especially under optimized conditions, (3) long-
term membrane fouling is dominated by foulant-foulant interactions after the formation of a cake layer, 
regardless of membrane type, (4) long-term fouling might be mitigated with suitable chemical 
pretreatment with appropriately selected anti-scalants or anti-foulants, and (5) long-term FO system 
performance might be better controlled with optimized hydrodynamic conditions near the membrane 
surface (i.e., feed flow velocity, module design, membrane packaging) and not by membrane selection. 
In general, the FO membranes demonstrated very high rejection of dissolved ions and dissolved 
organic compounds present in the produced water feed stream. It is possible that long-term rejection of 
feed stream contaminants might decline in the presence of a complex cake-layer at the membrane 
surface due to concentrative CP; however, the DS of each FO membrane was of suitable quality for local 
reuse in subsequent hydraulic fracturing operations and for downstream desalination processes like RO. 
The chemical cleaning efficiency of EDTA was highest throughout the study and was likely due to its high 
pH when mixed in solution and its chelating properties. Interestingly, the chemical cleaning efficiency of 
the TFC membranes remained consistent throughout the study and did not decline compared to CTA 
membrane. It is likely that the very smooth surface of the TFC membranes enabled higher chemical 
cleaning efficiency, raising important questions regarding the potential economic tradeoffs between 
operating FO systems with lower flux CTA membranes (resulting in lower fouling propensity) or with 
higher flux (and thus higher fouling rate) TFC membranes with potentially equal or superior cleaning 
properties to CTA. This is despite the fact that the contribution of the physiochemical surface properties of 
each membrane to its fouling propensity (compared to permeation drag) remains unclear given the 
complex nature of the feed stream. 
 
8.1.4 Changes in FO membrane transport parameters during O&G wastewater treatment  
CTA and traditional TFC membranes were chemically and physically stable during treatment of 
raw produced waters from O&G exploration; however, some minor changes in membrane performance 
might be expected in future industrial applications. The CTA and traditional TFC membrane showed no 
apparent changes in their physiochemical properties after CEOB using EDTA, indicating that changes in 
membrane performance are purely a result of exposure to produced water. Each of the two membranes 
did experience slight decreases in their transport and structural parameters after produced water 
treatment, corresponding to an irreversible decrease in permeability due to osmotic de-swelling and 
charge neutralization. Given the complex nature of the produced water feed stream, sorption and 
entrapment of dissolved organics and hydrocarbons in the active layer of each FO membrane might also 
have hindered solute and water transport through each membrane. Interestingly, a significant increase in 
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CTA hydrophilicity was observed resulting from changes in the acid-base properties of the membrane 
surface, while minimal variations in the traditional TFC membrane hydrophilicity were observed. 
On the contrary the surface coated TFC membrane, which incorporates a traditional polyamide 
TFC membrane coated with a hydrogel to increase its antifouling properties, experienced significant 
changes in performance and permeability. While the virgin membrane exhibited impressive pure water 
permeability and solute rejection compared to the traditional TFC membrane, the surface coated TFC 
membrane performed even more remarkably after produced water exposure. The pure water permeability 
of surface coated membrane slightly deceased similar to the CTA and traditional TFC membrane, but the 
RSF of the coated membrane showed a favorable decrease of over 50%. The resulting membrane after 
produced water exposure still exhibited higher pure water permeability than the CTA membrane, yet its 
solute permeability coefficient was lower by 32%. While the exact reason for enhanced performance of 
the surface–coated TFC membrane is not yet known, the successful application and impressively low 
solute transport properties of this membrane marks a new chapter in the rapid progression of FO 
membranes for treatment of complex feed waters. 
 
8.1.5 Summary of the environmental and economic impacts of FO in the O&G industry  
The overall environmental impacts of the FO treatment processes are very similar to those 
modeled for deep well disposal (only water transportation and pumping energy). In fact, the difference 
between the maximum environmental impacts observed for each scenario across the ten TRACI 2.1 
impact categories are consistently within one order of magnitude. At the current state of the technology, 
the energy demand of the FO subsystems operated with no upstream pretreatment is the single greatest 
contributor to the negative environmental impacts. The environmental impacts associated with system 
capital construction, membrane chemical cleaning, periodic membrane replacement, and system 
decommissioning minimally contribute to the observed environmental impacts. Analysis of two probable 
electricity sources demonstrates that the source of energy to the systems might lead to lower 
environmental impact values; yet, such changes are unlikely to significantly impact the order of relative 
environmental impacts observed between the three pit water management scenarios. Only with radical 
changes in the US energy portfolio, or an energy supply dominated by renewable sources, like those 
previously presented in the literature, are substantial improvements likely achievable. The inclusion of 
pretreatment prior to the FO process might reduce the need for high pumping rates through the FO 
membranes to reduce fouling and concentration polarization, thereby reducing the environmental impacts 
associated with system energy demand; however, the inclusion of pretreatment processes will surely lead 
to additional environmental impacts. 
Economic evaluations show that the employment of FO technologies for treatment of pit water 
could lead to considerable cost savings compared to deep well disposal practices. The financial snapshot 
of pit water management in the Haynesville basin suggests that FO technologies can have a potential 
economic benefit of nearly 60% compared to the deep well disposal scenario. Furthermore, transportation 
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requirements could be reduced as much as 63% within the basin given adoption of water recycling 
technologies. Both the engineered osmosis and osmotic dilution processes could effectively buffer future 
economic variations associated with changes in injection costs at deep well disposal facilities and 
changes in transportation due to fluctuating automotive fuel costs in the upstream O&G industry. 
 
8.2 Significance of FO for complex wastewater applications 
Forward osmosis has been demonstrated to be a suitable and effective process for treatment of 
difficult liquid waste streams. Specifically in O&G exploration and production, FO is a promising 
technology that enables exploration companies to utilize effective wastewater treatment and promote 
beneficial water reuse in decentralized and remote locations. The technology has shown great versatility 
by successfully treating a wide range of feed stream salinities and producing equally wide ranges of 
product water quality–from diluted saline solution to RO permeate suitable for industrial reuse (when 
operated in a hybrid treatment scheme). FO processes have demonstrated net cost–advantages of more 
than 45% in recent demonstration scale tests and LCA modeling, which is a significant improvement to  
traditional wastewater disposal methods.  
Ultimately, other industries that produce complex liquid streams can benefit from the experiences 
of FO treatment of O&G E&P wastewater. The limitations of FO need further investigation, as new 
generations of TFC membranes and novel draw solutions are being rapidly developed. Currently, there 
are several different approaches and methods for implementing the technology; however, it is unclear 
which approach is most suitable, leaving significant room for more research. Ultimately, O&G exploration 
companies and similar industries will choose the most suitable FO management option that (a) is 
physically practical for on-site operation with their waste stream, (b) accepted by state and federal 
regulators, and (c) sustainable over extended periods of operation. The economic horizons of the O&G 
industry will continue to be especially important when choosing suitable water management options like 
FO; the water treatment technology must not only be flexible and able to treat a wide variety of feed 
streams, but also be able to operate in a wide range of financial situations and under continual shifts in 
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Table A1. Membrane physical and chemical properties 
  Unit CTA TFC1 TFC2 
Pure water permeability (A) L/m2-h-bar 0.55 4.72 1.63 
Salt permeability (B) m/s 4.8x10-8 1.2x10-7 8.3x10-8 
Structural parameter  µm 463 365 690 
Zeta potential, active layer mV a -34.9 -42.5 -38.6 
Zeta potential, support layer mV a -39.5 -3.0 -9.5 
Contact angle  ° 63.7±6.8b 67.8±11.8 27.7±10.4 
Average water flux 
 







10.4±0.3 e  
Average reverse NaCl flux 
 
mmol m-2 hr-1 c 
 
88.2±8.5 d 





a at pH 7.0 
b Contact angle measured using the captive bubble method 
c Virgin membranes at 20 °C, 1M NaCl draw solution, and deionized feed water 
d Virgin membranes utilized during tests with NaCl draw solution 
e Virgin membranes utilized during tests with sea salt draw solution 
f In-situ membrane wetting was performed with 50 IPA for 5 minutes following the installation of each  
     membrane coupon. This procedure did not affect water or salt fluxes. 
 
Methods used to calculate ion rejection and reverse solute flux 
Determination of Water Flux 
Water permeation rate was determined by measuring the change in mass of the deionized water 
on the analytical balance (Mettler Toledo, Columbus, OH) as a function of time for the duration of each 
experiment. The mass of deionized water decreased with time because water that permeated through the 
membrane from the feed solution into the draw solution was replaced by dosing deionized water (to 
maintain constant volume of the feed loop). The slope of mass versus time is the mass transfer rate 
through the membrane for an individual experiment. Water flux was determined by dividing the mass 
transfer rate by the water density and membrane surface area. 
Determination of Salt/Solute Reverse Flux 
Salt flux values reported in the manuscript were calculated by measuring the increase of feed 
solution conductivity (converted to concentration) or changes in ion concentration over a selected time 
period. A K=1 cm-1 cell constant conductivity probe was specifically calibrated for dilute feed solutions. 
Feed solution conductivity increased linearly as a function of time as draw solution solutes diffused into 
the feed solution. Salt flux was determined by converting the slope of the feed solution conductivity 
increase per unit time to concentration per unit time based on a calibration curve generated for each salt 
type; this value was then multiplied by the feed solution volume and divided by membrane surface area. 
To determine the reverse flux of specific ions, the concentration of the ion was measured with the 
appropriate method (e.g., IC, ICP, TOC, etc.) between two consecutive samples that were drawn from the 
feed tank. Subsequently, the difference in ion concentration was calculated (mg/L or mmol), the value 
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was multiplied by 3 L (the constant volume of the feed tank), and the new value was divided by the area 
of the membrane. It is important to note that a meticulous mass balance must take into account the mass 
lost during sample withdrawal and incorporate it back into the calculations. 
Determination of Ion Rejection 
The concentration of specific ions was measured with the appropriate method (e.g., IC, ICP, 
TOC, etc.) between two consecutive samples that were drawn from the draw solution and feed solution 
tanks. Subsequently, the concentration of specific ions in the draw solution was multiplied by the volume 
of draw solution at the time of sample withdrawal. The difference in ion mass in the draw solution was 
calculated and the value was divided by the volume of water that crossed the membrane between the two 
samples withdrawn. The new value represents the concentration of the ion in the water that permeated 
the membrane. This value is then used in conjunction with the average concentration of the specific ion in 


















	   159 






[1] Cath, T. Y.; Elimelech, M.; McCutcheon, J. R.; McGinnis, R. L.; Achilli, A.; Anastasio, D.; Brady, 
A. R.; Childress, A. E.; Farr, I. V.; Hancock, N. T.; Lampi, J.; Nghiem, L. D.; Xie, M.; Yip, N. Y., 
Standard methodology for evaluating membrane performance in osmotically driven membrane 































SUPPORTING INFORMATION FOR: INDIRECT DETERMINATION OF ZETA POTENTIAL AT HIGH 
IONIC STRENGTH: SPECIFIC APPLICATION TO SEMIPERMEABLE POLYMERIC MEMBRANES 
 
Bryan D. Coday1, Thomas Luxbacher2, Amy E. Childress3, Nohemi Almaraz1, Pei Xu4, Tzahi Y. Cath1* 
 
 
1 Colorado School of Mines, Golden, CO, USA 
2 Anton-Paar GmbH, Graz, Austria 
3 University of Southern California, Los Angeles, CA, USA 




* Corresponding author: 1500 Illinois St., Golden, CO 80401;  
Tel.: +1-303-273-3402; fax: +1-303-273-3413 
E-mail address: tcath@mines.edu 
 
 





	   161 
	  
Figure B1. Values of zeta potential calculated from measured and extrapolated streaming potential for the 
TFC1, TFC2, and CTA membranes as a function of electrolyte ionic strength (log scale). All experiments 
were conducted in the presence of increasing concentrations of KCl electrolyte in deionized water 
(average pH of 5.6). Values above 0.05 M are extrapolated from measured streaming potential. 
	  
Figure B2. Values of zeta potential calculated from measured streaming potential and measured 
streaming current for the TFC2 membrane as a function of electrolyte ionic strength (log scale). All 
experiments were conducted in the presence of increasing concentrations of KCl electrolyte in deionized 
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Figure B3. Values of zeta potential calculated from measured and extrapolated streaming potential for the 
TFC2 membrane as a function of electrolyte ionic strength (log scale). Measurements were conducted in 
the presence of increasing concentrations of KCl, NaCl, and LiCl solutions in deionized water (average 
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Figure C1. ATR-FTIR transmittance spectra for (a) CTA, (c) TFC1, and (e) TFC2. Each graph shows the 
transmittance spectra for samples analyzed from a virgin membrane and fouled membranes from Test 
Set D (Table 2). The transmittance spectra of CaCO3 was obtained from the Omnic reference library of 
the spectrometer. The zeta potentials for virgin and fouled (b) CTA, (d) TFC1, and (f) TFC2 membrane 
samples are also provided. 
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Table D1. Additional life cycle inventory data. All values are reported as kg per bbl (kg/bbl) of pit water. The assumed SimaPro material and 
process designations are shown where appropriate. Those materials that manufacturers requested remain confidential are marked as such.  







316, high temp 
Stainless steel hot rolled coil, annealed & pickled, 
elec. arc furnace route, prod. mix, grade 304 RER S 
Steel product manufacturing, 





ABS Acrylonitrile-butadiene-styrene copolymer, ABS, at plant/RER U Injection moulding/RER U 
3.37E-06 
Pressure vessel 
end adaptors CPVC PVC injection moulding E Injection moulding/RER U 5.71E-06 
1" CPVC pipe Schedule 80 PVC Pipe E Extrusion, plastic pipes/RER U 2.49E-05 
4" CPVC pipe Schedule 80 PVC Pipe E Extrusion, plastic pipes/RER U 4.98E-05 
3"x3" square 
tube 1/4" Thick Mild steel Hot rolled sheet, steel, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 4.78E-04 
2"x2" square 
tube 1/4" Thick Mild steel Hot rolled sheet, steel, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 6.61E-04 
High profile 
unistrut 
Mild steel - zinc 
coating (gold) Galvanized steel sheet, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 2.30E-05 





Pressure vessels Filament wound, epoxy FRP 
Glass fibre reinforced plastic, polyester resin, hand 
lay-up, at plant/RER U Injection moulding/RER U 5.57E-04 
Membrane 
active layer Cellulose triacetate Viscose fibres, at plant/GLO U Extursion, plastic film/RER U 3.68E-05 
Membrane 
support layer Polyester 
Glass fibre reinforced plastic, polyester resin, hand 
lay-up, at plant/RER U Calendering, rigid sheets/RER U 1.90E-04 
Glue Polyurethane Polyurethane, flexible foam, at plant/RER U Not applicable 3.30E-04 





Oriented polypropylene film E Extrusion, plastic film/RER U 
7.64E-05 





Glass fibre reinforced plastic, polyester resin, hand 
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Table D1 Cont. Additional life cycle inventory data. All values are reported as kg per bbl (kg/bbl) of pit water. The assumed SimaPro material and 
process designations are shown where appropriate. Those materials that manufacturers requested remain confidential are marked as such. 




1" CPVC pipe Schedule 80 PVC Pipe E Extrusion, plastic pipes/RER U 2.08E-05 
1 1/2" CPVC 
pipe Schedule 80 PVC Pipe E Extrusion, plastic pipes/RER U 2.01E-05 
1" 316 SS pipe 316 SS Stainless Steel hot rolled, annealed & pickled, elec. Arc furnace… Drawing of pipes, steel/RER U 2.47E-05 
I-Beam - wide 
flange, 6", 20# Mild steel Hot rolled sheet, steel, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 1.43E-04 
I-Beam - wide 
flange, 4", 13# Mild steel Hot rolled sheet, steel, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 1.14E-03 
2"x2" square 
tube 1/4" Thick Mild steel Hot rolled sheet, steel, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 3.28E-04 
High profile 
unistrut 
Mild steel - zinc 
coating (gold) Galvanized steel sheet, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 9.51E-06 
Low profile 
unistrut 
Mild steel - zinc 
coating (gold) Galvanized steel sheet, at plant/RNA 
Steel product manufacturing, 
average metal working/RER U 3.89E-05 
Pressure vessels Filament wound, epoxy FRP 
Glass fibre reinforced plastic, polyester resin, hand 




active layer Polyamide 
Polyamide 6.6 fibres (PA 6.6), from adipic acid and 
hexamethylene diamine (HDMA), prod. Mix, EU-27S Extrusion, plastic film/RER U 1.47E-04 
Glue Epoxy Epoxy resin, liquid, at plant/RER U Not applicable 2.91E-09 
Feed spacer Polyethylene. Polyethylene, HDPE, granulate, at plant/RER U Calendering, rigid sheets/RER U 1.29E-04 
Permeate spacer Polyethylene. Polyethylene, HDPE, granulate, at plant/RER U Calendering, rigid sheets/RER U 7.39E-05 
End caps PVC PVC injection moulding E Injection moulding/RER U 3.27E-05 
Fiber glass shell Fiber glass Glass fibre reinforced plastic, polyester resin, hand lay-up, at plant/RER U Extrusion, plastic film/RER U 1.42E-04 




chemical - sum 
of components 









(8981 004 744) Aluminum, primary, ingot, at plant/RNA 
Aluminum product manufacturing, 
average metal working/RER U 
4.60E-05 
1" CPVC pipe Schedule 80 PVC Pipe E Extrusion, plastic pipes/RER U 1.05E-05 
3/4" 316 SS 
tubing 316L Sch 40 
Stainless Steel hot rolled, annealed & pickled, elec. 




materials - sum 
of components 





chemical - sum 
of components 
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Table D2. Additional life cycle inventory data for the pit water treatment technologies. All values are 
reported as $ per bbl ($/bbl) of pit water. Monetary values for system infrastructure were used in 
instances where a complete bill-of-materials was not available. All U.S. dollar values are normalized to 
the year 2002 to match data for the USA Input Output 2002 database in the SimaPro LCA software. 
System Product Flow Item/material Amount 
Reverse 
Osmosis  Infrastructure 
Loading pump & motor 1.73E-03 
High pressure pump & 
motor 1.74E-02 
Flush pump & motor 9.22E-04 
Loading motor VFD 4.16E-04 
High pressure motor FVD 3.73E-03 
PLC/HMI 1.53E-03 
Forward 
Osmosis  Infrastructure 
Feed pump & motor 6.64E-04 
DS pump & motor 8.37E-04 
Feed recirc pump & motor 3.59E-03 
Feed motor VFD 3.99E-04 
DS motor FVD 3.99E-04 




Loading pump & motor 7.42E-04 
High pressure pump & 
motor 2.12E-03 





Figure D1. Normalized score of deep well disposal (scenario A1), engineered osmosis (scenario B1), and 
osmotic dilution (scenario C1) for management of O&G pit water. Electricity is supplied by an on-site 
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Figure D2. Normalized score of deep well disposal (scenario A2), engineered osmosis (scenario B2), and 
osmotic dilution (scenario C2) for management of O&G pit water. Electricity is supplied by the USEM. The 










































Figure D3. Contribution analysis of various components of the (a) engineered osmosis (scenario B2) and 
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Global water scarcity and substantial challenges associatedwith treatment of complex and impaired liquid streams
have advanced the development of forward osmosis (FO), which can successfully treat and recover water for ben-
eficial reuse. Surging research and advancements in FO, a technology once unable to compete with conventional
wastewater treatment processes, have identified its sweet spot: treatment and desalination of complex industrial
streams, and especially oil and gas (O&G) exploration and production wastewaters. High salt concentrations,
decentralized and transient operations, the presence of free and emulsified hydrocarbons, silts and clays leached
from producing formations, and process additives common in O&G drillingwastewater and producedwater render
many common treatment technologies ineffective. Treatment and reuse of O&Gwastewater, and other complex in-
dustrial streams, in a cost effective and environmentally soundmanner is critical for sustainable industrial develop-
ment and to meet increasingly stringent regulations. This review focuses on the successful development and
demonstration of FOmembrane treatment systems, supported by a review of bench-scale, pilot, and demonstration
studies on treatment of O&Gwaste streams, landfill leachates, centrate from anaerobic digesters, activated sludge in
membrane bioreactors, and liquid foods and beverages. Recent developments inmembrane fabrication, systemcon-
figurations, and draw solutions are briefly reviewed.
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1. Introduction
The United States and many countries around the world are rapidly
expanding exploration and development of unconventional gas re-
sources, including shale gas, coalbed methane, and tight sands [1–5].
With recent advancements in horizontal well drilling and hydraulic
fracturing, unconventional gas is expected to account for nearly 45% of
the natural gas produced in the U.S. by 2035 [6,7]. As production in-
creases and new formations become economically viable, water de-
mands for well development and the volume of wastewater generated
during exploration and production (E&P) (e.g., drilling muds, hydraulic
fracturing flowback water, produced waters) will increase significantly.
Drillingmud is an integral part ofwell development, providing lubri-
cation to drilling equipment, stabilization towell walls, pressure control
within the borehole, and flushing of debris from thewell. Up to onemil-
lion gallons (3800 m3 or 24,000 bbl) of fresh water can be consumed
during drilling of a single well, producing grit-laden streams contami-
nated with drilling additives and containing high concentrations of
chemical oxygen demand (COD), total dissolved solids (TDS), and or-
ganic and inorganic constituents [8–11].When borehole drilling is com-
pleted, the drilling mud is usually stored on-site in lined ponds/pits. In
some locations, closed-loop drilling is required in which no pits are
used. Inmost drilling operations, these fluids receiveminimal treatment
and are trucked off-site for deep well injection. Occasionally, the waste
fluids may be land applied if a proper permit is obtained [9].
After drilling, well productivity can be enhancedwith hydraulic frac-
turing. Between one and four million gallons (3800–15,000 m3 or
24,000–95,000 bbl) of water-based slurry are injected into the well
bore under high pressure, forming fractures in the target formation
[9,12,13]. Hydraulic fracturing facilitates free flow of oil and gas; thus,
increasing recovery from formations previously considered economical-
ly unfavorable. A portion of the fracturing fluids that were injected is re-
covered from the well over a span of several weeks, generating a waste
stream of water, sand, and chemical additives [7,13]. Depending on the
formation, the flowback wastewater can also have high concentrations
of TDS attributed to leaching of earthminerals from the subsurface. Sim-
ilar to drillingmuds, fracturingflowback is recovered and stored on-site.
Historically, most flowback water received minimal treatment before
being disposed into deep wells [7,9,13]; however, Class II injection
wells are not available in all locations.Wastewater treatment is possible,
and the treated water can supplement or replace the fresh water neces-
sary for drilling and fracturing of additional wells; yet, highly saline
waste streams and somehydraulic fracturing chemical additives are dif-
ficult to treat with conventional processes.
The wastewater stream flowing with the gas after most of the frac-
turing water is recovered, is considered produced water [13,14]. This
stream can represent nearly 70% of the total wastewater generated dur-
ing the lifetime of a well, producing volumes several times greater than
the volume of oil and/or gas recovered [15]. The quantity of produced
water is highly dependent on well location, and its quality just as vari-
able. These streams typically contain awide range of TDS concentration,
free and emulsified hydrocarbons, and silt and clay leached from the
formation [8,16]. Depending on the quality and composition of pro-
duced water, a broad range of technologies can be utilized for its treat-
ment; however, the complexity and total cost of treatment is dependent
on its salinity and ultimate use [9].
As the development of unconventional oil and gas (O&G) continues
in the U.S. and abroad, maximizing water resources while minimizing
the volumes of E&P waste will become increasingly important. Several
O&G exploration regions are considered at high risk for water resource
depletion [8], providing an excellent opportunity for beneficial reuse
of reclaimed waste streams. Properly applied management techniques
and emerging water treatment processes can drastically reduce
industrial water demands, promoting closed loop water recycling and
minimizing environmental exposure associated with E&P of unconven-
tional O&G resources.
Many other industrial streams are difficult to manage, similar to
O&G E&P wastewaters, and require special technologies to provide suf-
ficient treatment. For example, landfill leachates are heavily contami-
nated waste streams that often require advanced treatment processes
to provide adequate contaminant rejection prior to discharge or reuse.
Water recovery fromdomesticwastewater sludge and anaerobic digest-
er centrate has also gained attention as a result of surging interest in di-
rect and indirect potable water reuse in the United States. The nexus
between food production and water recovery has also grown in com-
plexity as the food industry strives to increase liquid food and beverage
quality, while simultaneously concentrating these streams. Though
each stream is unique and complex, O&G wastewater and other indus-
trial streams can be treated by a small group of advanced processes.
2. Processes for treatment of O&G E&P wastewaters
Chemical, biological, and physical processes have been previously
investigated and implemented for treatment of O&G E&P wastewaters;
however, high salinity, prohibitive capital cost, extreme chemical de-
mand, large installation footprint, residual (brines and solids) manage-
ment challenges, and limited removal of emerging contaminants are
some of the hurdles to successful implementation ofmany technologies.
Desalination processes such as distillation and membrane separation
processes, have demonstrated the ability to achieve adequate treatment
of these streams; yet, further improvements to these technologies to re-
duce the high costs and operational challenges, and development of
more effective pretreatment are needed before they are broadly
adopted and implemented [10,11,15–18].
2.1. Commercial desalination processes
2.1.1. Distillation
In distillation a feed stream is heated and sometimes also placed
under partial vacuum to increase its vapor pressure and form water
vapor that can be condensed and recovered as high quality water.
Vapor extraction can be repeated several times in the process to en-
hance evaporation while further concentrating the feed stream. Com-
mon commercial distillation methods include multi-effect distillation
(MEF),multi-stage flash (MSF), and vapor compression (VC) distillation
[19]. Desalination by distillation can minimize physical and chemical
treatment and the amount of de-oiling equipment necessary for treat-
ment of O&G wastewater. This eliminates capital costs and minimizes
secondary chemical waste sludge [17]. Additionally, distillation can
treat highly saline feed streams because it is not affected by the high os-
motic pressure of saline and hypersaline streams; however, corrosion
and scaling can occur during distillation and incur high operating and
maintenance (O&M) costs [14,19]. If volatile organic compounds are
present in the feed stream, they may be poorly removed because they
will volatilize and condense in the distillate stream. Energy demand is
also a limiting factor in distillation, accounting for more than 95%
of the total operating costs in a recent review of commercial scale
processes [17].
2.1.2. Membrane separation
Membrane separation technologies are commonly pressure driven
separation processes that rely on diffusive- or convective-based mass
transfer phenomena to separate dissolved and suspended constituents
from aqueous solutions. Traditional pressure driven membrane tech-
nologies includemicrofiltration (MF), ultrafiltration (UF), nanofiltration
(NF), and reverse osmosis (RO). Membrane permeability and the size of
constituents rejected by each process decrease in the order presented
(MF N UF N NF N RO); while MF sieves suspended particles, RO can ef-
fectively reject monovalent ions, including sodium, chloride, and low
molecular weight organic compounds [17]. Membrane processes, and
especially NF and RO, can successfully reject a broad range of contami-
nants and TDS present in impaired feed streams.
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RO and NF are very effective desalination processes; however, they
are highly susceptible to inorganic scaling and to particulate, biological,
and organic fouling [20]. These foulants can become compacted and
difficult to clean, leading to low water permeability, increased pressure
loss, and considerable chemical consumption for cleaning. Additionally,
polymeric membranes can be sensitive to feed stream chemical and oil
contaminants and natural polymers such as guar (used in the hydraulic
fracturing process), which can compromise membrane performance
and surface chemistry. Hydraulically driven membrane processes must
also overcome the osmotic pressure of the feed stream, limiting the vari-
ety of streams (e.g., TDS concentration lower than 70,000 mg/L) that can
be treated.
2.1.3. Desalination pretreatment
Distillation systems, and to a larger extent desalination membranes,
must be protectedwith appropriate pretreatment processes. NF and RO
membranes are susceptible to scaling, particulate/colloidal fouling,
organic fouling, extreme pH, oils and fats, insoluble liquids, and micro-
bial biofilms [17,20,21]. Pretreatment will promote system/membrane
longevity and minimizes capital and O&M costs associated with chemi-
cal cleaning and energy consumption [22]. Common pre-treatment
strategiesmay include coagulation/flocculation/sedimentation, pH con-
trol, softening, filtration (granular/MF/UF), dissolved air floatation, ad-
vanced oxidation, and disinfection [17,20,21]. Other traditional and
new processes, including biological processes, are also utilized.
These pretreatment processes, coupled with desalination, can treat
highly contaminated waste streams generated in the O&G field. Yet,
some of the streams, and specifically fracturing flowback water, pose
unique challenges to conventional and advanced treatment technolo-
gies. Furthermore, the fast expansion (and sometimes contraction) of
the O&G E&P industry also requires the development of more modular,
on-site water treatment systems. New technologies that employ differ-
ent driving forces and have the capacity to separate a broad range of
contaminants are needed for both the O&G industry and other waste
treatment industries.
2.2. Engineered osmosis: forward osmosis
Engineered osmosis, and specifically forward osmosis (FO), is an
emerging desalination and treatment technology that can provide ro-
bust and modular treatment, reject contaminants found in O&G waste
streams, and avoid the drawbacks of pressure driven membrane pro-
cesses. Engineered osmosis is a promising alternative for difficult to
treat waste streams such as produced water [14], hydraulic fracturing
flowback water, and drilling mud. In some cases, FO can be used as a
standalone desalination process, or it can be considered an advanced
pretreatment process for RO or NF. The following sections provide
details on the principles of FO and showcase its successful treatment
of complex industrial wastewater streams.
2.2.1. Principal of forward osmosis
Osmosis is the net transfer of water across a semi-permeable mem-
brane resulting from an osmotic pressure difference across a semiper-
meable membrane. In FO (Fig. 1a), a synthetic polymeric membrane
separates a feed stream and a concentrated draw solution, and the os-
motic pressure difference across the membrane facilitates diffusion of
water through the membrane from the low osmotic pressure feed to
the high osmotic pressure draw solution while rejecting almost all dis-
solved and suspended constituents [23,24]. Commonly, the FO process
is completed in two separate steps: 1) recovery of water from a feed
stream and dilution of the draw solution, and 2) production of high
quality product water using RO or distillation while reconcentrating
the draw solution (Fig. 1b) [18,25–32]. The reconcentrated draw solu-
tion is then reused in the FO process; however, several industrial appli-
cations such as O&Gwell fracturing are able to beneficially use thedilute
draw solution, eliminating the need for the reconcentration step.
FO has many advantages over other membrane technologies. High
rejection of almost all solutes and suspended solids while operating at
very low hydraulic pressures and ambient temperature are the greatest
benefits of FO. These significantly reduce energy consumption and cap-
ital costs associated with pumping and system design and construction.
They also allow for the development of highlymodular systems that can
be operated in harsh conditions with minimal access to electric power
and supplies. FO experiences less membrane fouling compared to pres-
sure drivenmembrane processes such as UF, NF, and RO [33–35]. This is
due to minimal cake layer formation and lower compaction of foulants
on the membrane active layer. Fouling deposits on FO membranes are
easily removed with osmotic backwashing [36–40] or turbulent flow
at the feed-membrane interface. During osmotic backwashing, the
draw solution is replaced with deionized or fresh water. This develops
an osmotic pressure gradient in the opposite direction across the FO
membrane and water permeates from the draw solution channel into
the feed channels. The permeation of water back into the feed channels
helps to dissolve and detach foulants from the membrane surface. Un-
like pressure drivenmembrane processes, FO can be used to treat highly
saline feed streams because it does not require high hydraulic pressures
to overcome high osmotic pressures.
2.2.2. Draw solutions
Draw solution selection is important for maintaining a sustainable
and efficient FO process. There are several factors that dictate what
constitutes an appropriate draw solution, which are defined by the
type of FO application. If the draw solution requires reconcentration,
the chosen solutes should be highly soluble to avoid scaling during RO
Fig. 1. A synthetic polymericmembrane separates a feed stream and a concentrated draw solution, and the osmotic pressure difference across themembrane facilitates diffusion of water
through themembrane: (a) the osmosis process and (b) FO processwhen the osmosis process is coupledwith a brine reconcentration system, producing highquality productwater,while
reconcentrating the FO draw solution to maintain constant osmotic pressure.
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or distillation reconcentration. Draw solutions must also be suitable for
industrial applications and inexpensive. Several laboratory studies have
investigated suitable draw solutions for their osmotic pressure, recover-
ability, and mass transfer through the membrane [23,25,28,41–47].
These include mono and divalent salts, dissolved gasses, sugars,
engineered nanoparticles, or fertilizers. A review of promising draw so-
lutionswas recently published [48], and the osmotic pressures of poten-
tial inorganic draw solutions as a function of their molar concentration
are presented in Fig. 2 [23].
2.2.3. FO membranes
FOmembranes have unique properties that enable efficient diffusion
of water through the polymer. These include very thin active and sup-
port layers and very porous support layer with pores having low tortu-
osity. Despite being a relatively new process, several manufacturers are
developing and commercializing suitable FOmembranes (Table 1). The
most common commercially available membranes are cellulose triace-
tate (CTA) and polyamide thin-film composite (TFC) membranes
manufactured by Hydration Technology Innovations (HTI, Albany, OR)
andOasysWater (Boston,MA) [48]. Between these companies, different
FO membrane packaging configurations have been developed, includ-
ing plate-and frame, spiral wound, and tubular (e.g., hollow fibers)
[23]. Spiral wound FO elements are similar to commercial RO mem-
brane elements; however, they aremodified to allow forced-flow inside
the membrane envelopes (Fig. 10) [23]. Plate and frame configurations
use flat sheetmembranes separated by spacers, providing lower surface
area to volume ratio in cassette packages. Tubular and hollow fiber FO
membranes are commonly potted in large bundles, significantly in-
creasing the packing density of a membrane element.
3. Forward osmosis for treatment of complex streams
Through extensive research anddevelopment in recent years, FO has
been demonstrated as a promising technology for treatment of chal-
lenging liquid streams. Successful applications include desalination of
seawater and brackish water, concentration of landfill leachates, treat-
ment ofwastewater (including in osmoticmembrane bioreactor config-
urations), and processing of foods and beverages [23,25,41]. FO has
been investigated at almost all scales as a hybrid pretreatment process
for production of high quality water, and as a standalone process
where the diluted draw solution is beneficially used. In the following
section we summarize various applications where FO was successfully
tested for treatment of complex streams, starting with the treatment
of waste streams in the O&G industry.
3.1. FO treatment of O&G E&P wastewater
3.1.1. The green machine
The three dominant waste streams generated during E&P contain
chemicals and polymers that assist in drilling and hydraulic fracturing,
minerals leached from the formations, and organic and inorganic con-
stituents. Research conducted by Hutchings et al. [11] investigated the
performance of FO for treatment of O&G waste streams for beneficial,
intra-basin reuse using the Green Machine concept.
The Green Machine is a mobile and scalable FO treatment process
operated at the well site, thus limiting water and wastewater trucking
and providing a local, reusable water source. Operational success was
measured by the system's ability to minimize fresh water demand
through reuse, preventing secondary waste generation, reducing O&G
wastewater volumes for disposal, and utilizing readily available and
on-site chemical energy to generate a predetermined osmotic pressure
driving force. Carbon footprint reduction, resulting from efficient FO op-
eration and minimized trucking demands, was also of high importance.
Since 2010, two distinct models of the Green Machine have been
manufactured and pilot tested by HTI and Emerald Surf Sciences
(Shreveport, LA) (previously Bear Creek Services). The first generation
Green Machine (Fig. 3) utilized 20 to 280 vertically oriented, 8-inch
(0.2 m) diameter by 40-inch (1.0 m) long spiral wound FO membrane
elements to treat stream flows of 8 to 170 gal/min (30–640 L/min;
275-5800 bbl/d). The system operated in an osmotic dilution mode,
where a 26%w/wNaCl draw solution recirculates inside themembrane
envelope while drillingwastewater (2.5% w/w TDS) flows by gravity on
the active side side of the membrane. The highly concentrated NaCl
draw solution is diluted to less than 7% w/w (~70,000 mg/L) NaCl
while concentrating the E&Pwastewater bymore than 3.5 times (great-
er than 70% water recovery). Testing results [49] showed that this sys-
tem was able to reclaim more than 125,000 gallons (473 m3 or
3000 bbl) of O&G wastewater using less than twenty gallons (75 L) of
diesel fuel. This same volume would have required over 25 truckloads
for disposal at an off-site deepwell injection facility. The first generation
system could ultimately save nearly a million gallons (3800 m3 or
24,000 bbl) of water per well application and account for up to 20% of
the saline completion fluid needed at each drilling location. These sav-
ings translate into approximately 150 saved truckloads, both in fresh
water and fuel consumption.
However, in a recent study [10], results have shown that the first
generation Green Machine FO treatment could be further optimized.




































Fig. 2.Osmotic pressure as a function of drawsolution concentration for potential drawso-
lutions. Adopted from [23].
Table 1











Aquaporin A/S Aquaporin No FO, OCe Pre-
commercial
Fuji NA No NAb Development
GKSS Polymeric No NAb Development
GreenCentre
Canada
NAb No SWFOc Development
HTI CA, TFC Yes Various Commercial
Idaho National
Lab
NAb No NAb Development
IDE
Technologies
NAb Yes PROd Pre-
commercial
Modern Water Undefined Yes SWFOc Commercial
Oasys Water TFC Yes Brine concentration Commercial
Porifera TFC Yes Various Pre-
commercial
Samsung NAb No NAb Development
Trevi Systems NAb Yes SWFOc Development
a Demonstration-scale FO membrane treatment systems available (yes/no).
b Not available.
c Seawater forward osmosis.
d Pressure retarded osmosis.
e Osmotic concentration.
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Using a custommade FOmembrane test cell with a CTAmembrane and
a 26% w/w (~320,000 mg/L) NaCl draw solution, osmotic dilution ex-
perimentswere performed duringwhich at least 50% of theO&Gdrilling
waste feed volume was recovered. Results from the study suggest that
while FO can concentrate O&G drilling waste streams by up to three
times, increased feed stream velocities can decrease membrane fouling
and concentration polarization [50], minimize feed channel clogging,
and leads to higher water flux.Minimal irreversible foulingwas also ob-
served, demonstrating the effectiveness of osmotic backwashing of FO
membranes [36–40]. Additionally, high rejection of inorganic and or-
ganic constituents during pilot testing was confirmed by the bench-
scale study.
In 2012 the second generation Green Machine (Fig. 4) was devel-
oped, optimizing system performance as a result of previous experi-
mental work and pilot testing. The second generation FO system
utilizes 24 horizontally oriented, 8-inch diameter by 40-inch long spiral
wound FO membrane elements housed in pressure vessels on a mobile
membrane skid. The system operates under forced feed flow through
themembrane elements (~40 to 60 PSI hydraulic transmembrane pres-
sure) and is coupled with an RO system for reconcentration of the NaCl
draw solution.
Recent pilot testing was conducted where 6% w/w (~60,000 mg/L)
NaCl draw solution was diluted to 4.5% w/w (~45,000 mg/L) after a
once through pass in the FO system. The diluted draw solution was
then reconcentrated by the RO system, producing a high quality
permeate stream. During a weeklong field test in the Haynesville shale
gas play, the system recovered 85% of O&G drilling wastewater
(6.8 mS/cm or ~3500 mg/L TDS) while concentrating it by five times
(32.5 mS/cm or ~16,000 mg/L TDS) and producing highly purified
water for reuse. The system operated with raw drilling wastewater
without membrane cleaning and experienced a mere 18% flux decline
(versus 50% flux decline during less than half the equivalent testing pe-
riod using the first generation Green Machine). Flux decline was
attributed to limited membrane fouling and mainly due to the decline
in the osmotic pressure driving force that resulted from increased os-
motic pressure of the concentrated feed. Unlike the first generation
Green Machine, where the diluted draw solution was suitable for use
as completion fluid at future drilling applications, the second generation
GreenMachine produces a high quality RO permeate suitable for a wide
range of reuse applications. However, this comes at the price of in-
creased operating and pumping costs. The secondgenerationGreenMa-
chine is also limited to a maximum 7% w/w NaCl draw solution if RO
reconcentration is used.
3.1.2. The FO membrane brine concentrator (MBC)
Oasys Water has developed the first Membrane Brine Concentrator
(MBC) (Fig. 5) employing a patented ammonia/carbon dioxide based
draw solution to treat high salinity brine steams and O&G wastewater.
A fully integrated, mobile, demonstration scale Oasys MBC system was
constructed and field-tested treating high salinity, pretreated produced
water. The mobile treatment system consists of three components:
pretreatment, MBC platform, and product water/brine polishing. Raw
producedwater is first pretreated in a chemical reactor where chemical
oxidizer, caustic soda, and soda ash are added to form mineral precipi-
tates and organic flocs. The precipitate suspension is pumped through
a filter press to separate the sludge from the treated raw water.
The pretreated produced water is then filtered through a greensand
media filter for additional iron and particulate removal and then
through a cartridge filter. Pretreated feed water flows into the FOmem-
brane and is concentrated by the MBC to between 150,000 and
250,000 mg/L TDS, depending on subsystem operating conditions [18].
The proprietary draw solution is a mixture of ammonium bicarbon-
ate and ammonium hydroxide dissolved in water. The resulting draw
solution is highly soluble and produces a high osmotic pressure driving
force that facilitates permeation of water through the TFC membrane
even when the salinity of the feed stream exceeds 200,000 mg/L TDS.
Fig. 3. (a) The HTI's first generation Green Machine mobile system. (b) The FO treatment system operated under osmotic dilution using 20–280 vertically oriented spiral wound FO ele-
ments. The membrane elements were grouped into several pods and were installed on a trailer (b) that was operated at O&G drilling locations in the field.
Fig. 4.HTI's second generationGreenMachine. (a) The FO treatment systemoperates under constant influent draw solution concentration using anROmembrane reconcentration system.
(b) 8-inch spiral wound FO elements are housed in membrane pressure vessels and are installed on a trailer tested at O&G drilling locations in the field.
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The diluted draw solution is then heated to evaporate the thermolytic
draw solution solutes, which have lower vapor pressure than water.
This recovery method requires less energy than would be required to
overcome the enthalpy of vaporization of water during conventional
distillation [51]. The ammonia and carbon dioxide gasses are then con-
densed, and a reconcentrated draw solution is generated for reuse in the
FO system.During piloting of theMBCprocess the system retainedmore
than 99.75% of its nitrogen containing species during 100 h of operation
[18]. Product water stripped of dissolved ammonia and carbon dioxide
exits the system as a purified water stream.
In two separate commercial demonstrations (Fig. 6), the MBC pro-
cess demonstrated to provide water treatment and waste volumemin-
imization of fracturing flowback and produced water from the
Marcellus Shale and Permian Basin. During theMarcellus Shale trial, ap-
proximately 60,000 gallons (230 m3 or 1430 bbl) of produced water
were treated during 800 h of operation. Pilot operationswere sustained
for a six-month period, and included sevenweeks of continuous (5 days
aweek/24 h a day) operation. Average daily steady-statewaterfluxwas
between 2 and 3 L/m2 h (LMH) depending on operating conditions of
the system (i.e., draw solution and feed temperature, draw solution
concentration, and solution flow rates). It is important to note that
water flux under these conditions (feed TDS concentration between ef-
fectively 6.5% and 7.5% w/w NaCl) with hydraulically driven membrane
based processes would be negligible, if not negative, due to operating
limits and material constraints of these systems [52]. System water re-
covery averaged 64%.
During system operations in the Permian Basin, approximately
40,000 gallons (150 m3 or 950 bbl) of produced were treated during
400 h of operation. Average MBC feed salinity in the Permian Basin
was 103,000 ± 7,000 mg/L and contained a high concentration of
TOC, boron, and heavy metals. Although TDS and hardness were rela-
tively constant, organic and heavy metal constituents and their concen-
tration were observed to vary substantially between wastewater
batches. The average TDS concentration of treated water from the
MBC in the Permian Basin trial was 737 ± 284 mg/L and the concen-
trated brine concentration averaged 241,000 ± 35,000 mg/L TDS. Sys-
tem water flux averaged 3 L/m2 h, and average system recovery was
60% [18]. The higher water flux and percent recovery despite the higher
salinity of the feed stream compared to theMarcellus Shale demonstra-
tion are attributable to improvements in the Oasys membrane, mem-
brane element, and other subsystem refinements.
In both the Marcellus Shale and the Permian Basin demonstrations,
it is evident that the MBC system is capable of achieving substantial
water recovery from highly saline brines, therebyminimizing brine dis-
posal volumes and generating a high quality, tunable product water
quality suitable for numerous beneficial use applications.
The use of FO has shown many advantages in the treatment of E&P
wastewater: low hydraulic pressure operation, reduced fouling propen-
sity compared to pressure-driven processes (RO), and substantial rejec-
tion of known contaminants found in oil and gas waste streams. While
these pilot and bench scale-testing studies are promising, little is
known about the long term (N1 year) fouling propensity and its effects
on FO process efficiency when treating oil and gas saline E&P wastewa-
ter. Future testing will require such investigations while attempting to
broaden the application to other basins outside of the Haynesville, Mar-
cellus, and Permian O&G fields.
3.2. Other applications of FO for difficult waste streams
3.2.1. FO treatment of landfill leachate
Most landfills produce leachate, which originates from decomposi-
tion of stored wastes or from precipitation that percolates through the
piled solid waste. Typical contaminants of concern in landfill leachates
include TDS, dissolved metals, organic matter, and organic/inorganic
Fig. 5. Oasys Water's Membrane Brine Concentrator. The FO treatment system operates
under constant influent draw solution concentration using a thermolytic reconcentration
system. Several pretreatment technologies are used prior to FO membrane treatment to
reduce oil emulsions and elevated hardness concentrations in O&G wastewaters.
Fig. 6. Oasys Water's Membrane Brine Concentrator shown during pilot-testing in (a) the Marcellus Shale basin and (b) Permian Basin.
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nitrogen. The volume and concentrations of leachate constituents can
be highly variable and they depend on the location of the landfill and
corresponding local climate. Leachates are commonly sent to conven-
tional wastewater treatment facilities; however, TDS present in leach-
ates is not efficiently removed by conventional wastewater treatment
processes and it can negatively impact biological processes and effluent
quality [23].
An FO pilot study was conducted at the Coffin Butte Landfill in Cor-
vallis, Oregon in 1998, attempting to provide advanced treatment of
leachate [53]. The landfill is located in the Pacific Northwest and re-
ceives enough precipitation to produce 20,000–40,000 m3 of leachate
annually (annual average of 15,000–30,000 gal/day). In this particular
case, the leachate had to be treated for surface discharge with effluent
TDS concentration of less than 100 mg/L.
Cellulose triacetate membranes from Osmotek (now HTI) were uti-
lized for the three-month pilot study. Using NaCl draw solution, the
pilot system was operated at 94–96% water recovery, while providing
high contaminant rejection andminimal irreversiblemembrane fouling
[23]. As a result of successful piloting, a full-scale FO/RO system was
built [53]. At full-scale operation (Fig. 7), landfill leachate was collected
and pretreated using hydrochloric acid to prevent inorganic scaling. The
system consisted of four treatment trains, each with six FO plate-and-
frame membrane stacks in series. While the leachate became concen-
trated, diluted draw solution was treated and reconcentrated using an
RO system, producing high-quality permeatemeeting discharge regula-
tions [53].
After approximately one year of operation, the full-scale system
treated 18,500 m3 (~5 million gallons) of landfill leachate at greater
than 91% water recovery. The FO/RO process also continually produced
permeate having less than 100 mg/L TDS. Contaminants of concern, in-
cluding cadmium, chromium, copper, lead, zinc, and ammonia were
consistently more than 99% rejected, with effluent biochemical oxygen
demand (BOD) concentrations below 5 mg/L. The FO/RO application
successfully provided effluent contaminant concentrations lower than
the National Pollutant Discharge Elimination System (NPDES) total
maximum daily loads (TMDL) [23,53].
3.2.2. FO treatment of centrate from anaerobic digesters
Municipal wastewater treatment facilities typically treat primary
and secondary biosolids in aerobic or more commonly anaerobic di-
gesters. Solids digestion promotes degradation of organic constituents
and BOD, producing stabilized biomass and biogas. After digestion the
sludge is dewatered, producing a concentrated liquid waste stream
(i.e., centrate) anddewatered biosolids.While the biosolids are typically
land applied or trucked for off-site disposal, the liquid waste stream is
commonly returned to the facility headworks. This practice increases fa-
cility loading because the liquid contains high nutrient concentrations
(e.g., organic nitrogen, orthophosphate, ammonia), dissolved metals,
TDS, total suspended solids (TSS), and organic carbon [23,54,55]. By re-
moving this return stream, treatment facilities can reduce total waste
loadings, operating costs, and effluent nitrogen and phosphorous con-
centrations. Concentrated centrate can also be sold as a product and
used as a fertilizer.
An FO treatment study [54] was conducted at the Truckee Meadows
Water Reclamation Facility in Reno, Nevada in 2006 as amethod to treat
and reduce the volume of centrate produced at the facility. The purpose
of the study was to evaluate FO performance for concentrating raw and
filtered centrate as an alternative to their common practices. During the
bench-scale investigation centrate was filtered through a 150-mesh
sieve prior to the FO process.Waterwas then extracted from thefiltered
centrate across a CTA FOmembrane operating in osmotic dilutionmode
[27]. FO provided sustainable water flux and high rejection of contami-
nants of concern while successfully concentrating raw and filtered an-
aerobic digester centrate. While water flux decline was noticed
between each test cycle due to fouling, membrane cleaning restored
water flux to its original level. Even though increased flux decline was
observed when testing raw centrate, the ability to recover most perme-
ate flux indicated that minimal irreversible fouling occurred during the
FO process.
Constituents of concern included ammonia, total Kjeldahl nitrogen
(TKN), and ortho-phosphate with average feed concentrations of
1300, 1400, and 240 mg/L, respectively. FO provided 87% ammonia re-
jection, 92% TKN rejection, and greater than 99% rejection of phospho-
rous, color, and odor compounds. Results from the study suggest that
combining the FO process with RO could successfully produce
35,000 gal/day (130 m3/day) of purified water from a 50,000 gal/day
(190 m3/day) stream of centrate [54].
3.2.3. FO treatment of domestic wastewater and osmotic membrane biore-
actors (OMBR)
Stringent wastewater treatment regulations and advancements to-
wards indirect and direct potable water reuse require implementation
of improved treatment processes to produce high quality reclaimed
water. Membrane bioreactors (MBR) have demonstrated the ability to
provide advanced treatment, producing effluent suitable for irrigation,
industrial processes, and even potable water when provided proper ef-
fluent polishing [56]. MBRs replace the combined biological, clarifica-
tion, and filtration processes in conventional, municipal wastewater
treatment facilities. Using MF or UF membranes, MBRs reject nearly all
suspended solids and maintain high biomass concentration, providing
consistent effluent quality in a significantly smaller footprint than tradi-
tional treatment processes (i.e., sequencing batch reactors, extended
aeration facilities, lagoons) [56].
Yet, due to limited rejection of TDS, low molecular weight contami-
nants, and trace organic compounds (TOrCs), and because ofmembrane
properties and fouling propensity associated with the operation of con-
ventional MBRs, FO has been investigated as a potential alternative for
advancedwastewater treatment [56–66]. Independent studies conduct-
ed since 2008 have aimed at developing an efficient osmotic membrane
bioreactor (OMBR). For example, Achilli et al. [56] investigated mem-
brane fouling, water flux, reverse solute diffusion, and nutrient rejection
at the bench scale. Three flat-sheet CTAmembraneswere employed in a
plate and frame cell configuration and results concluded that mem-
brane fouling in the OMBRs was lower than in MF/UF MBRs. Water
fluxwas restored to within 10% of the original flux usingmembrane re-
laxation (when no filtration takes place) and osmotic backwashing,
showing minimal irreversible fouling. Flux was easily sustained
throughout the duration of the experiments, and decline in the driving
force was associated with easily cleaned fouling layers. The FO mem-
branes rejected 99% of influent TOC and 98% of influent ammonia. This
is significantly better rejection than that of porous MBR membranes,
Fig. 7. Full-scale plate-and-frame FO treatment system operated at Coffin Butte Landfill by
HTI (previously Osmotek) for treatment of landfill leachate.
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which can range between 28 and 87% of soluble organic matter, de-
pending on the extent of membrane fouling.
Another important study by Alturki et al. [57] was recently pub-
lished, evaluating FO rejection of TOrCs that pass throughMBR process-
es. A thorough literature review revealed that conventional wastewater
treatment processes do not provide effective removal of TOrCs. MBRs
provide slight enhancement of pollutant removal through biological
degradation due to increased solids retention times and biomass con-
centration. However, due to the porous nature ofMBRMF andUFmem-
branes, low molecular weight TOrCs can easily flow through the
treatment process. Only those pollutants readily biodegradable and hy-
drophobic are removed. Flat sheet cellulose acetate membranes were
employed in a plate and frame test cell and 50 TOrCs, each with an av-
erage concentration of 750 ng/L, were investigated. Experimental re-
sults show that the OMBR provided high rejection (permeate
concentration below analytical detection limits) of many TOrCs with
molecular weights greater than 266 g/mol. This high rejection promot-
ed biological degradation of the pollutants within the bioreactor. Rejec-
tion of pollutants smaller than 266 g/mol was highly variable, ranging
from minimal rejection to removal below analytical detection limits.
Long-term pilot-scale tests have since been conducted using a novel
FO plate and framemembranemodule (Fig. 8) [67]. The objective of the
long-term pilot scale evaluationwas to determine the sustainability and
permeate water quality of a coupled FO and RO process. High quality
permeate was consistently produced through the coupled FO–RO sys-
tem; however, excessive FO membrane fouling was observed after
four months of system operation. Fouling was attributed to insufficient
membrane air scouring and gas lift between the membrane plates. Ad-
ditionally, the salinity in the bioreactors steadily increased due to ion re-
jection of the FO membranes coupled with reverse salt flux from the
concentrated draw solution through the FOmembrane into the activat-
ed sludge. The increase in bioreactor salinity resulted in reduced osmot-
ic driving force and negatively impacted biological activity in the
activated sludge.
In a second, long-term evaluation, a UF membrane was operated in
parallel with the FOmembrane (UFO-MBR) tomaintain constant biore-
actor salinity. This mitigated the negative effects of salt accumulation in
the activated sludge and produced a treated water stream fit for phos-
phorus recovery and non-potable reuse applications [68,69]. High qual-
ity RO permeate and phosphorus rich UF permeate were continuously
produced for an additional four months of system operation and the sa-
linity in the activated sludge was sustained at a low concentration be-
cause ions were continuously extracted from the bioreactor through
the UF membrane. Furthermore, the addition of coarse bubble aeration
(previously fine bubble) used to air-scour the FO membranes and pro-
vide gas lift through the plate and frame cassette resulted in
dramatically reduced membrane fouling (Fig. 9). This is exemplified
by constant water flux that was maintained for 125 days of operation
without membrane cleaning.
3.2.4. FO for concentration of foods and beverages
The concentration of liquid foods and beverages is an important and
equally sensitive process in industrial food production. Traditionally,
foodstuffs are concentrated using multi-stage vacuum evaporation or
even RO. However, these processes can reduce the quality of the final
concentrated product. Heat generation and vapor losses can negatively
impact food color, taste, and potentially the nutritional value of the final
concentrate [70], and RO operation is limited by osmotic pressures at
high feed concentrations. Jiao et al. [71] and Petrotos and Lazarides
[70] have published thorough summaries of membrane application in
the food industry, including results from FO studies. The first attempt
to use modern applications of FO was by Popper et al. in 1966 [72].
First generation RO membrane made of cellulose acetate was used in
both flat sheet and tubular configurations. Using a highly concentrated
NaCl draw solution, the membranes produced 2.5 L/m2 h and were
able to increase grape juice concentration by 44° Brix (the measure of
sugar content of an aqueous solution). However, reverse solute diffu-
sion of salt [73,74] into the grape juice concentrate demonstrated the
need for different, more appropriate draw solutions. Improving upon
the concept, Beaudry and Lampi [75] investigated a 72° Brix sugar
draw solution employed in a newly developed plate-and-frame mem-
brane element, housing a thin film composite (TFC) membrane coupon.
These improvements increased water flux to 5–6 L/m2 h, while provid-
ing greater than 99.9% rejection of orange juice acids and red raspberry
juice color sensory. In 1993,Wrolstad et al. [76] compared Osmotek's FO
treatment of red raspberry juice to traditional vacuum concentration.
Using a high fructose corn syrup draw solution, the resulting FO concen-
trate was analyzed and found to be of equal or higher quality than that
produced by vacuum evaporation.
Two studies conducted by Petrotos et al. [72,77,78] further investi-
gated these findings when applying FO to tomato juice concentrate.
This is a very challenging application because tomato juice is considered
one of the most concentrated vegetable juices in the industry. Experi-
mental results suggest that draw solution viscosity directly impacts
overall water flux (e.g., low viscosity draw solutions provide improved
water flux). Additionally, it was concluded that decreasing membrane
thickness provided an exponential increase in water flux. When the to-
mato juice feed stream was also pretreated with a filtration process FO
performance improved, providing a 39% increase in water flux in com-
parison to no pretreatment. Over ten years later, FO is still being inves-
tigated for treatment of liquid foodstuff, where Garcia-Castelloa et al.
[79] concentrated orange peel press liquor using FO. This research
Fig. 8. Pilot-scale plate-and-frame FO treatment system operated and at the Colorado School of Mines AQWATEC laboratory.
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showed that FO is a promising alternative to traditional dewatering pro-
cesses and also concluded that minimal pretreatment prior to FO may
help limit declining permeate flux due to membrane fouling.
Based on tested membrane performance, FO can be a well-suited
treatment alternative for use in the food processing industry and com-
petitive with traditional vacuum evaporation and RO. Under optimized
membrane design and proper choice of osmotic draw solution, sustain-
ablewater flux can be generated at low temperatures and lowpressures
that are desired in these types of applications.
4. Technological progress to enable better utilization in the O&G and
other industries
FO treatment has shown great applicability and competitiveness in
challenging industrial applications. Two commercialized FO membrane
processes have proven successful in treatment of O&G wastewater for
beneficial water reuse. Nonetheless, to better apply the treatment strat-
egies and optimize system performance, substantial improvements can
still be made in FO. Three independent reviews [23,25,48] presented
several shortcomings of FO that need to be addressed by future research
and development. Membrane manufacturing and module design are
being continually improved, including increasing membrane robust-
ness, permeability, chemical stability and range and rejection of con-
taminants of concern. New FO membranes for O&G must minimize
internal concentration polarization [50,74,80–85] in order to reduce
the loss of osmotic driving force across themembrane as waste streams
become concentrated. Improvements should also bemade to drawsolu-
tions, maximizing osmotic pressure while minimizing reverse solute
diffusion, regeneration and recovery costs, toxicity, and reactivity with
the membrane active layer.
4.1. New membranes
First generation FO membranes were produced by HTI using cellu-
lose triacetate. This polymer is cast with an embedded polyester mesh
for membrane support while forming a dense semi-permeable active
layer. The goal was to minimize the active layer thickness of the asym-
metric membrane, theoretically increasing membrane water perme-
ability without compromising contaminant rejection or membrane
integrity. These CTA membranes for FO are still under development
and are the workhorse of the Green Machine; however, studies and re-
cent field tests in regional gas plays have shown that while these first
generation membranes are very robust, they do not have the desired
water permeability and salt rejection, and they can only operate in a
narrow pH range [86,87]. Recently developed TFC FO membranes by
HTI and Oasys for this same application were tested by Coday et al.
[88]. The TFC membranes exhibited better water flux than CTA mem-
branes; however, the reverse salt flux of TFC membranes was higher
and more affected by the transmembrane pressure common in the lat-
est O&G FO treatment membrane modules. Rejection of organic mole-
cules was comparable between the TFC and CTA membranes, at
approximately 96%. The study demonstrated that newmembranemate-
rials and structure, coupled with operating conditions, might influence
the preferential reverse diffusion and rejection of charged ions. This
phenomenon is important and can impact specific process applications
and requires further investigation.
Looking to the future,Wang et al. [86] suggest that themost effective
FO membranes must have a very thin active layer supported by a thin
support whose structure is highly porous to minimize internal concen-
tration polarization. The membrane surface composition should be hy-
drophilic, which may help minimize O&G foulant deposition on the
membrane surface and increase water permeability when treating vis-
cous fracturing flowback fluids. Furthermore, the membrane chemistry
must tolerate large shifts in pH and maintenance with various aggres-
sive chemicals to maintain efficient and uninterrupted operation at
the well site.
Several academic studies have focused on the advanced develop-
ment of these FO membranes [82,83,85–87,89–96]. For example,
Wang et al. [86] investigated the production of thin-film composite FO
hollow fibers with an ultra-thin active layer. This active layer, very sim-
ilar to an RO selective layer, can be cast on either the inside or outside of
the hollow fiber membrane wall. Results from the experiments suggest
that it is possible to easily tailor this process and the membrane active
layer to meet specified requirements. The use of hollow fiber mem-
branes could increase membrane-packing density and avoid the severe
pressure drop of spiral wound membrane modules when they become
fouled/clogged. Qiu et al. [87] produced a positively charged flat sheet
membrane using polyamide-imide (PAI) substrate with a polyelectro-
lyte post-treatment. This produced an asymmetric, micro-porousmem-
brane with an active layer similar to that of a NF membrane.
Unfortunately, membranes for O&G wastewater treatment should be
negatively charged, which would decrease the affinity of negatively
charged organic molecules to adhere to the membrane surface.
Setiawan et al. [89] built upon this same research to develop a PAImem-
brane with a less positively charged active layer to help mitigate the at-
traction of negatively charged organic molecules. In general, both
casting techniques and membrane substrate selection have allowed
polymer scientists to produce better FOmembranes, tailored for specific
Fig. 9. FO CTAmembrane fouling from long-term pilot-scale testing (a) before and (b) after introducing a parallel UFmembrane operation and course air bubble aeration between plate-
and-frame cassettes.
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applications and different feedwater compositions, with the goal of sat-
isfying the criteria established above. For O&G wastewater recovery,
membrane manufacturers are challenged with balancing several re-
quirements; membrane robustness, support layer porosity, and rejec-
tion should be maximized, while the thickness of the membrane
active layer and tortuosity of the membrane's support layer should be
minimized.
4.2. New membrane configurations
Several different membrane configurations have been developed
and investigated in attempts to provide the best overall rejection,
water flux, and operating efficiency, given certain feed water composi-
tion and characteristics. Well-developed configurations include plate-
and-frame, spiral wound, hollow fiber, and tubular. FO membranes
have been tested at the pilot-scale using traditional spiral wound and
plate-and-frame configurations. Spiral woundmodules are very similar
to those used in traditional RO applications but with specific design
modifications [23]. Typical RO spiral wound modules only accept one
stream flow (e.g., feed stream) while FO modules must accept two
streams simultaneously (Fig. 10). To do this, the membrane envelope
and center collection tube in spiral wound FO modules are modified.
The center tube (now the draw solution conduit) is plugged half way
and the envelope is partially glued down the centerline [23]. This forces
the draw solution to enter one half of the membrane envelope, flow
across the membrane surface, and be collected in the other half of the
plugged center tube. The feed solution flows through the module over
themodified membrane envelopes, similar to the feed flow in RO spiral
wound modules. Using spiral wound modules, feed channel clogging
has been observed in previous O&G tests in the field; this is especially
truewhen no pretreatment is applied before the FOprocess as practiced
in the operation of the Green Machine.
In plate-and-framemodules, flat membrane sheets are held in place
on frames and support systems. This system is typically submerged in a
tank containing the feed stream (e.g., OMBR applications) while draw
solution flows between the sealed membranes and plate support. This
configuration can also be applied to O&Gwastewater recovery; howev-
er, the footprint of the setup would likely increase in comparison to a
spiral wound configuration. A custom tank may also be necessary that
is capable of providing air scouring between themembrane plates, sim-
ilar to an OMBR application.
Tubular and hollow fiber membranes (Fig. 11) are similar to MF and
UF designs commonly employed in MBR applications. These configura-
tions are durable and self-supported, with an active layer that can be
produced on either the inner or outer sides of the tube/fiber. It is impor-
tant to note that in hollow fiber membranes and other configurations,
the orientation of the FO membrane (e.g., active layer facing feed or
draw solution) can have significant impacts on system performance
and fouling tendency.
For O&G wastewater treatment, one of the main technological chal-
lenges is the need to improve process hydraulics to avoid clogging of
flow channels in themembrane elements and optimize themanufactur-
ing and operation ofmembranes. Dissolved and suspended constituents
in drilling and frac flowback wastewater and produced water are major
membrane foulants, and upon concentration during the treatment pro-
cess they can clog themembrane elements.Membrane fouling results in
high operating and maintenance costs, prolonged system shutdowns,
and ultimately permanent membrane damage. Although typical FO
membranes are hydrophilic, and thus reduce fouling propensity of the
membrane, precipitation of solids in the feed flow channels inside the
membrane elements may retard the performance of the process.
Novel membrane feed spacers, new membrane configurations (such
as capillary membranes), optimized membrane manufacturing and in-
corporation of applicable pretreatment processes should be further
investigated.
4.3. New draw solutions
Another important aspect to successful FO is the selection of a suit-
able draw solution that is well matched to the process (e.g., toxic or sa-
line solutions are inadequate for beverage concentration). NaCl is used
in the Green Machine because it is readily available on site, highly solu-
ble, non-toxic, inexpensive, and easily reconcentrated while providing
high osmotic pressures. However, there are more than 500 inorganic
compounds that can be potentially used as draw solutions; 14 were
chosen and investigated in a recent study by Achilli et al. [42]. Other in-
vestigations have studied the applicability of dissolved gasses such as
sulfur dioxide and ammonium bicarbonate, or even nanoparticles such
asmagnetoferritin as suitable draw solutions in tailored FO applications
[18,42–47]. A summary of FO draw solutions is provided in Table 2. Due
to the highly saline nature of O&G produced water, which effectively
lowers the osmotic pressure driving force, innovative draw solutions
with exceptionally high osmotic pressure are required. Solutions that
are also compatiblewith O&G reuse options such as hydraulic fracturing
or well drilling must also be considered.
Fig. 10. In spiral wound FO modules, the membrane envelope and center collection tube
aremodified. The center tube (the draw solution conduit) is plugged half way and the en-
velope is partially glued down the centerline. This forces draw solution to enter one half of
themembrane envelope, flow across themembrane surface, and be collected in the other
half of the plugged center tube. The feed solution flows through themodule over themod-
ifiedmembrane envelopes, similar to the feed flow in RO spiral woundmodules. Adapted
from [23].
Fig. 11. Hollow fiber FO membranes are group in bundles of varying size and potted at
each end. The potted membrane bundle is then installed into a membrane housing or
shell where, depending on the membrane orientation, the draw solution can either flow
on the inside or outside of the hollow fiber.
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4.4. Pretreatment before FO
Similar to pressure drivenmembrane processes, FO can be apprecia-
bly enhanced if appropriate pretreatment processes are implemented
upstream of the FO process. While the Green Machine operates with
no pretreatment, the MBC relies on adequate feed stream pretreatment
to protect the FOmembranes. The following is a list of suitable pretreat-
ment processes, each with a short description:
• Coagulation/flocculation aids in the removal of suspended and colloi-
dal particulates to reduce premature membrane fouling. It can make
the fouling cake layer more porous and permeable when treating
highly fouling feed streams, such as O&G frac flowback and concen-
trated domestic wastewater sludge and digester centrate.
• Acid/base pH control aids in precipitation of dissolvedmetals and pro-
tects the chemistry of the membrane active layer. This is especially
important when using a CTA FO membrane, where the feed stream
pH should be between 5 and 7.
• Scale mitigation/softening aids in precipitation or exchange of scale
forming compounds to limit premature membrane scaling. Scale mit-
igation can be used prior to FO when treating high salinity produced
waters (N70,000 ppm) having elevated concentrations of sparingly
soluble salts.
• Filtration (granular media/MF/UF) aids in the removal of suspended
and precipitated particulates to reduce premature membrane fouling
and flow channel blocking/clogging. Filtration can be used when
treating grit laden drillingmud and frac flowback wastewaters. Filtra-
tionmay be especially used to protect TFC FOmembranes because the
active layer of these membranes is more delicate than that of the CTA
FO membrane.
• Dissolved air floatation aids in the removal of oil, fats, and insoluble
organics to reduce premature membrane fouling and damage to the
membrane active layer. Dissolved air floatation can be used to remove
elevated concentrations of emulsified hydrocarbons from produced
waters, whichmay sorb to themembrane active layer and irreversibly
foul the membrane.
• Advanced oxidation aids in the destruction of oils and fats and oxi-
dizes reduced inorganic metal species for subsequent removal. Ad-
vanced oxidation can be especially important when treating frac
flowback wastewater by further degrading any remaining polymers
or guars remaining from the hydraulic fracturing process.
• Disinfection minimizes the potential for biological fouling and degra-
dation of the membrane active layer.
5. Conclusions
Forward osmosis is a suitable and effective process for treatment of
difficult waste streams, and it was demonstrated at all scales of research
and development, including bench scale, pilot scale, and commercial
demonstration. Specifically in O&G exploration and production, FO is a
promising technology that enables exploration companies to utilize ef-
fective wastewater treatment and promote beneficial water reuse in
decentralized and remote locations. Currently, there are several differ-
ent approaches andmethods for implementing the technology; howev-
er, it is unclear which approach is most suitable, leaving significant
room for more research. Ultimately, O&G exploration companies will
choose the water management option that (a) is physically practical
for on-site operation with their waste stream, (b) accepted by state
and federal regulators, and (c) sustainable over extended periods of
operation.
Compared to traditional disposal methods, both the HTI Green Ma-
chine and the Oasys Water Membrane Brine Concentrator FO systems
demonstrated net cost advantages of more than 45% and 60%, respec-
tively, in recent demonstration scale tests; however, a direct cost com-
parison between these two FO technologies is difficult to conduct at
this time. The GreenMachine is suitable for treating O&Gwaste streams
with minimal or no pretreatment, but is currently more suitable for
treating wastewaters with less than 70,000 ppm TDS. The Membrane
Brine Concentrator system uses two pretreatment steps prior to FO
membrane treatment, but can target feed stream salinities in excess of
70,000 ppm TDS.
FO has shown great versatility by successfully treating a wide range
of feed stream salinities and producing equally wide ranges of product
water quality — from diluted saline solution to RO permeate suitable
for potable and non-potable reuse. Ultimately, other industries that pro-
duce complex liquid streams can benefit from the experiences of FO
treatment of O&G E&P wastewater. The limitations of FO need further
investigation, as newgenerations of TFCmembranes andnovel draw so-
lutions are being developed. Further research is needed to test these
membranes and draw solutions in conjunction with true wastewater
streams to determine if they can further enhance the FO process for
these difficult applications.
Table 2
Overview of draw solutes/solution used in FO investigations and their recovery methods.
Adapted from [25,28].
Year Draw solute/solution Recovery method Research
group
1964 NH3 and CO2 Heating Neff [97]




1965 Mixture of water and another gas
(SO2) or liquid (aliphatic alcohols)
Distillation Glew [99]




1972 Al2SO4 Precipitation by
doping Ca(OH)2
Frank [100]
1975 Glucose None Kravath &
Davis [101]
1976 Nutrient Solution None Kessler &
Moody
[102]
1989 Fructose None Stache [103]
1992 Sugar RO Yaeli [104]
1997 MgCl2 None Loeb [105]















2007 Dendrimers Adjusting pH or UF Adham
[109]




2008 Salt, ethanol Pervaporation McCormick
[110]
2010 2-Methylimidazole-based solutes FO–MD Chung [47]
2010–
11









2011 Fertilizers Unnecessary Shon
[114,115]
2011 Hydrophilic nanoparticles UF Chung [115]
2011 Fatty acid-polyethylene glycol Thermal method Lyer & Linda
[116]
2012 Sucrose NF Su [117]
2012 Thermo-sensitive solute (derivatives
of Acyl-TAEA)
None Noh [118]
2012 Urea, ethylene glycol, and glucose None Yong [119]
2012 Polyglycol copolymers NF Carmignani
[120]
2012 Hexavalent phosphazene salutes Chemical Stone [121]




2012 Polyelectrolytes UF Chung [45]
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ABSTRACT: Forward osmosis (FO) is an emerging mem-
brane separation process that continues to be tested and
implemented in various industrial water and wastewater
treatment applications. The growing interests in the technol-
ogy have prompted laboratories and manufacturers to adopt
standard testing methods to ensure accurate comparison of
membrane performance under laboratory-controlled condi-
tions; however, standardized methods might not capture
specific operating conditions unique to industrial applications.
Experiments with cellulose triacetate (CTA) and polyamide
thin-film composite (TFC) FO membranes demonstrated that
hydraulic transmembrane pressure (TMP), common in industrial operation of FO membrane elements, could affect membrane
performance. Experiments were conducted with three FO membranes and with increasing TMP up to a maximum of 50 psi (3.45
bar). The feed solution was a mixture of salts and the draw solution was either a NaCl solution or concentrated seawater at
similar osmotic pressure. Results revealed that TMP minimally affected water flux, reverse salt flux (RSF), and solute rejection of
the CTA membrane. However, water flux through TFC membranes might slightly increase with increasing TMP, and RSF
substantially declines with increasing TMP. It was observed that rejection of feed constituents was influenced by TMP and RSF.
1. INTRODUCTION
Since the first academic review on the principles and applications
of forward osmosis (FO),1 more than 150 journal articles have
been published focusing on new developments and advance-
ments made in both industry and academia.2 The process has
successfully established itself as a robust treatment technology
capable of meeting the needs of various water and wastewater
treatment applications such as management of landfill
leachates,1,3 concentrating of liquid foodstuff and beverages,4−7
treatment of domestic wastewaters,8−11 concentration of
anaerobic digester centrate,12 and more recently treatment of
oil and gas exploration and production wastewater.13 The
continuous pursuit of advanced industrial wastewater treatment
technologies has spurred academic and industrial research to
develop better performing FO membranes; increasing water
permeability and membrane robustness while maintaining high
contaminant rejection, and minimizing solute reverse transport
through the membranes.14−16 These rapid progressions, both in
industrial applications and academic research and development,
require not only standardized membrane testing methods, but
also development of advanced testing apparatuses and
procedures to simulate true industrial conditions at the bench
scale.
A joint effort by seven laboratories recently resulted in
standard testing protocols under which FO membrane perform-
ance can be evaluated and compared, addressing the lack of
uniform testing methods used in previous studies.17,18 The study
suggested several operating conditions that should be held
constant when assessing the performance and integrity of FO
membranes. These include hydraulic transmembrane pressure
(TMP), system temperature, draw solution (DS) solute and
concentration, and cross-flow velocity. This method provides an
unbiased platform for comparison of new and commercially
available FO membranes. However, it is not clear if membrane
performance under these standardized laboratory conditions can
be compared to those experienced in industrial scenarios.
The net transport of water across membranes in FO is driven
by a difference in osmotic pressure and intrinsically requires no
hydraulic TMP, which should be minimized (e.g., close to 0 psi)
under standard laboratory conditions. Conversely, industrial FO
applications require pressurization of the feed and DS streams to
overcome hydraulic resistance in the flow channels of spiral or
capillary wound membrane modules. When several elements are
connected in series, adequate hydraulic pressure must be
supplied at the entrance (leading element) to ensure feed and
DS flow through the entire vessel and residual pressure at the last
element (tail element). This can translate into nearly 60 psi
hydraulic pressure in the feed channels of the first FO element in
a pressure vessel, resulting in net TMP if the pressure is different
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between the feed and DS streams. In hollow fiber and plate-and-
frame membrane modules, DS flow may be driven by vacuum to
maintain membrane structural integrity. This too introduces
hydraulic TMP across the membrane in addition to the osmotic
driving force. Consequently, existing standard testing methods
may not properly capture true membrane performance in the
presence of hydraulic TMP.
The overall objective of this study was to investigate changes in
membrane performance as a function of increasing hydraulic
TMP. This study is not meant to supplement those method-
ologies previously published,17 but to highlight the knowledge
gap that still exists between standardizedmembrane comparisons
at the bench scale and performance comparisons under hydraulic
conditions common in industrial applications. TMP effects on
FO membrane fouling were previously explored; however, they
only supplemented a study on water recovery from sewage − it
lacked a methodical experimental investigation and laboratory
analyses.11 The current study focuses on water flux, reverse salt
flux (RSF), inorganic and organic feed ion rejection, and
bidirectional solute flux, all of which have been thoroughly
investigated in the past;1,19−22 however, prior studies have not
considered membrane performance under elevated TMPs.
Three commercial membranes were tested and experimental
conditions followed standardized methods whenever possible
while still addressing the objectives of this study. It is important
to note that TMP in this study (higher pressure in the feed
stream) should not be confused with TMP in pressure-retarded
osmosis (PRO) (higher pressure in the DS). A thorough study
on the effects of TMP in PRO is provided elsewhere.23
2. MATERIALS AND METHODS
2.1. Membrane Selection. Three flat sheet FO membranes
were tested. The first membrane was an asymmetric cellulose
triacetate (CTA) membrane from Hydration Technology
Innovations (HTI) (Albany, OR). The other two membranes
were thin film composite (TFC) polyamide-based membranes
manufactured by Oasys (Boston, MA) (designated TFC1) and
HTI (designated TFC2). Although commercial and partially
tested in the field, both TFC membranes are still under
development and experience varying performance under similar
testing conditions.24−26 The three membranes were tested with
their active layer facing the feed solution. Physical and chemical
membrane characteristics are summarized in Table S1 of the
Supporting Information.
Membrane samples were stored at 5 °C and rinsed with Milli-
Q deionized water prior to installation. TFC1 was also wetted in
situ using a 50% isopropyl alcohol solution for 5 min following
manufacturer recommendations to ensure complete pore
saturation (Table S1). To ensure unbiased results (i.e., water
flux and RSF), integrity tests with 1 M NaCl DS and Milli-Q
water feed were performed after installation of a new membrane
and after every two experiments with inorganic feed solution.
Themembranes were replaced if the water flux or RSF differed by
more than 10% from the initial integrity test. Integrity tests were
performed during experiments with humic acid in the feed
stream, but the membrane was replaced after each experiment
due to potential organic fouling of the membrane.
2.2. Membrane Characterization. Water permeability
coefficients (A), solute (NaCl) permeability coefficients (B),
and membrane structural parameters (S), were determined
through RO and FO tests.17 A cross-flow test cell with a
membrane area of 42 cm2 was used with fixed feed flow velocity
of 25 cm/s, constant feed temperature of 20 ± 0.5 °C, and feed
volume of 20 L. Experiments were conducted with either
deionized water or 35 mM NaCl feed solution. The cumulative
weight of permeate was continuously measured with an analytical
balance connected to a data acquisition system (Lab VIEW,
National Instruments (Austin, TX) and UE9-Pro, LabJack
(Lakewood, CO)). The conductivity of the feed and permeate
streams was continuously measured using calibrated conductivity
probes (Oakton Instruments, Vernon Hills, IL). The values were
logged into the data acquisition system that continuously
calculated water flux and solute rejection.
Before RO tests, membranes were compacted with deionized
water feed at 125 psi until steady state water flux was reached.
Low compaction pressures were used due to the highly
permeable nature of the chosen membranes.17 Pure water flux
was then measured at feed pressures of 50, 100, and 125 psi for
three hours each. This procedure was repeated with a 35 mM
NaCl feed solution. Experimental results from RO tests were
used to calculate A and B, and the experimental results from FO
tests with deionized feedwater and 1 M NaCl DS were used to
calculate S, as described in previous publications.17,27,28
The surface charge of each membrane’s active and support
layer was determined by zeta-potential measurement using an
electrokinetic analyzer (SurPass, Anton Paar GmbH, Austria)
using a 2 mM KCl electrolyte solution. The hydrophobicity of
the membrane active layer was determined using sessile drop
(TFC1 and TFC2) and captive bubble (CTA) contact angle
measurements and deionized water.
2.3. Bench-Scale FO System. The bench-scale FO
apparatus used was similar to that described in a previous
publication17 (Figure S1 of the Supporting Information). A
custom membrane test cell consisting of symmetric flow
channels (26.35 × 5.50 × 0.17 cm) and 145 cm2 effective area
was utilized. Nitrile rubber gaskets provided membrane support
and adequate depth in each flow channel. Commercially available
turbulence-enhancement net and tricot spacers were installed in
the DS flow channel to provide membrane support under a
hydraulically pressurized feed. The tricot spacer was in contact
with the membrane support layer mimicking the conditions
inside a spiral wound membrane element. Data acquisition
software was utilized to control experimental conditions (i.e.,
system temperature of 20 ± 0.5 °C, feed solution volume of 3 L,
andDS concentration) and to collect experimental data (i.e., feed
and DS conductivities, feed solution volume). Feed and draw
solutions were circulated cocurrently in the test cell at 25 cm/s
and returned to their respective tanks. Further details on system
design and operation are available elsewhere.20,29
2.4. Solution Chemistry. 2.4.1. Draw Solutions. ACS grade
NaCl (Fisher Scientific, Fair Lawn, NJ) was used to prepare the
DS. Stock solution was prepared in 20 L batches to eliminate
variability in DS chemistry. During experiments with inorganic
feed solution, the concentration of DS was maintained at 1 M by
dosing a concentrated stock solution of 300 g/L NaCl (ACS,
Sigma-Aldrich, St. Luis, MO). During experiments using organic
feed solution, the DS was osmotically diluted.
Formulated sea salt (Instant Ocean, Madison, WI) was used to
prepare surrogate seawater DS for specific sets of experiments
(composition provided in Table S2 of the Supporting
Information). The seawater DS was prepared in 20 L batches
at a concentration of 60.1 g/L to generate osmotic pressure
similar to the 1 M NaCl DS (approximately 680 psi (47 bar)).
The seawater DS concentration during FO experiments was
maintained constant by slow dosing of a concentrated sea salt
(175 g/L).
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2.4.2. Inorganic Feed Solution. Three ACS grade inorganic
salts were used for the preparation of the feed solution. These
include MgSO4, KNO3, and LiBr (Fisher Scientific, Fair Lawn,
NJ). Stock solution containing 20 mM of each salt was mixed
with Milli-Q water in 20 L batches. The calculated osmotic
pressure of the feed solution was 36 psi (2.5 bar). These salts
were chosen to investigate the effects of TMP and solute
properties such as molecular weight and ionic and hydration
radius on solute rejection and RSF. Distilled water (Corning,
Mega-Pure MP-3A) was used to replenish the 3 L feed volume
(compensating for water that permeated through the FO
membrane into the DS) in order to minimize ion loading into
the feedwater.
2.4.3. Organic Feed Solution. A composite organic feed
solution of ACS grade humic acid and NaCl (Sigma-Aldrich, St.
Louis, MO) was tested in a separate set of experiments. A
concentrated stock solution of 5 g/L humic acid was prepared
using Milli-Q water. Twenty liter batches of feed solution were
prepared with 10 mM NaCl in Milli-Q water. For each
experiment 3 L of the NaCl feed solution was transferred into
the feed tank. Subsequently, 30 mL feed solution was removed
from the feed tank and replaced with 30 mL humic acid stock
solution. The resulting humic acid concentration in the feed
solution was 50 mg/L.
2.5. Experimental Procedures. 2.5.1. Experiments with
Inorganic Feed Solution. A set of five tests was conducted with
each membrane using inorganic feed solution and NaCl DS.
With the membrane test cell removed, 3 L of feed solution and 1
L of DS were transferred to their respective tanks and brought to
constant temperature. Subsequently, the test cell was connected
horizontally with feed solution flowing on top and DS flowing
under the membrane.
A baseline experiment was first conducted under true FO
conditions (e.g., ΔP = 0 psi). The TMP was then increased and
held constant in each successive test in favor of the feed; thus,
TMPs of 6, 18, 30, and 50 psi were investigated in each set of
experiments. This pressure differential was maintained using
needle valves installed on the test cell discharge lines with higher
pressure in the feed stream (Figure S1 of the Supporting
Information). Feed and DS pressures were monitored using
pressure gauges (Ashcroft, Stratford, CT) installed at the test cell
inlets. The feed volume and the DS concentration were held
constant throughout each experiment. These conditions
sustained a constant osmotic driving force, allowing for an
unbiased comparison of water flux and ion transport between
experiments with different TMP. RSF was monitored using a
calibrated conductivity probe installed in the feed tank (Oakton
Instruments, Vernon Hills, IL) and verified analytically using IC
and ICP analysis of feed samples. Water flux was calculated using
the change of weight of deionized water in the feed dosing tank
positioned on the analytical balance.
A set of three additional tests was conducted on each
membrane using seawater DS. Experimental setup and
preparation followed the same procedure; however, after initial
baseline experiments (ΔP = 0 psi), only two additional tests were
conducted, one at 6 psi and the other at 18 psi TMP.
2.5.2. Experiments with Organic Feed Solution. A set of two
tests (TMP = 0 or 18 psi) was conducted on each membrane
using organic feed solution and NaCl DS. Experimental
preparation and data collection followed procedures described
in the previous section; however, tests were conducted under
osmotic dilution mode in which the DS was slowly diluted as
water permeated through the FO membrane. Feed volume was
held constant by replenishing the feed reservoir with distilled
water. We operated in osmotic dilution mode because the
concentrated NaCl dosing solution contained TOC impurities
that under regular FO operation will make it impossible to
quantify TOC transport from the feed into the DS.
2.6. Sampling and Analytical Methods. Six samples were
drawn during each experiment with inorganic feed solution. Feed
and DS baseline samples were taken from each tank after 15 min
from the beginning of each experiment and after 750 and 1500
mL of water permeated through the membrane into the DS. The
change in individual ion concentrations was measured and
correlated to the volume of each tank at the time of sampling.
Therefore, the change in mass of each ion could be calculated in
both solutions to determine its flux and direction of diffusion. To
ensure accurate mass balance calculations, samples were also
drawn from the feed and DS dosing tanks to correct for ions
dosed to each tank that did not diffuse through the membrane.
Samples were stored at 5 °C prior to dilution for analysis.
Cation and anion concentrations were analyzed for each
sample using inductively coupled plasma atomic emission
spectroscopy (ICP-AES) (Optima 5300, PerkinElmer, Fremont,
CA) and ion chromatography (IC) (ICS-90, Dionex, Sunnyvale,
CA), respectively. Cations were tested in triplicates with a
maximum allowable deviation of 10% and anions in duplicates
with a maximum allowable deviation of 5%. Analytical results
were used to calculate the mass balance of individual ions to
assess the effects of TMP on forward and reverse solute
transport.
Four samples were drawn during each experiment with organic
feed solution. Baseline samples from the feed and DS tanks were
taken after 15 min from the beginning of each experiment and
after 2000 mL of water permeated through the membrane into
the DS. Similar mass balance calculations to those using
inorganic feed solution were conducted. Samples were preserved
using concentrated phosphoric acid and stored at 5 °C prior to
dilution for analysis in triplicates using a carbon analyzer
(Shimadzu TOC-L, Columbia, MD).
3. RESULTS AND DISCUSSION
3.1. Water Flux. Water flux was calculated after each FO
experiment to determine the effects of applied hydraulic TMP on
water permeability through the membrane. Water flux as a
function of TMP is shown in Figure 1 for experiments conducted
with inorganic feed solution and NaCl or seawater DS.
Minimal changes in water flux were observed for the three
membranes when TMP was elevated. The small fluctuations in
flux are within the range of experimental errors associated with
the tested membranes. Water flux through TFC1 fluctuated but,
considering the high flux through this membrane, the changes
wereminimal. This membrane also showed high flux variability in
previous studies.17 Water flux through the CTA membrane was
relatively constant, regardless of the DS used, and flux through
TFC2 constantly increased when subjected to rising TMP, both
with NaCl and seawater DSs. It is likely that TFC2 has some
characteristics of loose RO and NF membrane, which affect both
water flux and salt rejection through this membrane. It is worth
noting that results from preliminary tests revealed that
membrane compaction had negligible effects on water flux
through the three membranes.
Water flux through the TFC membranes at 0 psi TMP during
experiments with both the NaCl DS (part a of Figure 1) and
seawater DS (part b of Figure 1) was lower than those measured
during integrity tests (Table S1 of the Supporting Information).
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This is attributed to the elevated salinity of the feed in the current
experiments coupled with increased concentration polarization
expected with high flux. A more pronounced decrease in water
flux was observed with seawater DS. Whereas the calculated
osmotic pressure of the two DSs was similar, larger ions such as
magnesium, calcium, sulfate, and carbonates induce lower flux in
FO compared to smaller ions such as sodium, chloride, and
potassium.20
3.2. Reverse Salt Flux. RSF was measured by both
monitoring increasing feed conductivity during the experiments
and through IC and ICP-AES analysis of feed and DS samples.
RSF as a function of TMP is shown in Figure 2 for experiments
conducted with NaCl or seawater DSs.
When increasing the TMP, very little change in RSF through
the CTA membrane was observed during all experiments.
Different trends were observed for TFC1 and TFC2, where
increased TMP resulted in a decline of RSF. During both NaCl
DS experiments (parts a and b of Figure 2) and seawater DS
experiments (parts c and d of Figure 2), a decline in RSF was
observed when TMP increased from 0 to 50 psi. The decline in
RSF may be attributed to physical changes in the membrane
active layer as a function of the hydraulic pressure. Increasing
pressure at the membrane surface may have compressed the
interface between the thin active layer and support layer of the
TFC membranes, thus reducing RSF and salt permeability of the
membrane, while minimally affecting water flux.
Data presented in Figure 2 also highlights several important
topics when addressing RSF through FO membranes, especially
TFC membranes. Results in parts a and c of Figure 2 show
different RSF values than those calculated using results from IC
and ICP-AES analysis (parts b and d of Figure 2). These results
indicate dissimilar RSF because the use of a conductivity probe
does not distinguish between the diffusion of NaCl into the feed
solution and solutes leaving the feed solution, nor do these
probes account for different rates of reverse diffusion of
individual ions. Specifically, RSF values that rely on the use of
conductivity measurements (e.g., field analysis and pilot studies)
cannot capture the different rates of bidirectional diffusion of
solutes from the feed into the DS and vice versa. Whereas trends
are similar in both analytical methods, different RSF values can be
expected when calculated using IC and ICP-AES results because
it only accounts for the reverse diffusion of sodium and chloride.
Furthermore, comparison of membrane performances can also
be impacted as shown in parts a and b of Figure 2, where TFC1
RSF declines below that of CTA when analyzed with a
conductivity probe but is not true when using IC and ICP-AES
results to calculate RSF.
Another interesting trend in RSF through the TFC
membranes at 0 psi TMP for both DSs (Figure 2) should be
noted, where RSF was lower than that measured during integrity
tests (Table S1 of the Supporting Information). Similar to water
flux through TFC1 at 0 psi TMP, the lower RSF is attributed to
the elevated salinity of the feed in the current experiments
coupled with increased concentration polarization expected with
high water flux. Results from IC and ICP analysis and from
conductivity probe measurements used for determining RSF
during experiments with inorganic feed solution cannot be used
for direct comparison to RSF during integrity tests with DI water
feed. This is because the reverse flux of sodium and chloride are
different and affected by forward diffusing feed ions and
concentration polarization.
3.3. Feed Ion Rejection. The rejection of feed ions and the
reverse diffusion of individual DS solutes into the feed solution
were measured concurrently with water flux (Figure 1) and RSF
(Figure 2). Percent rejection of feed ions and reverse flux of DS
ions are shown in Figure 3 for a range of TMPs for the three
membranes investigated. Feed ion rejection was calculated only
for results from experiments with NaCl DS and inorganic feed
solution. This minimized the effects of bidirectional solute
diffusion of minor ions in seawater that will make mass balance
calculation very difficult (for common feed and DS ions).
Based on minimal changes in RSF observed in parts a and b of
Figure 2, CTA rejection of feed ions was expected to remain
constant with increasing TMP. Results in part a of Figure 3 reveal
that indeed little changes in anion or cation rejection were
observed when TMP increased. Percent rejection of individual
ions was as expected, with ions of decreasing size and hydration
radius diffusing more readily from the feed into the DS.30 RSF of
NaCl was decoupled into reverse fluxes of sodium and chloride in
an attempt to explain why cation rejection was greater
throughout CTA experiments. It can be seen in part b of Figure
Figure 1.Water flux as a function of TMP for (a) experiments with 1 M
NaCl DS and (b) 60.1 g/L seawater DS. Both DSs were maintained at
constant concentration and the feed solution volume was held constant.
The system was maintained at 20 ± 0.5 °C. Feed was a solution of
MgSO4, KNO3, and LiBr, 20 mM each.
Figure 2. RSF (NaCl) measured in the feed solution as a function of
TMP with (a) a calibrated conductivity probe in the feed reservoir (1 M
NaCl DS), (b) IC and ICP-AES analysis of feed samples (1 M NaCl
DS), (c) a calibrated conductivity probe in the feed reservoir (60.1 g/L
seawater DS), and (d) IC and ICP-AES analysis of feed samples (60.1 g/
L SW DS). RSF from IC and ICP-AES data was calculated based on the
slower reverse diffusing ion through the membrane (sodium for the
CTA membrane and chloride for the TFC membranes) assuming that
the difference in ion flux is due to balancing effects of forward diffusing
ions. All experiments were conducted with inorganic feed solution at 20
± 0.5 °C. For seawater DS, IC and ICP-AES results (c and d) reflect
transport of sodium and chloride only.
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3 that the reverse flux of chloride was nearly double that of
sodium throughout all experiments. Consequently, lower anion
rejection was observed as anions more readily diffused into the
DS to maintain electroneutrality.
The order of ion rejection by the TFC1 and TFC2membranes
was similar to that by the CTA membrane − ions with a smaller
hydration radius diffused more readily into the DS, and DS ions
diffused accordingly to maintain system electroneutrality. Data
presented in parts a and b of Figure 2 suggests that ion rejection
should increase with increasing TMP for both TFC membranes
due to observed decrease in RSF; this hypothesis is supported by
results in parts c and e of Figures 3. Contrary to the results
observed with the CTA membrane, reverse flux of sodium was
higher than that of chloride throughout all tests with the TFC
membranes. Consequently, observed cation rejection was lower
than anion rejection because positive ions diffused faster into the
DS to balance higher sodium reverse diffusion from the DS into
the feed. During experiments with TFC1 potassium and lithium
rejection increased by approximately 7% and 3%, respectively,
between 0 and 50 psi TMP, whereas nitrate and bromide
rejection increased by approximately 1% and 5%, respectively.
Magnesium and sulfate were nearly completely rejected during
all experiments, which is expected due to their large molecular
size. During experiments with TFC2 potassium rejection
increased by approximately 10% between 0 and 50 psi TMP,
while lithium rejection remained unchanged. Sulfate was
completely rejected, similarly to TFC1, whereas magnesium
rejection was slightly lower than expected (∼96%). Low
magnesium rejection by TFC2 may be attributed to the slight
decline observed in nitrate and bromide rejection in order to
maintain solution electroneutrality.
In all cases, nitrate rejection was the lowest of all anion species
that were monitored. These results are similar to those observed
for nitrate in previous FO studies12,21,31 and for results in
Figure 3. Ion rejection as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. The reverse flux of sodium and chloride for each data set presented
is also provided for (b) CTA, (d) TFC1, and (f) TFC2. Experiments were conducted using 1 M NaCl DS and inorganic feed solution at 20 ± 0.5 °C.
Draw solution concentration and feed solution volume were held constant throughout all experiments.
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nanofiltration studies.32 Substantially higher rate of sodium
reverse diffusion through the TFC membranes is attributed to
the significantly low negative charge of their support layer (−9.5
to −3 mV vs −40 mV for the CTA) and therefore higher
electrostatic attraction of sodium to the back side of the
polyamide active layer of the TFC membranes.
3.4. Bidirectional Solute Flux. Bidirectional solute flux was
quantified using data from experiments with seawater DS and
inorganic feed solution. It was expected that by introducing feed
ions into the DS in ratios found in sea salt, the rates of reverse and
forward diffusion of some ions will be different than those
presented in Figure 3. Ionic mass balance was calculated using IC
and ICP-AES data and results are shown in Figure 4 as mass flux
for both feed ions (all) and DS ions (sodium and chloride only).
Data in parts a, c, and e of Figure 4 also captures ions that diffuse
from the seawater DS into the feed.
RSF through the CTA membrane remained fairly constant
across all pressures with chloride diffusion exceeding that of
sodium (part b of Figure 4). Higher diffusion of nitrate ions from
the feed into the DS was observed to maintain charge neutrality
with reverse diffusion of chloride into the feed. The remaining
major feed cations and anions diffused in both directions across
the membrane with no apparent correlation to increased TMP;
this lack of correlation to TMP was expected given relatively
steady RSF in part b of Figure 4 and data presented in parts a and
b of Figure 3. The average feed solution charge imbalance and
feed ion flux imbalance, measured in meq·m−2·hr−1, was 8.5%
and 14.4%, respectively.
Figure 4. Inorganic ionmass flux as a function of TMP for (a) CTA, (c) TFC1, and (e) TFC2. Negative ion flux represents solute diffusion from the feed
into the DS. The reverse flux of sodium and chloride (from seawater) as a function of TMP for each data set presented is also provided for (b) CTA, (d)
TFC1, and (f) TFC2. Experiments were conducted using 60.1 g/L sea salt DS and inorganic feed solution at 20 ± 0.5 °C. DS concentration and feed
solution volume were held constant throughout all experiments. The average charge imbalance was 8.5%, 9.2%, and 9.4% for solutions analyzed during
CTA, TFC1, and TFC2 experiments, respectively. The average ion flux imbalance measured in meq m−2 hr−1 was 14.4%, 3.1%, and 15.5% for solution
mass balance calculations analyzed for CTA, TFC1, and TFC2 experiments, respectively.
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Similar to early results, RSF through the TFC1 membrane
(part d of Figure 4) showed a decreasing trend with higher
observed reverse diffusion of sodium than that of chloride. Once
again, forward diffusion of cations from the feed to the DS was
higher than that of anions (part c of Figure 4) to account for
greater reverse diffusion of sodium. The average feed solution
charge imbalance and feed ion flux imbalance was 9.2% and 3.1%
respectively and within the accuracy range of the analytical
instruments. RSF through the TFC2 membrane (part f of Figure
4) once again decreased with increasing TMP; however, at a
much lower rate than that observed in part f of Figure 3. The
membrane coupons used during testing with seawater DS may
have a relatively denser active layer as suggested by the lower
observed RSF in Table S1 of the Supporting Information. Similar
ionic diffusion behavior to that of TFC1 was observed while
maintaining an average feed solution charge imbalance and ion
flux imbalance of 9.4% and 15.5%, respectively.
Overall, it is very difficult to conduct an accurate mass balance
with complex feed andDSs that have similar constituents on both
sides of the membrane. Similar to results with NaCl DS and
previous studies, nitrate diffusion through all FO membranes is
faster, and its rejection is lower than other anions regardless of
feed pressure and DS used. Most interestingly, in both the NaCl
and the concentrated seawater DS experiments, reverse diffusion
of sodium was higher through the TFC membranes and lower
through the CTA membrane. The more negatively charged
support layer of TFC2 compared to TFC1 reduced the
electrostatic attraction of sodium to the active layer (through
the support layer) and resulted in higher reverse diffusion of
sodium through TFC1. Furthermore, TFC1 is a much more
permeable membrane and allows more free transport of ions
through the membrane. This phenomenon might be related to
the different surface charge on the support sides of the TFC
membranes (Table S1 of the Supporting Information) and
should be further explored.
3.5. Rejection of Humic Acids. Rejection of organic
molecules was evaluated through mass balance calculations using
data from carbon analysis of feed and DS samples. Percent
rejection of TOC as a function of TMP at 0 and 18 psi is
summarized in Table 1 for the three membranes investigated in
this study. Humic acid was not purified prior to injection into the
feed solution to more closely mimic organic matter in natural
systems; the TOC content of the humic acid used in this study
was approximately 38%.
Minimal changes in TOC rejection were observed when TMP
increased from 0 to 18 psi, and the three membranes showed
similar rejection of organic molecules. Comparable rejection
suggests that a large fraction of the chosen humic acid has high
molecular weight molecules that are well rejected by the active
layers of the CTA and TFC membranes. A small fraction of low
molecular weight organics is likely present and readily diffuses
through the membranes. TFC1 is the most delicate membrane
among the three (very thin active and support layers) and
therefore it is likely that higher pressure in conjunction with
membrane installation associated with bench scale systems
resulted in a slightly lower organic rejection by TFC1 at higher
pressures. It is also likely that the lower organic rejection of TFC1
is attributed to slight differences in membrane integrity between
the membrane coupons used in the first and second sets of FO
tests.
The specific water flux (water flux normalized by the net
driving force, which is also the instantaneous membrane
permeability coefficient) was calculated for each test conducted
during this investigation. Because the experiments were
conducted in osmotic dilution mode, the osmotic pressure
driving force slowly declined and it was necessary to take into
consideration internal concentration polarization effects in order
to calculate the instantaneous water permeability coefficients.33
The feed and DS osmotic pressures were calculated using OLI
Analyzer Studio (OLI Systems, Inc., Morris Plains, NJ) and used
to determine the effective osmotic pressure driving force as a
function of time in each test. Results (not shown) revealed that
the water permeability coefficient of the three membranes have
not changed during the course of the experiments, indicating that
membrane fouling was negligible during the experiments.
Results from this study show that new standard testing
methods of FO may provide a good platform for comparative
membrane testing in the laboratory; however, they do not
capture accurately membrane performance when operated under
higher TMP typical in industrial applications. Introduction of
hydraulic pressure across the membrane can result in changes of
membrane performance compared to baseline performance
under FO conditions in which TMP is 0 psi.
CTA membranes showed little changes in membrane
performance as a function of increasing TMP. Results from
standardized methods can be assumed accurate up to the
maximum pressure tested in this study. Conversely, increasing
TMP did impact the performance of TFC membranes; however,
these changes are not necessarily an indication of poorer
performance. Declining RSF was observed in both TFC
membranes with some increase in water flux seen in TFC2.
Such changes can impact the bidirectional diffusion of ions across
the membrane and have significant impacts in industrial
applications.
Results demonstrated that membrane material and structure,
coupled with operating conditions, might influence the
preferential forward and reverse diffusion of charged ions. This
phenomenon is important and can impact specific process
applications and requires further investigation. To ensure proper
selection and applicability of FOmembranes in specific industrial
processes, the effects of hydraulic feed pressures and membrane
material on water flux and ion transport should also be taken into




Details are available on FO membrane properties, rejection
calculations, system configuration, and seawater quality. This
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Table 1. TOC Rejection As a Function of TMP for the Three
Membranes Tested in the Study
TOC Rejection (%)
membranes 0 PSI 18 PSI
CTA 96.2 ± 0.6 95.3 ± 0.1
TFC1 95.6 ± 0.5 92.4 ± 0.3
TFC2 96.0 ± 0.1 96.2 ± 0.2
Environmental Science & Technology Article
dx.doi.org/10.1021/es304519p | Environ. Sci. Technol. XXXX, XXX, XXX−XXXG
Notes
The authors declare no competing financial interest.
■ ACKNOWLEDGMENTS
Support of this investigation was provided by DOE/RPSEA
project 10122-39. The authors would like to thank Hydration
Technology Innovations and Oasys Water for providing
membranes for the study. The authors would also like to thank
Thomas Gately and Amanda Erskine for their assistance with
water analyses.
■ REFERENCES
(1) Cath, T. Y.; Childress, A. E.; Elimelech, M. Forward osmosis:
Principles, applications, and recent developments. J. Membr. Sci. 2006,
281 (1−2), 70−87.
(2) Zhao, S.; Zou, L.; Tang, C. Y.; Mulcahy, D. Recent developments in
forward osmosis: Opportunities and challenges. J. Membr. Sci. 2012, 396,
1−21.
(3) York, R. J.; Thiel, R. S.; Beaudry, E. G. In Full-scale experience of
direct osmosis concentration applied to leachate management, Sardinia ’99
Seventh International Waste Management and Landfill Symposium, S.
Margherita di Pula, Cagliari, Sardinia, Italy, 4−8 October 1999, 1999; S.
Margherita di Pula, Cagliari, Sardinia, Italy, 1999.
(4) Jiao, B.; Cassano, A.; Drioli, E. Recent advances on membrane
processes for the concentration of fruit juices: A review. J. Food Eng.
2004, 63 (3), 303−324.
(5) Petrotos, K. B.; Lazarides, H. N. Osmotic concentration of liquid
foods. Journal of Food Engineering 2001, 49, 201−206.
(6) Petrotos, K. B.; Quantick, P.; Petropakis, H. A study of the direct
osmotic concentration of tomato juice in tubular membrane − module
configuration. I. The effect of certain basic process parameters on the
process performance. J. Membr. Sci. 1998, 150 (1), 99−110.
(7) Petrotos, K. B.; Quantick, P. C.; Petropakis, H. Direct osmotic
concentration of tomato juice in tubular membrane − module
configuration. II. The effect of using clarified tomato juice on the
process performance. J. Membr. Sci. 1999, 160 (2), 171−177.
(8) Achilli, A.; Cath, T. Y.; Marchand, E. A.; Childress, A. E. The
forward osmosis membrane bioreactor: A low fouling alternative to
MBR processes. Desalination 2009, 239 (1−3), 10−21.
(9) Alturki, A.; McDonald, J.; Khan, S. J.; Hai, F. I.; Price, W. E.;
Nghiem, L. D. Performance of a novel osmotic membrane bioreactor
(OMBR) system: Flux stability and removal of trace organics. Bioresour.
Technol. 2012, 113, 201−206.
(10) Zhang, J.; Loong, W. L. C.; Chou, S.; Tang, C.; Wang, R.; Fane, A.
G. Membrane biofouling and scaling in forward osmosis membrane
bioreactor. J. Membr. Sci. 2012, 403−404, 8−14.
(11) Lutchmiah, K.; Cornelissen, E. R.; Harmsen, D. J.; Post, J. W.;
Lampi, K.; Ramaekers, H.; Rietveld, L. C.; Roest, K. Water recovery
from sewage using forward osmosis. Water Sci. Technol. 2011, 64 (7),
1443−1449.
(12) Holloway, R. W.; Childress, A. E.; Dennett, K. E.; Cath, T. Y.
Forward osmosis for concentration of anaerobic digester centrate.Water
Res. 2007, 41 (17), 4005−4014.
(13) Hickenbottom, K. L.; Hancock, N. T.; Hutchings, N. R.;
Appleton, E. W.; Beaudry, E. G.; Xu, P.; Cath, T. Y., Forward osmosis
treatment of drilling mud and fracturing wastewater from oil and gas
operations. Desalination 2012, in press, doi:10.1016/j.desal.2012.05.037.
(14) Qiu, C.; Setiawan, L.; Wang, R.; Tang, C. Y.; Fane, A. G. High
performance flat sheet forward osmosis membrane with an NF-like
selective layer on a woven fabric embedded substrate.Desalination 2012,
287, 266−270.
(15) Setiawan, L.; Wang, R.; Li, K.; Fane, A. G. Fabrication and
characterization of forward osmosis hollow fiber membranes with
antifoulingNF-like selective layer. J. Membr. Sci. 2012, 394−395, 80−88.
(16) Wang, R.; Shi, L.; Tang, C. Y.; Chou, S.; Qiu, C.; Fane, A. G.
Characterization of novel forward osmosis hollow fiber membranes. J.
Membr. Sci. 2010, 355 (1−2), 158−167.
(17) Cath, T. Y.; Elimelech, M.; McCutcheon, J. R.; McGinnis, R. L.;
Achilli, A.; Anastasio, D.; Brady, A. R.; Childress, A. E.; Farr, I. V.;
Hancock, N. T.; Lampi, J.; Nghiem, L. D.; Xie, M.; Yip, N. Y., Standard
methodology for evaluating membrane performance in osmotically
driven membrane processes. Desalination 2012, in press, doi:10.1016/
j.desal.2012.07.005.
(18) Wang, K. Y.; Ong, R. C.; Chung, T.-S. Double-skinned forward
osmosis membranes for reducing internal concentration polarization
within the porous sublayer. Ind. Eng. Chem. Res. 2010, 49 (10), 4824−
4831.
(19) Achilli, A.; Cath, T. Y.; Childress, A. E. Selection of inorganic-
based draw solutions for forward osmosis applications. J. Membr. Sci.
2010, 364 (1−2), 233−241.
(20) Hancock, N. T.; Cath, T. Y. Solute coupled diffusion in
osmotically driven membrane processes. Environ. Sci. Technol. 2009, 43
(17), 6769−6775.
(21) Hancock, N. T.; Phillip, W. A.; Elimelech, M.; Cath, T. Y.
Bidirectional permeation of electrolytes in osmotically driven
membrane processes. Environ. Sci. Technol. 2011, 45 (24), 10642−
10651.
(22) Phillip, W. A.; Yong, J. S.; Elimelech, M. Reverse draw solute
permeation in forward osmosis: modeling and experiments. Environ. Sci.
Technol. 2010, 44, 5170−5176.
(23) She, Q.; Jin, X.; Tang, C. Y. Osmotic power production from
salinity gradient resource by pressure retarded osmosis: Effects of
operating conditions and reverse solute diffusion. J. Membr. Sci. 2012,
401−402, 262−273.
(24) HTI’s new thin film forward osmosis membrane in production.
http://www.htiwater.com/news/press-room/content/2012/press-
HTI-HTIThinFilmMembrane042512.pdf
(25) McGinnis, R. L.; Hancock, N. T.; Nowosielski-Slepowron, M. S.;
McGurgan, G. D., Pilot demonstration of the NH3/CO2 forward
osmosis desalination process on high salinity brines. Desalination 2013,
http://dx.doi.org/10.1016/j.desal.2012.11.032.
(26) Oasys, FO process concentrates oilfield brine. http://oasyswater.
com/blog/news/fo-process-concentrates-oilfield-brine/
(27) Yip, N. Y.; Tiraferri, A.; Phillip, W. A.; Schiffman, J. D.; Elimelech,
M. High performance thin-film composite forward osmosis membrane.
Environ. Sci. Technol. 2010, 44 (10), 3812−3818.
(28) Tiraferri, A.; Yip, N. Y.; Phillip, W. A.; Schiffman, J. D.; Elimelech,
M. Relating performance of thin-film composite forward osmosis
membranes to support layer formation and structure. J. Membr. Sci.
2011, 367 (1−2), 340−352.
(29) Hancock, N. T. Engineered osmosis: Assessment of mass
transport and sustainable hybrid system configurations for desalination
and water reclamation. Colorado School of Mines, Golden, 2011.
(30) Nightingale, E. R. Phenomenological theory of ion solvation.
Effective radii of hydrated ions. J. Phys. Chem. 1959, 63 (9), 1381−1387.
(31) Hancock, N. T.; Cath, T. Y. Solute coupled diffusion in
osmotically driven membrane processes. Environ. Sci. Technol. 2009, 43,
6769−6775.
(32) Bellona, C.; Drewes, J. E. The role of membrane surface charge
and solute physico-chemical properties in the rejection of organic acids
by NF membranes. J. Membr. Sci. 2005, 249 (1−2), 227−234.
(33) McCutcheon, J. R.; Elimelech, M. Modeling water flux in forward
osmosis: implications for improved membrane design. AIChE J. 2007,
53, 1736−1744.
■ NOTE ADDED AFTER ASAP PUBLICATION
Note Added after ASAP Publication. This article was published
ASAP on February 13, 2013, with minor display errors in Figures
3 and 4. The corrected article was published on February 19,
2013.
Environmental Science & Technology Article
dx.doi.org/10.1021/es304519p | Environ. Sci. Technol. XXXX, XXX, XXX−XXXH
Title: Effects of Transmembrane
Hydraulic Pressure on
Performance of Forward Osmosis
Membranes
Author: Bryan D. Coday, Dean M. Heil,
Pei Xu, et al
Publication: Environmental Science &
Technology
Publisher: American Chemical Society
Date: Mar 1, 2013
Copyright © 2013, American Chemical Society
  Logged in as:
  Bryan Coday
 
PERMISSION/LICENSE IS GRANTED FOR YOUR ORDER AT NO CHARGE
This type of permission/license, instead of the standard Terms & Conditions, is sent to you because no
fee is being charged for your order. Please note the following:
Permission is granted for your request in both print and electronic formats, and translations.
If figures and/or tables were requested, they may be adapted or used in part.
Please print this page for your records and send a copy of it to your publisher/graduate
school.
Appropriate credit for the requested material should be given as follows: "Reprinted
(adapted) with permission from (COMPLETE REFERENCE CITATION). Copyright
(YEAR) American Chemical Society." Insert appropriate information in place of the
capitalized words.
One-time permission is granted only for the use specified in your request. No additional
uses are granted (such as derivative works or other editions). For any other uses, please
submit a new request.
    
 
Copyright © 2015 Copyright Clearance Center, Inc. All Rights Reserved. Privacy statement.
Comments? We would like to hear from you. E-mail us at customercare@copyright.com
Rightslink® by Copyright Clearance Center https://s100.copyright.com/AppDispatchServlet















Copy of publication 
B.D. Coday, T. Luxbacher, A.E. Childress, N. Almaraz, P. Xu, T.Y. Cath, Indirect determination of zeta 
potential at High Ionic strength: specific application to semipermeable polymeric membranes, J. Membr. 
Sci. 478 (2015) 58-64. 
 
 










Indirect determination of zeta potential at high ionic strength:
Specific application to semipermeable polymeric membranes
Bryan D. Coday a, Thomas Luxbacher b, Amy E. Childress c, Nohemi Almaraz a, Pei Xu d,
Tzahi Y. Cath a,n
a Colorado School of Mines, Golden, CO, USA
b Anton-Paar GmbH, Graz, Austria
c University of Southern California, Los Angeles, CA, USA
d New Mexico State University, Las Cruces, NM, USA
a r t i c l e i n f o
Article history:
Received 3 December 2014
Received in revised form
23 December 2014
Accepted 27 December 2014







a b s t r a c t
The understanding of membrane charge neutralization and diffuse layer compression at environmentally
relevant ionic strengths is becoming increasingly important. In this work, the impact of high ionic
strengths on membrane zeta potential was determined using a combination of streaming potential
measurements and theoretical modeling. Streaming potential measurements were conducted on
cellulose triacetate (CTA) and polyamide thin-film composite (TFC) membranes at ionic strengths within
the operating limits of an electrokinetic analyzer. Zeta potential calculated from streaming potential was
then extrapolated to environmentally relevant ionic strengths (0.05 to 1 M 1:1 electrolyte) using the
Debye–Hückel and Helmholtz-Smoluchowski models. Extrapolated zeta potential values revealed that
membrane charge neutralization and compression of the diffuse layer are limited by the size of the
hydrated counter-ions, and full membrane charge neutralization, or even charge reversal, can not be
achieved. The expected zeta potential of CTA membranes was similar to that of TFC membranes at high
ionic strength, which has considerable implications in the comparison of membrane performance when
treating brackish and saline feed waters. The methodologies developed in this work can help to better
understand the contribution of electrostatic forces resulting from zeta potential to the sum of interfacial
forces present at the membrane surface.
& 2015 Elsevier B.V. All rights reserved.
1. Introduction
Membranes are rapidly becoming the leading separation method
in a broad range of applications, including treatment of highly
impaired waters. This is especially true for semipermeable polymeric
nanofiltration (NF), reverse osmosis (RO), and forward osmosis (FO)
membranes. NF and RO are pressure-driven membrane processes
most commonly employed in brackish water and seawater desalina-
tion. They have also been used for treatment of reclaimed water
from domestic wastewater in a variety of water reuse scenarios [1,2]
and for applications in the food and beverage industry [3–5]. FO is
an osmotically driven membrane process where the driving force for
mass transfer is the difference in chemical potential between a
concentrated draw solution and a lower salinity feed solution [6–14].
Therefore, FO membranes may be exposed to high ionic strengths on
both sides of the membrane, resulting in unique mass transport and
contaminant rejection phenomena [15–20]. FO is considered an
advanced pretreatment method for downstream pressure-driven
membrane processes and has been investigated for treatment of
complex feed streams, including anaerobic digester centrate and
activated sludge [21–26], landfill leachate [27], hypersaline streams
in the mineral recovery industry [28], and exploration and produc-
tion wastewaters in the oil and gas industry [6,12,29,30].
The fouling propensity of RO, NF, and FO membranes and mass
transport through them are largely dependent on the feed stream
characteristics and the complex interactions occurring near the
membrane surface. Operating conditions impact the transport
mechanisms by which feed stream contaminants (solutes, colloids,
and particles) approach the membrane surface and the physico-
chemical characteristics of the membrane polymer and contami-
nants govern the interfacial attraction and adhesion forces at the
membrane surface. Interfacial attraction and adhesion forces are
commonly expressed as the sum of electrostatic, acid–base, van
der Waals, and hydrophobic forces between the membrane poly-
mer and feed stream contaminants [31]. Surface charge and
hydrophobicity are of particular significance in the development
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of interfacial force models such as the extended Derjaguin–
Landau–Verwey–Overbeek (XDLVO) model, which has been used
to explain and predict membrane–foulant interactions [31–36].
Electrostatic and hydrophobic interactions are also dominant
mechanisms affecting the rejection and transport phenomena of
charged and uncharged solutes, respectively, in semipermeable
membrane processes [37–45].
Semipermeable membranes acquire surface charge when in
contact with aqueous solutions. This surface charge impacts the
spatial distribution and concentration of dissolved solutes at the
membrane–solution interface, resulting in the formation of an
electric double layer (EDL) [46–48]. Surface charge cannot be
measured directly; instead, the zeta potential (ζ), or the electrical
potential at the plane of shear between the stationary and mobile
parts of the EDL (the slipping or shear plane) can be determined.
The zeta potential of flat membrane surfaces is calculated from
streaming potential, which is most commonly measured using an
electrokinetic analyzer [49]. The acidity and degree of ionization of
the membrane surface, and the pH and ionic strength of the
electrolyte solution influence streaming potential.
Electrokinetic analyzers can measure streaming potential at all
pH values relevant to membrane treatment applications; however,
determination of streaming potential, and thus the calculation of
zeta potential, has been limited to relatively low ionic strength
solutions (o0.1 M) [50–52]. The ionic strength at which streaming
potential can be reliably measured by commercial electrokinetic
analyzers is limited by the sensitivity of their potential measure-
ment devices (200–500 mV). When the ionic strength exceeds a
certain value, the streaming potential signal assumes values below
the acceptable threshold for electrode polarization. The ability to
experimentally evaluate the impacts of ionic strength on mem-
brane diffuse layer compression and electrostatic charge shielding
using existing electrokinetic analyzers is thus limited to salinities
below those of most desalination feed streams and brines.
The Gouy–Chapman–Stern theory and recent modifications
have described electrostatic shielding of charged surfaces at
increasing ionic strength [53]. These theories predict that coun-
ter-ions, most commonly modeled as point charges, aggregate in
the Stern layer adjacent to the membrane surface. The concentra-
tion of counter-ions in the Stern layer increases with ionic strength
until the charged surface is neutralized and the diffuse layer
collapses [54]. The ability to estimate membrane zeta potential
at increasing ionic strength with these models is limited because
ions are hydrated and will exhibit a considerable spatial extension.
Therefore, it is likely that the concentration of counter-ions within
the Stern layer is limited and complete charge neutralization will
not occur. Consequently, XDLVO theory (and similar) assessments
of membrane–contaminant interactions using current zeta poten-
tial assessment techniques or predictions from the Gouy–Chap-
man–Stern theory (and similar) may not accurately predict the
contribution of electrostatic forces to the sum of interfacial
interactions near the membrane surface in current and emerging
treatment applications.
The main objective of this study was to develop a comprehensive
understanding of electrostatic charge shielding and compression of
the diffuse layer as described by the EDL model (and similar).
Specifically, the impact of high ionic strength on membrane zeta
potential was investigated using a combination of streaming poten-
tial measurements and theoretical modeling. A series of streaming
potential experiments were conducted on three polymeric mem-
branes at increasing ionic strength (1:1 electrolyte) using an
electrokinetic analyzer. Using the Debye–Hückel and Helmholtz–
Smoluchowski models, zeta potential results from measurements
with electrolyte ionic strength less than 0.05 M were extrapolated to
environmentally relevant ionic strengths (0.05–1 M). The methodol-
ogies presented in this study provide a more holistic understanding
of the interfacial forces near the membrane surface in brackish and
saline environments. FO membranes were used in this study due to
surging interests in the treatment of hypersaline and complex feed
streams using FO; however, the methodology presented is also
applicable to other material–water interfaces beyond semiperme-
able polymeric membranes.
2. Materials and methods
2.1. Membranes
Three flat sheet FO membranes were investigated. An asymmetric
cellulose triacetate (CTA) membrane and a thin-film composite (TFC)
polyamide membrane (designated TFC1) were obtained from Hydra-
tion Technology Innovations (HTI) (Albany, OR). A second TFC poly-
amide membrane (designated TFC2) was obtained from Oasys Water
(Boston, MA).
All membranes were supplied hydrated and were stored in a
refrigerator at approximately 5 1C. Prior to all experiments, membrane
coupons were thoroughly rinsed and then stored in deionized water at
5 1C for 24 h. Rinsed coupons were dried in a desiccator at room
temperature for 24 h prior to characterization.
2.2. Solution chemistry
Deionized water (EMD MilliPore, Billerica, MA) and certified ACS-
grade potassium chloride (KCl) (Fisher Scientific, Fair Lawn, NJ) were
used for preparing the electrolyte solution. For streaming potential
measurements, five concentrations (0.001, 0.002, 0.01, 0.03, 0.05 M) of
KCl were used, all of which were well below the electrode polarization
threshold (0.1 M) of the electrokinetic analyzer used in this study. In
one additional set of experiments, lithium chloride (LiCl) and sodium
chloride (NaCl) (Fisher Scientific, Fair Lawn, NJ) electrolyte solutions
were used at the same molarities as KCl. The goal of employing two
additional monovalent solutes was to corroborate the effects of
counter-ion hydration radius on membrane charge shielding at high
ionic strength.
2.3. Measurement of membrane zeta potential
Streaming potential, which can be measured directly or calcu-
lated from streaming current and cell resistance measurements
using Ohm's law, was measured using a commercial electrokinetic
analyzer (SurPASS, Anton-Paar GmbH, Austria). Dried membrane
coupons were mounted on a SurPASS adjustable-gap cell that
accommodates small planar samples with a rectangular size of
20"10 mm2. The cell was mounted on the electrokinetic analyzer
and the hydraulic system and gap between the membranes were
flushed with deionized water for approximately 2 min. The system
was then drained and flushed twice with electrolyte solution to
ensure that all deionized water was removed. The electrolyte
solution was replaced and recirculated for at least 30 min. This
neutralized any localized charge on the Ag/AgCl electrodes and
minimized variability in streaming potential measurements [39].
All streaming potential measurements were performed at approxi-
mately 22 1C with an average gap height of 11672 μm. At least eight
streaming potential measurements (four flowing from left to right and
four from right to left) were recorded at each ionic strength and then
averaged to calculate the zeta potential. The pH of the electrolyte
solution was not varied during this study. For each membrane type,
the same coupon was used for all ionic strengths to minimize
experimental error due to changes in membrane physiochemical
properties and setup of the adjustable-gap cell. The range of standard
deviation observed for all membrane zeta potential measurements
was 0.1–1.1 mV. This range of standard deviation is well below that
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proposed in a recent study (75.0 mV) that investigated the propaga-
tion of uncertainty from zeta potential measurements for develop-
ment of an XDLVO model of membrane–colloid interactions [35].
2.4. Extrapolating streaming potential to high ionic strengths
At ionic strengths exceeding 0.1 M (for a 1:1 electrolyte, and
specific for the SurPASS electrokinetic analyzer), the acceptable
threshold for electrode polarization is exceeded and streaming
potential measurements begin to decay [51]. Because of this,
streaming potential measurements above 0.1 M are not valid. To
estimate the zeta potential of semipermeable polymeric mem-
branes at higher ionic strengths (40.1 M), the streaming potential
can be determined through extrapolation. To do this, the change in
measured streaming potential divided by the change in pressure
within the adjustable gap cell (the streaming potential coefficient,
dUstr/dp) can be plotted against the inverse square root of bulk
electrolyte conductivity (k#1/2) on a log–log scale and a linear
regression be performed. An example of this linear regression is
shown in Fig. 1 for the TFC2 membrane using KCl electrolyte
solution.
k#1/2 was chosen because the inverse square root of the ionic







where εr is the dielectric constant, ε0 is the permittivity of free
space, kB is the Boltzmann constant, T is the absolute temperature
in Kelvin, NA is the Avogadro number, e is the elementary charge,
and I is the ionic strength of the electrolyte. In the measurement
and extrapolation range of interest (0.05–1 M), the conductivity of
a 1:1 electrolyte was verified to increase linearly with ionic
strength using OLI Stream Analyzer electrolyte simulation soft-
ware (Cedar Knolls, NJ) (data not shown). Therefore, the substitu-
tion of ionic strength with bulk electrolyte conductivity is
acceptable. The Debye length is crucial when considering the
effects of ionic strength on zeta potential because it determines
the extension (or compression) of the diffuse layer and is a critical
parameter for describing the spatial distribution and concentra-
tion of counter-ions near the membrane surface. The calculation of
Debye length can also be used to determine if the hydration radius
of the counter-ions impacts the degree of electrostatic charge
shielding at high ionic strengths. The dielectric constant of each
electrolyte solution at increasing ionic strength was determined
from recent work by Levy et al. [55].
Bulk electrolyte conductivity was also chosen for the linear
regression because it was used to calculate zeta potential from









where η is the electrolyte viscosity [39]. This equation is appro-
priate for investigating electrolyte solutions with ionic strengths
greater than 0.001 M [39]. Below 0.001 M, the conductivity of the
bulk electrolyte solution must be corrected for the contribution of
the membrane–liquid interfacial conductance. The derivation of
the Helmholtz–Smoluchowski equation used to calculate the zeta
potential of semipermeable polymeric membranes has been pre-
sented in previous studies and will not be discussed in greater
detail [39,49].
3. Results and discussion
3.1. Effects of high salinity on membrane zeta potential
The zeta potential values for the TFC1, TFC2, and CTA mem-
branes using KCl electrolyte solutions are shown in Fig. 2 at an
average pH of 5.6. Zeta potential values calculated from measured
streaming potential data are shown for ionic strengths below
0.05 M KCl (filled symbols) and calculated from extrapolated
streaming potential data is shown for ionic strengths greater than
0.05 M KCl (empty symbols). The minimum coefficient of deter-
mination value (r2) observed during linear regression was 0.999
throughout the study.
Measured and extrapolated streaming potential values for zeta
potential calculation become less negative as ionic strength
increases until 0.2 M KCl; this phenomena is predicted by the
Gouy–Chapman–Stern theory. Although this theory is simplified
and based on ideal boundary conditions, it explains the suppres-
sion of electrokinetic phenomena due to the gradual compression
of the diffuse layer as ionic strength increases.
At ionic strengths greater than approximately 0.2 M KCl, changes
in zeta potential become diminishingly small. In fact, zeta potential
values extrapolated to 1 M KCl were only slightly less negative than
those observed near 0.2 M KCl. It can be seen that the zeta potential
remains essentially constant at some ionic strength greater than 0.7–
0.8 M KCl for all three membranes. In this range of ionic strengths
(0.7–0.8 M KCl), the Debye length (Eq. 1) is calculated to range from
3.5 Å to 3.2 Å, which is in close agreement with the hydration radius
of potassium (3.31 Å) [56–59]. The extent of diffuse layer compression
of each membrane is thus limited to the size of the hydrated counter-
ions [60,61] and it is unlikely that the zeta potential of polymeric
membranes will fall to 0 mV when electrostatically shielded with
indifferent monovalent counter-ions. These findings go against the
Gouy–Chapman–Stern theory and recent modifications because the
counter-ions aggregated in the Stern layer adjacent to the membrane
surface are commonly modeled as point charges when in fact they
are hydrated and exhibit a considerable spatial extension [53]. The
conclusions drawn from this extrapolation method are in agreement
with data obtained using a non-commercial (custom-built)
















Fig. 1. An example of the relationship between the negative value of the streaming
potential coefficient plotted as a function of the inverse square root of bulk
electrolyte conductivity ((S/m)#1/2) on a log–log scale. This linear relationship
can be used to estimate the streaming potential of semipermeable polymeric
membranes (dashed line), and thus their zeta-potential, in high salinity environ-
ments using the Helmholtz–Smoluchowski method.
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electrokinetic analyzer [60,61], electroacoustic measurements
[54,62,63], and yield stress measurements [64].
It is also shown in Fig. 2 that the impact of increasing ionic
strength on membrane zeta potential can vary depending on the
polymeric chemistry of the semipermeable membrane. While both
TFC membranes (Fig. 2a) exhibited a very negative zeta potential at
low ionic strength (0.001 M KCl), the zeta potential of TFC1 (#56mV)
is noticeably more negative than that of TFC2 (#43 mV). It is well
documented that the surface functional groups of polyamide TFC
membranes are ionizable and that the streaming potential values of
these membrane are dependent on the density of surface functional
groups and electrolyte pH [35,39,49,51,65]. Although the absolute
density of surface functional groups for TFC1 and TFC2 were not
quantified in this study, results in Fig. 2 show that the TFC1
membrane likely has a higher density of surface functional groups
than the TFC2 membrane at pH 5.6. At increasingly higher ionic
strengths, the polymeric surfaces of both membranes demonstrated a
comparable affinity for electrostatic charge shielding by hydrated
potassium counter-ions and a similar, terminal zeta potential value
(#14 mV). This preferential approach and electrostatic charge shield-
ing of polyamide TFC membranes by the hydrated potassium cation is
in agreement with the transport phenomena observed in a recent
bench-scale evaluation of the same FO membranes [16]. The rate of
bi-directional cation diffusion through the polyamide TFC membranes
drastically exceeded that of anions and increased with membrane
hydrophilicity. The similar affinity for electrostatic charge shielding
and terminal zeta potential value for TFC1 and TFC2, despite different
zeta potential values at low ionic strength, suggests that charge
shielding at increasing counter-ion concentrations might also depend
on other physiochemical properties of the membrane surface.
Ongoing research is focusing on the influence of membrane hydro-
philicity and surface morphology on electrostatic charge shielding by
hydrated counter-ions and the resulting impacts on the terminal zeta
potential value.
Unlike the TFC membranes, the CTA membrane is not ionizable
and its negative zeta potential (Fig. 2b) has been commonly
explained by the accumulation of hydroxide ions at the membrane
surface [66]; yet, there is still a dispute in the literature about the
origin of these hydroxide ions [67]. It is shown in Fig. 2 that
significantly less negative zeta potential values were calculated for
the CTA membrane than the TFC membranes. In general, CTA
membranes are cellulose-based with acetyl and hydroxyl func-
tional groups [49] that are non-ionogenic [46]. Therefore, it is
likely that charge shielding was largely attributed to the co-
adsorption of hydroxide and chloride ions in the Stern layer at
the membrane–liquid interface [49]. While the hydration radius
and number of hydrating water molecules are similar for chloride
(3.32 Å) and potassium (3.31 Å), the dissolution of chloride results
in a much smaller perturbation to the surrounding water structure
than does potassium [56]. When dissolved in water, single hydro-
gen atoms from nearby water molecules are pointed towards the
chloride ion, leaving the remaining hydrogen atoms and electron
pairs available for bonding to other water molecules or ions. For
potassium, the oxygen atoms from nearby water molecules are
oriented inwards towards the cation, which results in unstable
hydrogen bonding and a significant disruption to the nearby
network of water molecules [56]. Consequently, chloride might
preferentially aggregate in the CTA Stern layer at all ionic strengths
due to its greater spatial order and potassium would remain in the
diffuse layer where it could contribute to electrostatic charge
shielding. This theory is in agreement with the transport phenom-
ena observed in a recent publication, where anions preferentially
diffused through CTA [16]. Therefore, the electrostatic charge
neutralization of membranes exhibiting negligible surface ioniza-
tion, especially CTA membranes, may largely depend on the
hydrated structure and characteristics of the ions in solution (e.
g., perturbation of nearby water matrix) and be less dependent on
the hydrophilicity or surface morphology of the membrane.
It must be noted that a significant challenge in measuring zeta
potential for porous materials, such as polymeric membranes, is
the possible influence of the porous structure on the measured
streaming potential. Yaroshchuk and Ribitsch [68] first indicated
the effect of “channel wall” conductance on zeta potential when
calculated from streaming potential measurements. Almost ten
years later, Yaroshchuk and Luxbacher [69] further investigated
the effects of material porosity on streaming current measure-
ments and the zeta potential derived thereof. While the effect of
streaming current inside pores is significant or even dominant for
microfiltration and ultrafiltration membranes, the overestima-
tion of zeta potential or deterioration of reliable streaming current
results are not expected when investigating NF, RO, and FO
membranes due to the dense active layer that lacks surface pores.
Deon et al. [70] recently presented streaming current results,
which suggested an enormous influence of the porous support
layer of TFC NF membranes on the measured streaming potential.
However, the interpretation of their results may have been misled
by their experimental setup, which did not provide the conditions
required for a fully developed flow pattern inside the streaming
Fig. 2. Values of zeta potential calculated frommeasured and extrapolated streaming potential for (a) the TFC1, TFC2, and (b) CTA membrane as a function of electrolyte ionic
strength. All experiments were conducted in the presence of increasing concentrations of KCl electrolyte in deionized water (average pH of 5.6). Values above 0.05 M are
extrapolated from measured streaming potential. To better show the values of zeta potential calculated from measured streaming potential as a function of electrolyte ionic
strength, a graph with ionic strength presented on a log scale is shown in Fig. A in the Appendix.
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channel [71]. In the current study, comparison of the zeta potential
results for each membrane (CTA, TFC1, and TFC2) calculated from
streaming potential (Ustr) with streaming current (Istr) measure-
ments at ionic strengths ranging from 0.001 M to 0.05 M showed
no evidence for any contribution of the porous support layer. In
fact, the two sets of zeta potential data are almost the same, with
an average experimental error of 3.771.5% throughout the study
(e.g., ζ(Istr)¼–37.771.0 mV and ζ(Ustr)¼–35.770.2 mV at
0.002 M KCl for membrane TFC2) (Fig. B in the Appendix).
3.2. Effects of counter ion hydration radius on membrane zeta
potential
The effect of counter-ion hydration radius on membrane zeta
potential at high ionic strengths was validated in an additional set
of measurements and extrapolations (Fig. 3). By comparing the
effect of increasing ionic strength of KCl, NaCl, and LiCl on the TFC2
membrane zeta potential, it is clearly shown that electrostatic
charge shielding by the hydrated counter-ion decreases propor-
tionally with decreasing electrolyte conductivity (K4Na4Li).
Additionally, as the hydration radius of the counter-ion increased
(Li4Na4K), the terminal zeta potential value became more
negative and the ionic strength at which no further change in
zeta potential occurred decreased. In other words, the terminal
zeta potential value observed for potassium, sodium, and lithium
counter-ions was -14 mV, #18 mV, and #22 mV, respectively. For
KCl the ionic strength at which no further changes in zeta
potential were observed was between 0.7 M and 0.8 M KCl,
corresponding to a Debye length between 3.5 Å and 3.2 Å. For
NaCl the ionic strength at which no further changes in zeta
potential were observed was between 0.6 M and 0.7 M NaCl,
corresponding to a Debye length between 3.7 Å and 3.4 Å. For LiCl
the ionic strength at which no further changes in zeta potential
were observed was between 0.5 M and 0.6 M LiCl, corresponding
to a Debye length between 4.1 Å and 3.7 Å. These values are in
close agreement with the hydration radii of the potassium
(3.31 Å), sodium (3.58 Å), and lithium (3.82 Å) counter-ions, which
clearly demonstrates that the extent of diffuse layer compression
of each membrane is limited to the size of the hydrated counter-
ion. These findings are in close agreement with Vinogradov et al.
[60], who experimentally investigated streaming potential coeffi-
cients in sandstones saturated with KCl and NaCl brines. These
results also validate our conclusion that the zeta potential
of semipermeable polymeric membranes are unlikely to fall to
0 mV when electrostatically shielded with a variety of indifferent
monovalent counter-ions.
The effect of cation hydration radius on the zeta potential of the
TFC2 membrane correlates well with recent membrane perfor-
mance tests conducted on the same membrane [16]. Fig. 4a shows
the rejection of a variety of cations and anions (MgSO4, LiBr, and
KNO3) by the TFC2 membrane when operated in FO mode (active
layer facing the feed solution); the feed solution contained 20 mM
of each of the three salts. When using NaCl draw solution (1 M),
the reverse diffusion [15,17,72] of sodium ions across the mem-
brane into the feed solution (Fig. 4b) exceeded that of the chloride
ions by nearly 50%; this phenomena was attributed to the
preferential approach of cations towards the negatively charged
polyamide active layer. To maintain solution electroneutrality, the
rejection of cations in the feed solution was significantly less than
that of anions (Fig. 4a). This data also shows that the order of
rejection of feed stream cations correlated well with monovalent
cation hydration radius (Li4K). It should be noted that rejection of
magnesium cations was highest, which exhibit greater hydration
radii than lithium and potassium; however, polyvalent ions can
interact specifically with the membrane surface (i.e., adsorption to
the membrane surface) [39]. Therefore, the influence of hydration
radius on the rejection of polyvalent ions and on charge shielding
is not clear and is currently under investigation. Similar conclu-
sions were drawn for an additional TFC membrane tested in that
study. This correlation between monovalent hydration radius and
ion rejection is in close agreement with the effect of cation
hydration radius on membrane zeta potential and the finite
compression of the diffuse layer shown in Fig. 3. It is evident that,
even in feed streams containing numerous counter-ions, the
preferential approach of counter-ions towards the membrane
surface and their subsequent diffusion through the membrane
active layer strongly correlates with the size of the hydrated radius
of the solute.
3.3. Conclusions
Ionic strength has considerable impacts on membrane zeta poten-
tial. Electrostatic charge shielding and compression of the diffuse layer
due to increasing ionic strength reduces the negative zeta potential of
semipermeable polymeric membranes, thus diminishing the contribu-
tion of electrostatic forces to the sum of interfacial interactions at the
membrane-liquid interface. The membrane zeta potential is larger in
magnitude when measured in dilute electrolyte solutions, thus over-
predicting the effect of electrostatic forces and providing unrealistic
information when comparing the electrostatic forces of different
polymeric membranes at environmentally relevant ionic strengths.
These results also jeopardize the commonly accepted assumption that
the overall membrane surface charge is neutralized or reversed at high
ionic strengths.
Accurately estimating membrane zeta potential is critical when
interpreting membrane fouling propensity and the transport phe-
nomena of charged contaminants in the presence of brackish and
saline feed streams. In semipermeable membrane processes, results
from this study are especially important for understanding the
electrostatic interactions at the feed solution–membrane interface.
In FO specifically, these results may help to explain preferential bi-
directional solute flux of anions and cations across current and
emerging membranes and guide the selection of draw solutions to
help mitigate the effects of reverse solute flux on cake enhanced
concentration polarization [15,17,73]. Zeta potential values calculated















































Fig. 3. Values of zeta potential calculated from measured and extrapolated
streaming potential for the TFC2 membrane as a function of electrolyte ionic
strength. Measurements were conducted in the presence of increasing concentra-
tions of KCl, NaCl, and LiCl solutions in deionized water (average pH 5.6). Values
above 0.05 M are calculated from extrapolated streaming potential measurements.
To better show the values of zeta potential calculated from measured streaming
potential as a function of electrolyte ionic strength, a graph with ionic strength
presented on a log scale is shown in Fig. C in the Appendix.
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realistic estimations of membrane zeta potential and a method for
comparing electrostatic properties of different polymer chemistries
beyond the experimental limitations of electrokinetic analyzers.
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